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1. Overall Design Basis, Crit ria and Considerations

In general, the design bases, criteria and considerations for the improved baseline case
are similar to the baseline case. Also, the plant numbering methodology and the number
of plants are the same as they are for the baseline design case.
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2. Overall Plant Configuration

The overall plant configuration for the improved baseline is the same as the baseline case.
The configuration of the entire liquefaction complex is shown in Figure 2.1. The overall
configuration shows the interconnection of the primary process plants. Besides these
plants, there are a number of additional Outside Battery Limit (OSBL) plants which are not
shown in this figure. The complete list of these ISBL and OSBL plants is given in Table
2.1 and 2.2.
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Table 2.1

ISBL PLANTS

13L Plant No. ISBL PLANTS

1 Coal Cleaning and Preparation (Jigging)

2 Two Stage Coal Liquefaction

3 Gas Plant

4 Naphtha Hydrotreater

5 Gas Oil Hydrotreater

6 Hydrogen Purification

7 OPEN

8 Critical Solvent Deashing Unit

9 Hydrogen Production By Coal
Gasification

9-01 Hydrogen Production Option (Hydrogen Production By
Natural Gas Reforming)

10 Air Separation

11 By-Product Sulfur Recovery Unit
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Table 2.2

OSBL PLANTS

kSBL Plant No. OSBL Plants

19 Relief and Blowdown

20 Tankage

21 Interconnecting Piping Systems

22 Product Shipping

23 Tank Car/Tank Truck Loading

24 Coal Refuse and Ash Disposal

25 Catalyst and Chemical Handling

26-29 OPEN

30 Electrical Distribution System

31 Steam and Power Generation (Co-generation)

31-01 Fluidized Bed Combustor/Steam Turbine Generator

32 Raw, Cooling and Potable Water Systems

33 Fire Protection Systems

34 Waste Water Treatment Systems

35 Instrument & Plant Air Systems

36 Purge and Flush Oil System

37 Solid Waste Management

38 Ammonia Recovery

39 Phenol Recovery

40 General Site Systems

41 Buildings

42 Telecommunications Systems

2-4
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3. Overall Material and Utility Balances

This section is divided into the following two subsections:

3.1 Material Balance
3.2 Utility Balance

3.1 Overall Material Balance

The overall material balance for the improved baseline coal liquefaction complex is shown
in Figure 3.1. The flow rates are in Mlb/hr and on dry basis unless otherwise noted.
Exceptions are plants 34, 38 and 39 where the material balances for these plants are
shown on a wet basis. To keep the figure simple, minor streams such as steam, sour
water and make-up amine are not shown.

3.2 Overall Utility Balance

The overall utility balance for the improved baseline coal liquefaction complex is shown
in Table 3.1. Because the utility consumptions for plants 23, 24 and 25 are small and
intermittent, they are not included in this table.

3-1
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4. Ov rail Flow Distributions

In this section the overall hydrogen flow distribution and overall water flow distribution are
separately presented for the improved baseline. Subsection 4.1 addresses the overall
hydrogen flow distribution and 4.2 summarizes the overall water flow distribution.

4.1 Overall Hydrogen Flow Distribution

The overall hydrogen flow distribution for the entire complex is shown in Figure 4.1. This
figure schematically shows the input and output flow rates in MMSCFD for several key
process, plants. As shown in this figure, hydrogen being produced in Plant 9 (Hydrogen
Production Plant) gets distributed to Plant 2 (Coal Liquefaction Plant, the heart of the
liquefaction complex) and two hydrotreaters, viz, Plant 4 (Naphtha hydrotreater) and Plant
5 (Gas Oil Hydrotreater). The output streams from these plants, goes through the
hydrogen purification plant (Plant 6) and through the gas plant (Plant 3).

4.2 Overall Water Flow Distribution

The overall water flow distribution for the entire liquefaction complex is shown in Figure
4.2. This figure schematically describes the sequence and quantity of water flow through
the various plants of the entire liquefaction complex. The flow rates through these plants
are expressed in gallons per minute.

4-1
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5. Plant 2 (Coal Liqu faction)

The key design basis assumptions were developed jointly by DOE/PETC, Amoco,
Bechtel, and Burns & Roe.

5.1 Design Basis Criteria and Considerations

Coal Fee

The coal to be fed to the coal liquefaction plant is washed and dried Illinois No. 6 coal
Burning Star Mine) from Plant 1, the Coal Preparation Plant. Analysis of the basis coal

is presented in Table 5.1.

Proces

The process used will be close-coupled, catalytic-catalytic, two-stage coal liquefaction (H-
COAL by HRI) with ashy recycle, recycle of extract from the critical solvent deashing
plant, and recycle of 8500F+ to extinction.

Key Design Constraints

The primary goals for the improved baseline liquefaction reactor design are:

(1) to maximize total coal throughput using the same size ebullated-bed coal
liquefaction reactors (15 ft. id and 85 ft. high) that were used in the original
baseline design, and

(2) to minimize the number of operating trains (5 in the original design).

The key design constraints for the liquefaction reactors were:

Weight of each reactor: less than 1300 short tons

Gas velocity in each reactor: less than 0.2 ft/sec

H2 partial pressure at the second reactor outlet: about 1940 psia

The reactor outlet temperatures should be less than 830OF to avoid catalyst
sintering. The first reactor should have a reasonably high hydrogen
consumption (about 3.7 wt/o MAF coal) and should be operated at a higher
temperature than the second reactor. For the improved baseline design,
the first reactor is operated at 810OF versus 760OF for the second reactor.
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Table 5.1

Analysis of Feed Coal to Liquefaction
Illinois No. 6 (Burning Star Mine)

Proximate Analysis (wt. %, Dry Basis)

Volatile Matter 42.2
Fixed Carbon 46.3
Ash 11.5

Ultimate Analysis (wt. %, Dry Basis)

Carbon 71.0
Hydrogen 4.8
Sulfur 3.2
Nitrogen 1.4
Ash 11.5
Chlorine 0.1
Oxygen (by difference) 8.0

Sulfur Forms (wt. %, Dry Basis)

Pyrite 1.0
Sulfitic 0.1
Organic 1.9

Ash Composition (wt. % oxidized)

Phosphorus pentoxide, P205 0.2
Silica, Si02 49.8
Ferric Oxide, Fe203 17.6
Alumina, A1203 19.2
Titania, Ti02 1.0

Lime, CaO 6.3
Magnesia, MgO 1.0
Sulfur Trioxide, S03 2.9
Potassium Oxide, K20 2.0
Sodium Oxide, Na2O 0.5
Undetermined -0.5
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The above maximum reactor temperature and minimum hydrogen consumption limits
affect the- heat liberation rate and the total bed exotherm; which in turn, controls the
maximum coal flow rate.

Overall Yields

The conditions of the coal liquefaction reactor for Wilsonville Run 257-J, the improved
baseline design case, and the original baseline design case are compared in Table 5.2.
For the improved baseline case, the overall coal conversion was assumed to be 92.9 Wt*/o
MAF at a coal space velocity (SV) slightly lower than that used in Wilsonville Run 257-J.
This lower value reflects (a) resid extinction (0.0 wt/o MAF resid yield for the improved
baseline case vs. 1.2 wtO/o MAF for Run 257-J), and (b) a lower organics loss in the
ROSE-SR unit for the improved baseline case (15.7 wt/o MAF vs. 18.5 wtO/o MAF for Run
257-J). This improved ROSE-SR unit performance is justified since Wilsonville ROSE-SR
unit performance typically improved with days of operation for a given run, and during
Runs 261 -F and 261 -G, the ROSE-SR organics losses were about 15.6 wt% MAF. The
total solvent/MAF coal ratio was assumed to be 2.26 lbs/lb (compared to 2.46 lbs/lb
used for the original baseline design) with the same solvent composition as that of the
original baseline design.

Table 5.2
Key Operating Conditions for Coal Liquefaction Reactor

257-J Improved Baseline
Baseline

Coal SV, lb MAF/hr/lb Cat 2.17 1.95 1.12

Temp., OF
Reactor 1 809 810 790
Reactor 11 760 760 760

Catalyst addition, 3/1.5 3/1.5 3/1.5
lbs/ton MF coal each stage

Solvent MAF Coal 2.25 2.26 2.46

Resid in Solvent, wtO/o 50 50 50

The overall liquefaction product yields are compared in Table 5.3. The hydrogen
consumption for the improved baseline design was increased to 6.3 wto/o MAF (compared
to 6.0 wtO/o MAF in 257-J) to account for the higher C4+ liquids production. The water
yield was based on Wilsonville Runs 261-B (8.3 wt/o MAF) and 261-D (9.7 wtO/o MAF).
The above H2 consumption and water yield were verified by an overall elemental balance
(Table 5.4) for the improved baseline design case.
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Table 5.3
Overall Liquefaction Product Yields

Yil t,%A~ MAP 2574J Improved Baseline
YieldsBaseline

H2S + H20 + COx + NH3 15.1 13.9 14.0

IC1 - 03 5.4 5.5 4.8

(04 - 350)0F 14.5 15.8 16.9I(350 - 450)-F 7.1 7.3 7.5
(450 - 850)0F 44.2 48.1 46.8

C. 4 + liquids 65.8 71.2 71.2

Resid 1.2 0.0 0.0

UOrganics in ash-conc. 18.5 15.7* 16.3

HL±2_ (6.0) (6.3) (6.2)

*Run 261-F/G: 15.6%
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Table 5.4
Primary Liquefaction Yield & Elemental Balance Data

Improved Baseline Design Case

Mass Balances, Carbon Hydrogen Nitrogen Oxygen Sulfur Ash Total
Lbs/Lb MAF Coal

Input
H2 0.00 6.30 0.00 0.00 0.00 0.00 6.30
MAF Coal 80.25 5.42 1.62 9.09 3.62 0.00 100.00
Ash 0.00 0.00 0.00 0.00 0.00 12.96 12.96.

TOTAL 80.25 11.72 1.62 9.09 3.62 12.96 119.26

output
H20 0.00 1.04 0.00 8.22 0.00 0.00 9.26
1-12S 0.00 0.17 0.00 0.00 2.78 0.00 2.95
NI-13 0.00 0.25 1.14 0.00 0.00 0.00 1.39
C02 0.05 0.00 0.00 0.15 0.00 0.00 0.20
Co 0.04 0.00 0.00 0.06 0.00 0.00 0.10
CH4 1.50 0.50 0.00 0.00 0.00 0.00 2.00
C2 1.40 0.35 0.00 0.00 0.00 0.00 1.75
C3 1.43 0.32 0.00 0.00 0.00 0.00 1.75
C4 0.83 0.17 0.00 0.00 0.00 0.00 1.00
C5 0.17 0.03 0.00 0.00 0.00 0.00 0.20
C6 - 351T F 12.44 2.07 0.00 0.07 0.01 0.00 14.60
350 - 45(f F 6.36 0.89 0.02 0.04 0.00 0.00 7.30
450 - 650'F 30.17 3.78 0.12 0.17 0.01 0.00 34.25
650 - 85(f F 12.32 1.39 0.05 0.09 0.00 0.00 13.85
ASH-CONC. 13.54 0.75 0.28 0.29 0.83 12.96 28.66

TOTAL 1 80.251 11.721 1.621 9.091 3.621 12.96 119.26

Stage I Yields

The Stage I yields, as shown in Table 5.5, were estimated as a fraction of the overall
yields. Those for the improved baseline design were based primarily on Wilsonville Runs
261 -13 and 261 -D, since in Run 257-J, the Stage I yields were not measured because the
interstage separator which recovers the Stage I products was not used. Thus, for Run
257-J, the resid yield (27.0 wtO/o MAF) and hydrogen consumption (3.7 wt% MAF) were
assumed to be similar to those of the original baseline design.
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Table 5.5

Stage I Yields: Original Baseline
And- improved Baseline Designs

Yield, Wt*/ Improved Original
MAF Coal Baseline Baseline

Co 0.04 0.04
C02 0.13 0.09
NH3 0.98 0.95
H20 6.71 7.10
H2S 2.10 2.00
C1 0.83 0.91
C2 1.19 0.74
C3 1.37 0.85
C4 0.47 0.40
C5-350OF 4.14 8.00
350-450OF 1.67 4.90
450-650OF 6.21 7.00
650-850OF 2.51 15.20
850-1000OF 40.92 18.52
Resid 27.00 26.80
UC 7.46 1 . 0
H2 (Consumed) (3.73)1 (3.70)

Product Qualfty LAPI Gravity

The API gravity of the various product fractions are shown in Table 5.6.

Table 5.6
API Gravity of Various Fractions

Fractions AN Gravity*

113P - 350OF 50.8
305 - 450OF 29.7
450 - 750OF 19.0
750 - 850OF 9.
850 - 1 OOOOF 1.0
1000+ OF -10.5

The data (except for 1 OW OF) are based on the average values of API gravities from
Wilsonville pilot plant runs 261 B and 261 D.
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Gas Flows

The key recycle gas (i.e., the untreated internal recycle streams, as well as the treated
purified hydrogen recycle stream shown in Figure 5.1) rates and compositions are given
in Table 5.7. These rates were estimated (1) to correspond to the desired second reactor
outlet hydrogen partial pressure (about 1940 psia), and (2) to maintain required C1-C3
gas purge rate.

Table 5.7
Recycle Gas Flow Rates for the

Improved Baseline Design

Treated Untreated Untreated
Flow Rate, Recycle Gas Recycle Gas Recycle Gas
lbs/hr/train to Stage I to Stage I to Stage il

N2 69.0 357.0 1433.0
H2 4037.0 4000.0 16048.0
H20 13.0 32.7 131.3
H2S 0.0 734.4 2947.0
NH3 0.0 1.6 6.4
CO 75.0 390.5 1567.0
C02 0.0 38.9 156.1
CH4 1366.0 6077.0 24381.0
C2H6 619.0 3172.0 12728.0
C3H8 379.0 1940.0 7784.0
C4H1O 131.0 667.0 2678.0

5H12 
212.01 

1102.0 
44 .0-1Total 6901-01 18514.0 74278.0

Key Design Parameters

The coal liquefaction kinetic model and the ebullated-bed fluid dynamics correlations
(developed for the baseline design) were used to estimate the maximum coal feed rate
per reactor train subject to the design constraints, product yields and catalyst addition
rate for each reactor. Some modifications to the original USR2G Fortran kinetic model
(described in Section 12 of the Topical Report for Task V) were required to account for
the differences in product yields between the original baseline and the improved baseline
design cases.
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As shown in Table 5.8, the space velocity assumed for the improved baseline design
allowed- the use of four operating trains (compared- to five for the original baseline) with
a 9 percent increase in overall coal throughput over the original baseline design. For the
high temperature first stage, the outlet temperature was estimated to be about 827 F
compared to the assumed design constraint of 8300F. Each ebullated-bed reactor has
the same 15 ft internal diameter as the original baseline design, but a lower catalyst
loading. For the improved baseline design, the settled catalyst bed height is about 34 ft
compared to about 44 ft in the original baseline design. The ebullated-bed pump recycle
rate was estimated to give a bed expansion to about 77 ft. The total gas/liquid velocities
in each reactor and the hydrogen partial pressure at the second stage outlet also are
within the design limits.

Table 5.8
Comparative Design Data: Improved Baseline vs. Baseline Designs

Design Cases Improved Baseline Baseline

Number of Operating Trains 4 5

Coal feed rate/train, Mlb MAF/hr 343.8 252.3

Reactor (ab) 1 st 2nd 1 st 2nd
stage Stage Stage Stage

Velocity, fps
Gas 0.14 0.19 0.11 0.21
Liquid 0.12 0.11 0.10 0.08

Bed Height, ft.
Settled 34 34 44 44
Expanded 77 77 77 77

Recycle/Fresh Feed ratio 5.6 3.1 6.0 3.3

Reactor Average Temp, OF 810 760 790 760

Bed Exotherm, OF 34 30 30 27

eactor Outlet Temp, OF 827 775 805 774

H2 partial pressure, psia 1 2232 1 1934 2243 1 2061 j

(a) Catalyst: average diameter, 0.083 inches; length, 0.24 inches
(b) Reactor ID (excluding refractory), ft: 15

Refractory thickness, in.: 6
Total height, ft.: 85
Weight, Short tons: 1265
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The reactors incorporate the principle of the ebullated-bed operation. The entire mass
in the reactor is kept in a- fluidized ebullated state by recirculating coal-oil- slurry from the
top of the reactor through the Ebullating Pumps (G108 and G109) back to the bottom of
the reactor. The ebullated bed ensures the reactor's near isothermal operation under the
extreme exothermic reactions involved. Since the coal particles are much finer than the
extrudate catalyst, a separation can be made between these solids such that the coal and
ash particles are entrained with the liquid-gaseous reactor effluent products, while the
catalyst remains behind in suspension in the reactor.

Primary Segaration

As shown on Figure 5.3, the effluent from the top of the Second Stage Reactor is sent
directly to the Hot High Pressure Separator (C107) at 760OF and 3000 psig. The
overhead vapor, after being separated from the slurry, is cooled to 550OF in exchange
with recycle and makeup hydrogen in exchanger E107 and enters the Warm High
Pressure Separator (Cl 10). The temperature of the separator is set high enough to
prevent precipitation of ammonium salts. The overhead of the warm separator is cooled
to 130OF in exchange with recycle and makeup hydrogen in exchanger E 106 and in air-fin
exchanger E109 before entering the Cold High Pressure Separator (Cl 13). Wash water
is injected ahead of the air-fin cooler for control of ammonium salt deposition as the vapor
is cooled. The vapor from that separator is compressed in the Recycle Hydrogen
Compressor (K101) and returned to the reactors as recycle hydrogen. A portion of the
stream is purged from the system to the Hydrogen Purification Unit (Plant 6) to prevent
the build-up of methane and other non-condensables in the system. The water phase is
withdrawn to the Sour Water Flash Drum (Cl 16) and eventually to Plant 38 for recovery
of anhydrous ammonia.

The liquid from the Hot High Pressure Separator is flashed to 100 psig in the Hot Low
Pressure Separator (C108). The vapor from the Hot Low Pressure Separator is cooled
from 750OF to 450OF in exchange with the Warm Low Pressure Separator liquid (E104)
and in an exchanger producing 150 psig steam (E105). The mixed vapor-liquid stream
then enters the Warm Low Pressure Separator (Cl 11) along with the liquid from the Warm
High Pressure Separator. The temperature of the separator is set high enough to prevent
precipitation of ammonium salts. The vapor from the Warm Low Pressure Separator is
cooled to 130OF in an air-fin cooler (Ell 0) and enters the Cold Low Pressure Separator
(Cl 14) along with the liquid from the Cold High Pressure Separator. Wash water is
injected ahead of the air-fin cooler for control of ammonium salt deposition. The vapor
from this separator is sent to the Hydrogen Purification Plant, the liquid is sent to the
Product Distillation Feed Flash Drum (Cl 17), and the water phase is sent to the Sour
Water Flash Drum (Cl 16). The liquid from the Warm Low Pressure Separator is heated
by the feed to that vessel in exchanger E104 and sent to the Product Distillation Feed
Flash Drum. The liquid from the Hot Low Pressure Separator is further flashed to 20 psig
in the Recycle Slurry Hold Drum (C109). The vapor is cooled in air-fin exchanger E108
and sent to the Recycle Slurry Hold Drum Overhead Accumulator. The vapor from this
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drum is sent to Plant 6, the liquid is sent to the Product Distillation Surge Drum, and the
water phase is sent to the Sour Water Flash Drum. Some of the liquid from the Recycle
Slurry Hold Drum is returned via pump G1 10 as recycle solvent to the coal slurry tank
with the remainder being sent to the Product Distillation Surge Drum.

Product Fractionation

As shown in Figure 5.4, the liquid products from the three low pressure separators in the
coal liquefaction plant are sent to the Product Distillation Feed Flash Drum (C126) from
where the combined stream is pumped through the Atmospheric Feed Heater (F103) to
the Atmospheric Distillation Tower (C118). Vapors from the surge drum are vented
directly to the atmospheric tower. Two products are taken from the Atmospheric Tower
Overhead Accumulator (C120): a naphtha product (IBP - 3500F) which is sent as feed
to the Naphtha Hydrotreater via Plant 3, where it is used as lean oil; and a sour water
stream which is sent to the Wash Water Surge Drum (C115) on the Coal Liquefaction
Plant. An overhead vapor stream from the overhead accumulator is compressed by
Compressor (K102) and sent to Plant 6. A sidestream product (350"F+) is withdrawn
from a sidestrearn stripper (Cl 19) and sent as feed to the Gas Oil Hydrotreater via cold
(11 OOF) intermediate tankage. The bottoms stream off the atmospheric tower is pumped
to two dispositions: as recycle solvent back to the Coal Slurry Tank with the remainder
being sent to the Vacuum Feed Heater (F104) ahead of the Vacuum Distillation
Tower(C122). Three products are taken overhead from the vacuum tower: a light gas
oil product (450"F+) which is sent to the Gas Oil Hydrotreater via the same intermediate
tankage as the atmospheric sidestrearn product; an overhead vapor stream which is
compressed and sent to Plant 6; and a sour water stream which is sent to the wash water
surge drum on the Coal Liquefaction Plant. An upper sidestrearn product (Z5500F -
8500F) is withdrawn and sent to the Gas Oil Hydrotreater via hot (4000F) intermediate
tankage. A lower sidestrearn product (850OF - 10000F) is withdrawn from a sidestrearn
stripper (C123) and returned as recycle solvent to the Coal Slurry Tank. The vacuum
tower bottoms stream is sent to the solids-liquids separation unit, Plant 8.
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5.3 Material Balanc

Plant 2 consists of 4 operating trains. The material balance per train is shown in Table
5.9. The overall material balance per train for the Plant 2 is schematically shown in Figure
5.5.
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Table 5.9
Improved Baseline Case

Plant 2
Material Balance (Per Train)

PLANTINPUT

MAKEUP RECYCLE WASH ROSE Rxn CRACKED TOTAL
COAL H2 H2 FR #6 WATER STEAM EXTRACT Delta GAS INLET

COMPONENTS #,rh r #/hr #/hr #/hr #/hr #/hr #1hr #/hr #/hr

N 2 308 69 Y77

H2 22012 4037 -21652 4390

H20 7926 13 225127 96165 31838 361067

H2S 10142 10142

NH3 4779 4779

co 75 344 419

C02 688 698
cl 1366 6878 8242

C2 619 6016 375 7010

C 3 379 6017 183 6579

C4 131 3438 242 3811
C5-350 212 50882 51094

350-450 24961 24961

450-650 117115 117115

ew-850 332 47358 47690

850-1000 
514 2269 -459 2714

1000+ 124486 24203 -731 147958

PHENOLS 1031 1031

MEA 0

UNCONVERTED COA 343800 -316296 27504
ASH 44556 44558

TOTAL 396282 22320 6901 225127 96165 125332 0 0 872127

PLANT OUTPUT

PURGE PURGE ROSE SOUR TOTAL

H2 GASES NAPHTHA GAS OIL FEED WATER OUTLET
COMPONENTS #/hr W/hr #/hr #/hr #/hr #/hr #/hr

N2 230 148 378

H2 2571 1817 2 4390

H20 21 2114 22 87 358822 361066

H2S 472 1664 32 7974 10142

NH3 1 67 8 4703 4779

CO 251 168 419

C02 25 67 596 688

C1 3906 4325 2 9 8242

C2 2039 4940 25 6 7010

C3 1247 5162 169 1 6579

C4 429 3021 361 3811
C5-350 699 10316 38553 1526 51094

350-450 7 126 466 24372 24961

450-650 2 187 116926 117115

650-850 2 47356 332 47690

M-1000 229 2485 2714

1000+ 147958 147958

PHENOLS 1031 1031

MEA 0
UNCONVERTED COAL 27504 27504
ASH 44556 44556

TOTAL 11900 34124 39628 190496 222835 373144 872127
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5.4 Utility Summary

The utility summary for the coal liquefaction plant (Plant 2) is presented in Table 5.10.

Table 5.10

PLANT 2 UTILITY SUMMARY (per train)

Steam, lb/hr
600 psig -39,110
150 psig -24,551
50 psig 44,091

Dernineralized Water 232
gpm

Cooling Water, gpm 2,206

Water, gpm 450

Fuel Gas, MMSCFD 7

Electricity, Kw 14,791

Nitrogen, MMSCFD 0.3

Note: Negative values represent utility production.
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5.5 Water Summary

The water summary for the coal liquefaction plant (Plant 2) is included in Table 5.11. The
summary table is for one train of the four train plant.

Table 5.11

Water Summary (per train), Plant 2

Water Inlet lbjhr

Coal feed 7,926
Produced in Reactors 31,836
Wash Water 299,651
Steam 96,165
Recycle H2 from Plant 6 13

TOTAL 435,591

Water Outlet

Sour Water to NI-1313ecovery 358,822
Recycled to Wash Water 74,524
Hydrogen Purge 21
Low Pressure Gases to Plant 3 2,114
Products to Plants 4 and 5 109

TOTAL 435,590

Wash Water SummM

Requirements 299,651
Separator Water Recycled 74,52

Makeup Wash Water 225,127
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5.6 Catalyst and Chemical Summary

Catalyst and chemicals required for Plant 2 are shown below:

Catalyst or Chemical EXP-AO-60 1/12", Extrudate

Quantity required for start up 1,802,400 lb.

Consumption 83,885 lbs/day

5.7 Operating Manpower Requirements

The operating manpower requirements for this plant is 32 operators. For full manpower
requirements of this plant as well as the entire complex, refer to Section 15 of this report.

5.8 Major Equipment Summary

The major equipment for Plant 2 of the improved baseline are summarized in Table 5.12.
As mentioned earlier, the plant is comprised of four operating trains. The equipment
summary, however, is for a single train.
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5.9 Capital Cost Breakdowns

Total field costs and field costs breakdowns for Plant 2 are given below in Table 5.13.
Note that field costs do not include home office costs and contingency. The estimated
field costs for the whole complex are summarized in Section 9. Moreover, the field costs
are for the Nth plant scenario (no spare train).

Table 5.13

Field Costs and Breakdowns for
Plant 2 (Coal Liquefaction)

2nd Quarter, 1991

Field Costs Costs ($1,000

Major Equipment 263,171

Bulk Materials 213,654

Subcontracts 15,589

Direct Labor 190,730

Distributables (Indirect) 171,657

Total Field Costs 854,800
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U6. Plant 3 (Gas Plant)

36.1 Design Basis, Criteria and Considerations

The Gas Plant consists of the following sections:

3 . Absorber/deethanizer
*Lean oil stripper/debutanizer3 * Depropanizer
*LPG Merox for propane and butane products1 * Makeup lean oil stripper

The Gas Plant will be designed as a one-train unit.

1 Feed to the Gas plant will be tail gas from the Hydrogen Purification Plant (plant 6).
Makeup lean oil is the naphtha product from plant 2. Lean oil purge from the lean oil
stripper/debutanizer will be sent to the Naphtha Hydrotreater (plant 4). Lean oil stripper

offgas is returned to plant 6 for treating.3 The products from the Gas Plant include:

" C3 LPG
" C 4 LPG
* Fuel Gas

I The specifications for the two LPG products are as follows:
C3 LPG C4 LPG3Specification Max.. Max.

Ethane (vol.%) 2.0 -

Propane (vol.%) -- 2.0
Butane (vol.%) 2.0 -

Pentane (vol.%) -- 2.53Mercaptans (wt.ppm) 20 20
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Desion Considerations

Lean oil absorption was selected as the method to recover light hydrocarbons from the
miscellaneous gas streams being sent to the fuel gas system because of the high
recovery of propane and butanes, smaller equipment sizes, and recovery without the
need for a refrigeration system. The lean oil absorber and rich oil deethanizer operations
were combined into a single tower to reduce capital and operating costs.

Naphtha product from the Coal Liquefaction Plant is used as the lean oil makeup.
Because the makeup rate is close to the plant 2 production rate, the total naphtha stream
is sent to the Gas Plant. The lean oil purge (Stripper/Debutanizer bottoms) is the feed
to the Naphtha Hydrotreater. This scheme simplifies the operation of the system and
reduces the amount of light components in the feed to plant 4. The makeup lean oil is
stripped prior to entering the absorption system to remove ammonia and acid gases to
avoid contamination of LPG products or fuel gas and light hydrocarbons.

Some pentanes are lost to fuel gas in the absorber overhead vapor stream due to vapor-
liquid equilibrium. A refrigerated cooler would be required to recover this lost material;
however, little additional propane recovery would be made since the recovery rate is
already quite good.

Plant 3 was modeled using the PROCESS simulation software. Equipment was sized
based on these simulations.

6.2 Process Description

As pointed out earlier, the plant consists of five sections. These are:
Absorber/ Deethan izer, Lean Oil Stripper/Butanizer, Depropanizer, Makeup Lean Oil
Stripper and LPG Merox for propane and butane products. The first four sections of this
plant are shown in Process Flow Diagram, Figure 6.1 and the Merox section is shown in
Process Flow Diagram, Figure 6.2. Each of these sections is described below.

Absorber/ eethanizer

Compressed tail gas from the pressure swing absorption (PSA) unit of the Hydrogen
Purification Plant (plant 6) is fed to a combined lean oil absorber/deethanizer tower to
recover the propane and heavier liquids in the stream. The tower is operated at 160 psig.
The tower has a reboiler to strip the ethane and lighter components from the rich oil
exiting the bottom of the tower. The overhead gas is mixed with the recirculated lean oil
and the makeup lean oil and sent to a water cooler before entering the precontactor
drum. The vapor product is sent directly to the fuel gas system. The liquid from the
precontactor is fed to the top tray of the absorber/deethanizer tower. The precontacting
operation improves the recovery of propane from fuel gas and reduces the losses of

6-2



pentanes in the lean oil to fuel gas by operating the vapor/liquid separation at a lower
temperature than available at the top tray of the tower.

Lean Oil Stripper

The lean oil is the naphtha product from plant 2. The plant 2 naphtha contains hydrogen
sulfide and ammonia which would contaminate the fuel gas, propane, and mixed butane
products. Prior to being sent to the absorber/deethanizer as makeup lean oil, the
naphtha is stripped of the contaminants in a stripper tower, which operates as a
debutanizer. The stripped gases are sent to the low pressure gas compressor in plant
6 for scrubbing, and recovery of hydrogen and light gases.

Stripper/ Debutanizer

Rich oil from the absorber/deethanizer tower is sent to the rich oil stripper tower to
remove propane and butanes from the lean oil. The lean oil from the stripper tower is
returned to the absorber/deethanizer via heat exchange with the rich oil feed. Some of
the recirculated lean oil is purged to the Naphtha Hydrotreater (plant 4) to remove
pentane and heavier hydrocarbons recovered from the feed gases and maintain a more
consistent lean oil composition.

Depropanize

The overhead product from the stripper is fed to a depropanizer tower to separate the
light hydrocarbons into two LPG products (propane and mixed butanes). The two
products are sent to individual Merox units for the removal of trace sulfur compounds
prior to being sent to product storage.

Merox Treatin

The Merox units remove mercaptan sulfur compounds from the LPG products (propane
and mixed butanes) by dissolving the compounds in a 200 Baume caustic soda solution.
This is accomplished in a multistage, vertical Merox extraction. A caustic prewash of 10"
Baume solution is required to remove any remaining hydrogen sulfide from the feed
stream before entering the extraction tower. The mercaptan-rich caustic solution from the
bottom of the extraction towers of the two Merox units flow to the common regeneration
section through a small steam heater. The caustic stream is regenerated with air in the
presence of a catalyst, where the mercaptans are converted to disulfides. The caustic
stream is returned to the Merox units, and the disulfide stream is sent to the Naphtha
Hydrotreater feed for disposal.
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6.3 Material Balanc

The material balance for this plant is shown in table 6.1 on the next page. The plant is
designed to have a single train.

6-6



-j W v r, 0 0 v 0 OD
< CY
I.- - :: t- V
o :D = 

C-) C-4 4

0 z

C-4 
C-i

cr q 
-M

LLJ a) 
0)

D

C)

c to 04

eq

<
z 0 Z

CD v v -a

D OD CD 0

0 CY 0) C.)

0
Cc E

0
-T 0 OD CY

co Ln tr) 0)

z C) v U) in Ln
0 r, co
Cc CY cm

w 0 co -q W W -a Iq Iq C4
q q v V) OD CY

_j w r V) CY
LJ < cv 0

:E m C-4 
r7

ft

cz co ID OD v v 0
1 CO4 Cl) m rl 0 C.)

(1) 0
c o

T c
LLI cr) cc

co 0 (V (D 0 N 0 V In 0 0 0 0 (D 0
v Iq M m 'D v 0 C,C.) W CO co

co 10
U- LU 0 co co 0

-1 
M co

0 Z
E z i.- -

0 to co 0 V tO 0 -C N 0 N CIJ 
co

Z 'n r_ tn (0 ID m 0 
C.)

t, c C2 C', C', Go P, C.)
0 w rl o v
Cl) N CY

CD CO C-4 co 0 to v 4 -a

C-j ! co Lf)

CL Z

-i

0
Q

V
F- Cl

z LU

LU >

z z

0 -j

(01 C, m T 7 <
, C C,

2 z 0 0 s Z
0 0

m z u u u 
C-

6-7



6.4 Utility Summary

The utility summary for the gas plant (Plant 3) is included in Table 6.2.

Table 6.2

Utility Summary

Steam, lb/hr

600 psig 279,468
50 psig 15,096

Electricity, kw 502

Cooling Water, gpm 9,784

Fuel Gas Production, MMBTU/hr 1,504

6.5 Water Summary

Sour Water = 2 gpm

6.6 Catalyst and Chemical Summary

Catalyst and chemicals requied for Plant 3 are shown below:

Catalyst or Chemical MEA
Quantity required for start up 90 bbl
Consumption 18 gal/day

6.7 Operating and Manpower Requirements

The operating manpower requirement for this plant is 4 operators. For full manpower
requirements of this plant as well as the complex, refer to Section 15 of this report.

6.8 Major Equipment Summary

The overall major equipment for the gas plant is shown in Table 6.3.
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6.9 Capital Cost Breakdowns

Total field costs and the field costs breakdowns for plant 3 are given below in Table 6.4.
Note that field costs do not include home office and contingency costs. The estimated
field costs for the whole complex are summarized in Section 9. Moreover, the field costs
are for the Nth plant scenario (no spare train).

Table 6.4

Field Costs and Breakdowns
Plant 3 (Gas Plant)
2nd Ouarter, 1991

Field Costs Costs ($1,000)

Major Equipment 7,742

Bulk Materials 5,410

Subcontracts 840

Direct Labor 5,037

Distributables (indirect) 4,571

Total Field Costs 23,600
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7. Plant 4 (Naphtha Hydrotr at r)

7.1 Design Basis, Criteria and Considerations

The Naphtha Hydrotreater will be designed as a one-train unit.

Feed to the Naphtha Hydrotreater is the naphtha (C5-350'F) product from the atmospheric
fractionator tower at the Coal Liquefaction Plant (plant 2) via the Gas Plant (plant 3). An
additional stream from the Gas Oil Hydrotreater (plant 5) is sent to the downstream
section (Stabilizer) of the Naphtha Hydrotreater (plant 4).

The Naphtha Hydrotreater design is based on the following criteria:

Reactor Inlet Pressure, psig 1,000
Reactor Outlet Pressure, psig 950
Hydrogen Partial Pressure, psia 700

(outlet of reactor)
Reactor Inlet Temperature, OF 525
Reactor Outlet Temperature, OF 575
Chemical Hydrogen Consumption, SCF/13 125
LHSV, V/V/hr 2.0
Catalyst Type NiMo

The Naphtha Hydrotreater product characteristics are given in Table 7.1 below:

Table 7.1

Naphtha Hydrotreater Product Characteristics

C5:350-F
Gravity, OAPI 52.2
Distillation, TBP OF

IBP 72
5% (wt.) 110

10% 138
30% 207
50% 246
70% 284
90% 328
95% 340
EP 344
Sulfur, wppm (maximum) 1.0*
Nitrogen, wppm (maximum) 0.2*

*Note: When the nitrogen specification is achieved at 0.2
wppm. The sulfur level will go down further (0.1
wppm).
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Because the Naphtha Hydrotreater is a vapor phase reaction, only cold separators (both
high pressure and low pressure) are included in the design of the plant.

The naphtha stream from the Gas Oil Hydrotreater is sent directly to the Plant 4
fractionator because it already has been treated at more severe conditions than those in
the Naphtha Hydrotreater.

The fractionator was designed to use 600 psig steam for the reboiler because the
bottoms temperature is 4500F. The design consideration also reduces capital costs.

7.2 Process Description

The Plant includes two distinct sections. These are: 1) Reaction and Primary Separation
section and 2) Product Distillation section. Figure 7.1 is the Process Flow Diagram of the
Plant.

Reaction and Prima[y Separation Section. Feed is pumped from intermediate tankage
directly to heat exchange with the reactor effluent (E101). Hydrogen is then mixed with
the heated feed prior to entering the reactor feed preheater (F101), where the mixture is
raised to the reactor inlet temperature. The feed/hydrogen mixture enters the fixed bed
reactors (C101 and C102), which operate at a pressure of 1000 psig. The reactor effluent
passes through heat exchange with the cold feed (El 01), through an air-fin cooler (El 02),
and to the high pressure separator (C103). Wash water is injected into the reactor
effluent line prior to the air-fin cooler for control of ammonium salts. Hydrogen rich vapor
is compressed in K101 and returned to the front end of the unit to mix with makeup
hydrogen and the unit feed. A purge gas stream is sent. to Plant 6 to remove light
hydrocarbons from the system. Sour water is removed from the high pressure separator
to be eventually sent for ammonia recovery. The hydrocarbon liquid is flashed to 185
psig in the low pressure separator (C105) to remove light hydrocarbons, which are sent
to Plant 6. The low pressure separator liquid is then sent to product distillation.

Product Distillation. The low pressure separator liquid is preheated with the product from
the fractionator in exchanger E105 before entering the tower (C106). The overhead vapor
from the tower is partially condensed and only a vapor product is withdrawn for further
processing at Plant 6. The fractionator has a steam-heated reboiler (E104). The bottoms
naphtha product is cooled in exchangers (E105 and E106) and sent to product storage.
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7.3 Mat rial Balance

Material balance for Plant 4 is shown in Table 7.2. It is designed for a single train plant.
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7.4 Utility Summary

The utility summary for this plant is included in Table 7.3.

Table 7.3

Utility Summary
Plant 4

Steam, lbs/hr
6000 psig 90,386

Electricity 1,198

Cooling Water, gpm 7,080

Fluid gas, MMSCFD 1.7

Note: Fuel gas consumption is based on a heating value of 1000 Btu/SCF.

7.5 Water Summary

Table 7.4 below presents the water balance for the Naphtha Hydrotreater.

Table 7.4

Water Summary
Plant 4

Water Inlet lb/hr

Feed 7
Produced in Reactors 413
Wash Water 18,80
TOTAL 19,220

Water Outlet

Sour Water to NH, Recovery 19,151
Hydrogen Purge 22
Low Pressure Gases to Plant 6 45
Products 0
TOTAL 19,220

Sour Water to NHq Recove , gpm 38
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7.6 Catalyst and Chemical'Summary

Catalyst and chemicals requirements for this plant are shown below:

Quantity required for start up 72,000 lb
Estimated catalyst life 3 years

7.7 Operating Manpower Requirements

The operating manpower requirement for this plant is 4 operators. For full manpower
requirements of this plant as well as the entire complex, refer to Section 15 of this report.

7.8 Major Equipment Summary

The major equipment for the naphtha hydrotreater (Plant 4) is summarized in Table 7.5.
Because the design of the plant is for a single train, the summary is for a single train
plant.
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7.9 Capital Cost Breakdowns

Total field costs and the field costs breakdowns for Plant 4 are given below in Table 7.6.
Note that field costs do not include home office costs and contingency. The estimated
field costs for the whole complex are summarized in Section 9. Moreover, the field costs
are for the Nth plant scenario (no spare train).

Table 7.6
Field Costs and Breakdowns

Plant 4 (Naphtha Hydrotreater)

Field Costs 2nd Quarter, 1991 Costs ($1,000)

Major Equipment 4,533

Bulk Materials 3,051

Subcontracts 436

Direct Labor 2,964

Distributables (Indirect) 2,615

Total Field Costs 13,600
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8. Plant 5 (Gas Oil Hydrotreater)

8.1 Design Basis Criteria and Considerations

The Gas Oil Hydrotreater is designed as a one-train unit.

Feeds to the Gas Oil Hydrotreater are the distillate sidestream from the atmospheric tower
and the overhead liquid and the upper sidestrearn from the vacuum tower of the Coal
Liquefaction (plant 2). The three products (350-4500F, 450-6500F, and 650-8500F) are
separated in a fractionator on the back-end of the unit.

Characteristics of the three feeds from Coal Liquefaction are presented in Table 8.1
below:

Table 8.1

Feeds to the Gas Oil Hydrotreater

Atmospheric Vacuum Vacuum
Sidestrearn Overhead Upper S

Feed Rate, BPSD 19,582 34 23,842

Gravity, OAPI 17.9 21.0 9.0

Product Cuts (wt.%)
C6_350OF 1.7 4.4
350-450OF 24.7 50.5 0.1
450-650OF 58.0 45.1 37.3
650-850OF 15.6 62.6

The Gas Oil Hydrotreater design is based on the following criteria:

Reactor Inlet Pressure, psig 2,600
Reactor Outlet Pressure, psig 2,500
Hydrogen Partial Pressure, psia 1,800

(outlet of reactor)
Reactor Inlet Temperature, OF 600
Reactor Outlet Temperature, OF 750
Chemical Hydrogen Consumption, SCF/13 1,080
LHSV, V/V/hr 1.0
Catalyst Type NiMo
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The Gas Oil Hydrotreater product characteristics are given in Table 8.2 below:

Table 8.2

Products from the Gas Oil Hydrotreater

350-450OF 450-650OF 650-850OF

Gravity, OAPI 29.9 17.3 10.5

Distillation, TBP OF
11313 340 414 640
5% (wt.) 348 463 645

10% 358 469 665
30% 376 531 676
50% 399 576 717
70% 414 619 759
90% 433 645 815
95% 449 655 835
EP 465 665 838

Sulfur wppm 20 20 20
Nitrogen wppm 500 500 500
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Three final products (350-4500F, 450-6500F, and 650-8500F) were combined for
hydrotreating in the same unit because:

The reactions conditions recommended are approximately the same for the
two heavier products and the amount of the lighter product is relatively
small.

Significant savings in capital cost and operating cost are realized by
hydrotreating in a common unit even though the final fractionation is more
complex.

The initial fractionation in the plant 2 (Coal Liquefaction Plant) can be made
as rough cuts, and thus, save capital and operating costs.

The reaction system was designed with two parallel reactors. Because of the reaction
conditions, the reactors were designed with two catalyst beds and an interbed hydrogen
quench.

The separation system was designed with high and low pressure systems, each with hot
and cold separators. There was no incentive for a warm separator as in Plant 2. The
letdown from the high pressure to the low pressure systems is done through an expander
turbine to improve the efficiency of the process. The expander was designed to drive the
reactor feed booster pump.

it is very difficult to fractionate all three products on the same tower; therefore, the 450OF-
material was taken overhead in the fractionator to a small outboard stabilizer tower to
make the front-end cut on the 350-450OF product. There is no problem fractionating the
450-650OF cut as a sidestrearn product or the 650-850OF as a bottoms product.

8.2 Process Description

This Plant consists of two sections. These are: 1) Reaction and Separation section and
2) Product Distillation section. Figure 8.1, the Process Flow Diagram, schematically
depicts the process. The following process description is broken down in two parts
according to the above two sections.

Reaction and SeDaration Section

Cold feed is pumped from intermediate tankage through heat exchange with the
sidestrearn product of the atmospheric tower of the Coal Liquefaction Plant. Hot feed is
pumped from intermediate tankage directly to the Gas Oil Hydrotreater and is mixed with
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the preheated cold feed. The mixed feed is pumped up to reactor pressure in the reactor
charge pump (GlOl) driven by an hydraulic expander turbine. The mixed feed is sent
through heat exchange with the reactor effluent in E101. Recycle and makeup hydrogen
are mixed and heated by heat exchange with the reactor effluent (E102) and followed by
a fired heater (FlOl).

The hydrogen is then mixed with the heated feed prior to entering the fixed bed reactors
(ClOl and C102), at an inlet pressure of 2600 psig. The reactor effluent passes through
sequential heat exchange with the cold feed (ElOl), hydrogen gas (E102), and the hot
low pressure separator liquid (El 03) before being sent to the hot high pressure separator
(C103). The vapor from the hot high pressure separator is cooled in an air-fin exchanger
(E104) and is sent to the cold high pressure separator (C104). Wash water is injected
into the reactor effluent line prior to the air-fin cooler for control of ammonium salts.
Hydrogen rich vapor from the cold high pressure separator is compressed by K101 and
returned to the front end of the unit to mix with makeup hydrogen.

A purge hydrogen stream is sent to Plant 6 to remove light hydrocarbons from the
system. Sour water is removed from the cold high pressure separator to be eventually
sent for ammonia recovery. The hydrocarbon liquid is sent to the cold low pressure
separator (C106). The liquid from the hot high pressure separator is sent to a hydraulic
expander turbine (YlOl) driving the reactor charge pump before going to the hot low
pressure separator (C105). The hot low pressure separator liquid passes through heat
exchange with the reactor effluent (E103) and is then sent to product distillation. The hot
low pressure separator vapor is cooled in an air-fin exchanger (El 05) and sent to the cold
low pressure separator (CII 06). The vapor from this separator is sent to Plant 6, and the
liquid is sent to product distillation. Sourwater is removed from the cold low pressure
separator to be eventually sent for ammonia recovery.

Product Distillation

Liquid from the hot low pressure separator is preheated in exchange with the product
fractionator bottoms in Ell 1 and charged as the lower feed to the fractionator (Cl 10).
Liquid from the cold low pressure separator is the upper feed to the fractionator. The
overhead of the tower has three products: an overhead vapor stream which is sent to
Plant 6; an unstabilized liquid product; and a water stream which is recycled to the wash
water system. The overhead liquid is sent to an outboard stabilizer (Cl 15) for correcting
the initial boiling point of the 350-450OF product. The overhead of the stabilizer has a
vapor product which is sent to Plant 6 and a liquid product which is sent to the Naphtha
Hydrotreater (Plant 4) product distillation section. The stabilized 350-450OF product is sent
to final storage. The sidestream off the main fractionator is steam-stripped (Cl 11) to
correct the initial boiling point, cooled, and sent to finished product storage (450-6500F).
The bottoms product is sent to heat exchange with the lower feed to the fractionator
(Ell 1), cooled in El 13, and sent to finished product storage (650-8500F).
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8.3 Material Balance

The material balance for this plant is shown in Table 8.3.

Table 8.3
Plant 5

Material Balance

PLANTINIPUT

PLT 2 MU H2 FR MU H2 FR WASH Rxn TOTAL
GAS OIL PLT 6 PLT 6 STEAM WATER Delta INLET

COMPONENTS #/hr #/hr #1hr #/hr #1hr #/hr #/hr
N2 198 198
H2 1728 14298 -13704 2322
H20 348 5000 40600 4638 50586
H2S 200 200
NH3 3096 3096
CO 0
C02 0
C1 as 1820 1915
C2 2046 2046
C3 2426 2426
C4 1744 1744
C5-350 6104 9912 16016
350-450 97488 3488 100976
450-650 467704 1754 469458
650-850 189424 -17314 172110
850-1000 916 -106 810
1000+ 0
PHENOLS 0
MEA 0
UNCONVERTED COAL 0
ASH 0
TOTAL 761984 1823 14496 5000 40600 0 823903

PLANT OUTPUT

PURGE GASTO NAPH TO LT HY SOUR TOTAL
H2 PLT 6 PLT 4 DIST DIST GAS OIL WATER OUTLET

COMPONENTS #/hr #1hr #/hr #1hr #/hr #/hr #fhr #/hr
N2 2 196 198
H2 350 1972 2322
H20 4 836 6 252 49488 50586
H2S 12 188 200
NH3 6 289 5 2797 3097
co 0
C02 0
ci 204 1710 1 1915
C2 94 1938 14 2046
C3 70 2243 113 2426
C4 30 1408 306 1744
C5-350 34 2398 12910 256 418 16016
350-450 2 100 250 79466 21154 4 100976
450-650 7 11788 329535 128128 469468
650-850 8900 163210 172110
850-1000 810 810
1000+ 0
PHENOLS 0
MEA 0
UNCONVERTED COAL 0
ASH 0
TOTAL 796 13109 13605 91510 360259 292152 52473 823904
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8.4 Utility Summary

The utility summary for the gas oil hydrotreater (Plant 5) is summarized in Table 8.4. The
fuel gas requirement shown in this table is based on a heating value of 1000 BTU/SCF.

Table 8.4

Utility Summary

Steam, lbs/hr 
Plant 5

150 Psig -104,578
600 psig 62,030

Electricity, KW 2,147
Cooling Water, gpm 330
Fuel Gas, MMSCFD 8.0

8.5 Water Summary

The water summary for the gas oil hydrotreater (Plant 5) is shown in Table 8.5. All input
and output streams are grouped together and shown separately in the same table.

Table 8.5

Water Summary
Plant 5

Water Inlet lb/hr

Feed 348
Produced in Reactors 4,638
Wash Water 40,600
Steam 5,00

TOTAL 50,586

Water Outlet

Sour Water to NFt Recovery 49,488
Hydrogen Purge 4
Low Pressure Gases to Plant 6 836
Products 258
TOTAL 50,586

Sour Water to NU3 Recove , gpm 99
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8.6 Catalyst and Chemical Summary

Catalyst and chemicals required for Plant 5 are shown below:

Catalyst or chemical Catalyst

Quantity required for start up 556,160 lb.

Consumption or estimated life 3 year life

8.7 Operating Manpower Requirements

The operating manpower requirement for this plant is 4 operators. For full manpower
requirements of this plant as well as the complex, refer to Section 15 of this report.

8.8 Major Equipment Summary

The major equipment for the gas oil hydrotreater (plant 5) is summarized in Table 8.6.
The equipment sizes are for a single train plant.
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8.9 Capital Cost Breakdowns

Total field costs and the field costs breakdowns for Plant 5 are given below in Table 8.7.
Note that field costs do not include home office costs and contingency. The estimated
field costs for the whole complex are summarized in Section 9. Moreover, the field costs
are for the Nth plant scenario (no spare train).

Table 8.7

Field Costs and Breakdowns
Plant 5 (Gas Oil Hydrotreater)

2nd Quarter, 1991

Field Costs Costs ($1,000)

Major Equipment 27,783

Bulk Materials 18,933

Subcontracts 3,025

Direct Labor 17,476

Distributables (indirect) 15,684

Total Field Costs 82,900
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9. Overall Capital Costs for Improved Baseline

The Nth plant overall capital cost estimates (improved baseline) for the entire complex are
presented in this section. The estimate basis, methodology and accuracy are the same
as for the baseline case.

The inside battery limits (ISBL) and outside battery limits (OSBL) plant field costs and
breakdowns are summarized in Sections 9.1 and 9.2 respectively. These same field costs
and breakdowns are given in the appropriate capital cost sections of each plant
throughout this report.

Section 9.3 presents the ISBL plants on installed basis. The ISBL installed basis costs
includes the following costs:

- Field costs of ISBL plants
- Field costs of OSBL plants
- Home office costs and fees
- A suitable contingency

The above costs, when added together become the total installed cost of the complex.
These costs (field costs of 0S13L plants, Home office costs and fees and a suitable
contingency) have been allocated to the ISBL plants. In this fashion, each IS13L plants
cost can now be expressed on "Installed" basis. Such allocation of costs and the
resulting installed costs for each plant and for the entire complex are shown in Table 9.3.

This installed cost for the Nth Plant based on second quarter 1991 datum is $3531.9
million dollars. No project escalation is included in this figure for disbursement of this cost
over the life of this project. Such escalation will be addressed in the economics section
of this report.

9.1 ISBL Plant Field Cost Summaries

The ISBL plant field costs for the entire complex are developed by estimating the field
costs of each process plant. The field cost for each plant is comprised of 1) major
equipment, 2) bulk materials, 3) subcontracts, 4) direct labor and 5) distributables. Costs
data thus developed are shown in Table 9.1.

9-1



C) CD CD CD (D (D (D (D Co CD CD CD CD CD
C) CD CD CD C> ( (D C) CD (D CD CD (D C)
Im O 0 1 Ci C 1'1 Ivi L'i C C cNiLL .1; to -cr M M C'%j M -4 M " LO Lo to CD
CD M LO " --d* CD Cj LO --d- CYI

cc +3 co cn
.00
00

m 1-4 LO Ict -- I Ln m m r*l m w Co
-*" cn LO r*, - M CD -- I '-d- to m LO to LO
M LO kD U") kD to Cl -4 M --d- r-, I-- M M

s- w C C;
+$ - ; cll Lc; 11; r- C C; C. cl; r:

-j -. 4 r., cli ull-) ko

-fj

4.4
m LO Co r-_ mt to I,, Ln LO m LO co m C"i+j m m to r" Ln CD CD co cn to CIQ cn0 5- LO0 0 C C C Ci rll C lll rll ll:

S- m co co LO f-- LO rl_ Ln m 4m cn LnV) CQ to cn 1-4W 0 Co0 u CD
0 C
S- r"
Q. 404

W Ch 4J co cn CD ko LO 1 , cn M -I CO
46 U. r_ I-- co -ck m " to LO m CD LO -d' CI

m < x 4m co cis I Im LO 00 .1d, Co CD M 00
co 0 r, r- S-

4) co a- 4 3, Rd- LO ce) m m Ci C3,$ 00 r-_
r- I" ko4' .0 C

LLI 0 :3 0
cc% ::p 04-) 4-3 V) u

cc
r- =

.0 CY

4-3 '0
u r_ r- Im Kr -zr 4 -4 m m to m C> -- 4 m

4-3 cc Cl 45 C) Co Ul) I" LO M C> M M r -- I LO M

V) 4- r Oll 4D -ct C) 0) C:r OD " CJ -- f 1*- -4
LLI 4) 01 V LC; Cl; CK kIC; C Cl Cl; ClAge 4)

4J 0i r Cli
cc

w:c

0

4-) Lo OD to to m " -Rd- LO -- 4 toc
4) -4 -c:r r- M M tD qr M LO M -- q - LO

o 
m (n cli Ch4- O rll Llri r- Ci cl ll ,

0 C Id, cr) r -d' rl_ 1-1 Cj m -4 rl_ m t:r m
.1.11 -d' M to LO m m
co cr to

C;
S- S..

u
V) +-) +-) .- 4--) t-) >

C = U _ 4- 0
eo S- tv co CC r- .- u

-- S- = o LLJ S- a) V)

u CL LLJ U- 4- a
'o co ar (A 0. (A CY)

CD 
= 

S- V, 
= Co 

0 -j

S- 0 0 0 .- m cc co CD (N = CI
L.) -j cz Q::

0 CD - M
0. z M V, LO tD W M -- 4 - m cn

9-2



9.2 OSBL Plant Field Cost Summaries

The OSBL plant field costs for the entire complex are developed by estimating the field
costs of each offsite/utilities plant. The field cost for each plant is comprised of 1) major
equipment, 2) bulk materials, 3) subcontracts, 4) direct labor and 5) distributables.
Results thus obtained are shown in Table 9.2.
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9.3 Installed Plant Costs

Installed plant costs for the complex were calculated by 1) taking the estimated IS13L plant
cost for each ISI3L plant, 2) adding to that the respective proportional amount of total
OSI3L costs and then 3) adding the proportional amount of home offices, engineering fee
and contingency. Results are shown in Table 9.3. This table also includes the number
of trains (operating and total number) for each plant.

Table 9.3
Nth Plant Capital Costs for the Complex

Improved Baseline

-'1SSL A e
SSLlplant-, cb." A' ii iiiel

.... .. ...
tlf'b g ... .....

e ".-Tv j

1 6 6 104900 1571700 182000
1.4 12 12 96800 140000 171800
2 4 4 854800 1236400 1517000
3 1 1 23600 34100 41900
4 1 1 13600 19700 24100
5 1 1 82900 119900 147100
6 1 1 130000 188000 230700
8 1 1 41700 60300 74000
9 6 6 303300 438700 538200
10 6 6 222500 321800 394800
11 5 5 55100 79700 97800
38 1 1 45000 65100 79900
39 1 1 1 1 16000 23100 28400

Total 1990200 2878500 35319
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10. Option 6 (Steam Reforming of Natural Gas Plu FBC Unit for Hydrogen
Production)

10.1 Design Basis, Criteria and Considerations

In this option, as discussed earlier, the hydrogen production method is changed from coal
gasification (plant 9) to steam methane reforming (plant 9-01).

The following assumptions/design basis were utilized to develop this option:

Ash concentrate from plant 8 (Kerr McGee's ROSE-SR plant) is sent to a Fluidized Bed
Combustion (FBC) plant to generate high pressure steam.

The steam reformer produces 99.9% pure hydrogen for the complex. A total of three 150
MMSCFD hydrogen trains are required.

The Fluid Bed Combustor (FBC) and Steam Turbine Generator (STG) are designed so
that 50% of the ash concentrate from plant 8 is sent to a single FBC/STG. Therefore, this
is a two train FBC/STG system with one additional spare train for plant reliability purpose.

The directly affected plant is, of course, plant 9 and there is an additional FBC plant (in
plant 31.4-01) for processing the ROSE-SR bottoms. Indirectly affected plants are plant
1 (Coal Liquefaction Plant), plant 11 (By-Product Sulfur Recovery Plant), plant 31 (Steam
and power Generation Plant), plant 34 (Sewage and Effluent Water Treatment Plant), plant
38 (Ammonia Recovery Plant), and plant 39 (Phenol Recovery Plant).

The reformer was developed as a licensed process with limited information supplied by
KTI.

10.2 Process Description and Process Flow Diagram for the Directly Affected
Plants

Reformer

Natural gas at 50 psig and 100OF is compressed in the natural gas feed compressors to
350 psig. The high pressure gas is combined with 350 psig steam produced with the unit
or 600 psig steam, which has been let down to 350 psig, and reformed in a reformer
furnace.

The waste heat in the flue gases from the reforming furnace is recovered in a series of
heat exchangers, with the flue gases exiting through a stack at about 2500F.
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Part of the heat in the reformer product is recovered as 600 psig steam in the waste heat
boiler. The reformer product gas is further cooled in the- product cooler and combined
with steam before entering the shift reactors to provide sufficient steam for shift reaction
to occur. The gas and steam mixture pass through beds of high and low temperature
shift reactors in series to convert the carbon monoxide to carbon dioxide and hydrogen.

The product from the shift converters is further cooled and sent to Pressure Swing
Absorption (PSA) for hydrogen purification. The PSA plants separate the hydrogen from
carbon dioxide and other unconverted gas, which are used as fuel. This plant is capable
of producing a 99.9% purity hydrogen. The process flow sketch for the Reformer is
shown in Figure 10.1.

Fluidized Bed Combustor

As shown in the process flow sketch (Figure 10.2), the fluidized bed combustor boiler
feed system conveys ash concentrate from live storage to the boiler feed silos. From
these silos the ash concentrate is fed to the fluidized bed combustors.

The fluidized bed combustors are designed to burn 4,400 tons/day of ash concentrate
from ROSE-SR plant and to produce steam for power generation. Three identical
circulating fluidized bed boilers are provided to supply steam to the turbines. Each boiler
is a drum and reheat type, with a balanced draft furnace.

A limestone preparation system is provided to dry and prepare limestone to proper size
as required by the boiler manufacturer. Prepared limestone is conveyed pneumatically
and fed to the combustor boiler furnace. The limestone injection is used to control sulfur
dioxide emissions. The bottom ash is removed from the bottom of the combustor and
sent to a silo for truck unloading.

Flue gas exiting from the boilers flows to the cyclones where large size solid particles are
removed and recycled back to the furnace. The flue gas from the cyclones flows through
the air heater where the primary and secondary air are preheated before flowing to the
furnace. The gas leaves the air heater and enters a baghouse. The baghouse is
provided for controlling particulate emissions from the boiler.

The flue gas leaves the baghouse and is directed by an induced draft fan to the stack.
Fly ash is collected and withdrawn from the baghouse and is sent to a fly ash silo for
truck loading.
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%eam Turbine Generator

The steam turbine generator is shown schematically in Figure 10.3. As shown in this
figure, high pressure steam from the fluidized bed combustor (2620 psig) is sent to the
high pressure (HP) turbine. The turbine exhaust passes through a desuperheater before
entering the intermediate pressure (113) turbine. High pressure steam let down to 600 psig
also passes through a desuperheater before entering the IP turbine. The exhaust from
the IP turbine is split and sent to two low pressure (LP) turbines operating in parallel.
Each of the LP turbines has a surface condenser on its exhaust. The condenser operates
under vacuum (1.0 psia). The condensate is recovered and returned to the deaerators
at the boiler feedwater treating area.
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10.3 Material Balance for the Directly Aff cted Plants

The overall material balance for the Steam Methane Reformer (plant 9-01) and Fluid Bed
Combustion unit (plant 31.9) are shown in Tables 10. 1 and 10.2, respectively. In addition,
the overall material balance for the liquefaction plant, plant 2 is shown in Table 10.3 and
Figure 10.4. Plants 3, 4 and 5 were redesigned for one train configuration, the material
balances for these three plants are included in this report as Table 10.4, 10.5 and 10.6
respectively.

Table 10.1
Improved Baseline Plus Option 6

Overall Material Balance for Plant 9.01

Plant Input

Stream No. 9.1 9.2

Components Natural Steam Total Input Lbs/hr
Gas Lbs/hr
Lbs/hr

H2 116824
H20 981149 464106
CO 26957
C02 610761
C1 348853 111354

TOTAL 348853 981149 1330002]

Plant Output

Stream No. 9.3 9.4 9.5

Components Hydrogen Offgas Sour Total
Lbs/hr Lbs/hr Water Output

Lbs/hr Lbs/hr

H2 103578 13266 116824
H20 34777 429329 464106
CO 26957 26957
C02 610761 610761

1 8271 1105271 1 1113541

TOTAL 1044051 7962681 429329 1 133000211
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Table 10.2
improved Baseline Plus Option 6

Overall Material Balance for Plant 31.1 & 31.4

Plant Input

Components Ash Conc Limestone Air Total Input
Lbs/hr 3/hr Lbs/hr Lbs/hr _

N2 2994826 2994826

02 903924 903924

H20
C02
850-1000 7884 7884

1000+ 93888 93888
CaC03 47663 47663
CaS04
UC Coal 110016 110016
Ash 1 1782241 17K 4

TOTAL 1 3900121 47663 38987501 4336525]

Plant Output
Components Flue as Total Solid Total Output Lbs/hr

Lbs/hr Lbs/hr

N2 2999328 2999328

02 319708 319708
H20 87370 87370

C02 688816 2305 691121

850-1000
1000+
CaC03
CaS04 60774 60774

UC Coal
Ash 178224 178224

ILI OTAL 1 40952221 241303 4336525
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TABLE 10.3
Improved Baseline Case Plus Option 6

Plant 2

Material Balance (Per Train)

PLANTINPUT

MAKEUP RECYCLE WASH ROSE CRACKED RXN TOTAL

COAL H2 H2 FIR #6 WATER STEAM EXTRACT GAS DELTA INLET

COMPONENTS N/hr N/hr #/hr #/hr #rnr #/hr #rhr #/hr #/hr

N2 0

H2 22012 4037 -21659 4390

H20 7926 13 225127 96165 31836 361067

H2S 10142 10142

NH3 4779 4779

CO 75 344 419

C02 688 688

C1 176 1396 6876 8448

C2 619 375 6016 7010

C3 379 193 8017 6579

C4 131 242 3438 3811

C5-350 212 50882 51094

350-460 24961 24961

450-650 117115 117115

650-850 332 47358 47690

850-1000 514 -69 2269 2714

1000+ 124486 -731 24203 147958

PHENOLS 1031 1031

MEA 0

UNCONVERTED COAL 343800 -316296 27504

ASH 44556 44556

TOTAL 396282 22188 6862 225127 96165 125332 0 0 871956

PLANT OUTPUT

PURGE PURGE ROSE SOUR TOTAL

H2 GASES NAPHTHA GASOIL FEED WATER OUTLET

COMPONENTS #1hr N[hr #/hr #/hr #/hr f/hr #/hr

N2 0

H2 2571 1817 2 4390

H20 21 2114 22 87 358822 361068

H2S 472 1664 32 7974 10142

NH3 1 67 8 4703 4779

CO 251 168 419

C02 25 67 596 688

ci 4004 4433 2 9 8448

C2 2039 4940 25 6 7010

C3 1247 5162 169 1 8579

C4 429 3021 361 3811

CS-350 699 10316 38553 1526 51094

350-450 7 126 456 24372 24961

450-650 2 187 116926 117115

650-850 2 47356 332 47690

$50-1000 229 2485 2714

1000+ 147958 147958

PHENOLS 1031 1031

MEA 0

UNCONVERTED COAL 27504 27504

ASH 44556 44556

TOTAL 11768 34084 39628 190496 222835 373144 871955
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Table 10.6

Improved Baseline Case Plus Option 6

Plant 53 Material Balance (Per Train)

PLANT INPUT

PLT 2 MU H2 FR MU H2 FR WASH RXN TOTAL

GASOIL PLT 6 PLT 6 STEAM WATER DELTA INLET

COMPONENTS #/hr #/hr if/hr if/hr if/hr if/hr if/hr

N2 0

H2 1723 14298 -13704 2322

H20 348 5000 40600 4638 50586
H2S 200 200

NH3 3096 3096

CO 0

C02 0
Ci 95 114 1820 2029

C2 2046 2046

C3 2426 2426

C4 1744 1744

C5-350 6104 9912 16016

350-4 50 97488 3488 100976

450-650 467704 1754 469458

650-850 189424 -17314 172110
850-1000 916 -106 810

1000+ 0

PHENOLS 0

MEA 0

UNCONVERTED COAL 0

ASH 0ITOTAL 761984 1823 14412 5000 40600 0 0 823819

PLANT OUTPUT

PURGE GAS TO NAPHTO LT HY SOUR TOTAL
H2 PLT 6 PLT 4 DIST DIST GAS OIL WATER OUTLET

COMPONENTS if/hr if/hr if/hr if/hr #/hr #I/hr if/hr if/hr

N2 0

H 2 350 1972 2322
H20 4 836 6 252 49488 50586

$25 12 188 200

NH3 6 289 5 2797 3097

CO 0

cl 216 1812 1 2029

02 94 1938 14 2046IC3 70 2243 113 2426
C4 30 1408 306 1744

C5-350 34 2398 12910 256 418 16016

350-450 2 100 250 79466 21154 4 1009761450-650 7 11788 329535 128128 469458

650-850 8900 163210 172110

850-1000 810 810

1000+ 0IPHENOLS 0
MEA 0

UNCONVERTED COAL 0

ASH 0

TOTAL 806 13015 13605 91510 360259 292152 52473 823820
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10.4 Utility Summary for the Directly Affected Plant

The utility requirement for the directly affected plant (plant 9-01) is shown in Table 10.7.

TABLE 10.7

Utility Requirement for Plant 9-01
Improved Baseline Plus Option 6

Steam, 600 psig saturated, lbs/hr -1,285,006

Cooling water, gpm 10,709
Electricity, KW 6,961
Fuel Gas, MMBtu/hr 1,750

10.5 Capital Costs (Nth Plants)

The total installed cost for the option was re-estimated from the baseline estimates by
replacing the cost of the directly affected baseline plant with the cost of the optional plant.
All other cost modifications impacting the indirectly affected plants were done using the
cost vs. capacity correlations.

Thus the installed costs reported in the last column of Table 10.8 for the Nth plant
scenario are those for the entire complex with hydrogen production by steam reforming
of natural gas (Option 6).

For this option the directly affected plants are hydrogen production by coal gasification
(plant 9), air separation plant (plant 10), and the additional fluid bed combustion (FBC)
unit in plant 31.4-01 for processing ROSE-SR bottoms. For this option, as discussed
earlier, the air separation plant (plant 10) is not a part of this complex.
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Table 10.8
Nth Plant Capital Costs for the Complex

Improved Baseline with H2 Produced by Natural Gas Reforming

..."Of -: MT6ta ISBL -..-.ISBL' F" i:!C**
-A4 pi -OS

... . .... ... In s -,ii -0
........ . .1 .1 .0. 1

1 6 6 86000 115800 142100
1.4 12 12 96800 130400 160000
2 4 4 854800 1151300 1412600
3 1 1 23600 31700 38900
4 1 1 13600 18300 22500
5 1 1 82900 111700 137000
6 1 1 129900 174900 214700
8 1 1 41700 56200 68900

9-01 3 3 224700 302600 371300
11 5 5 33700 45400 55700
38 1 1 42500 57300 70300
39 1 1 1 1 18500 249001 30500

Total 1648700 22205001 2724500

10-15



10.6 Ov rail Impact

The overall impact on the entire complex due to the change in hydrogen production
method from coal gasification, plant 9 (in the base case design) to steam methane
reforming (plant 9-01) has been quantified based on the throughput adjustments to all the
indirectly affected plants. Such effects are included in this report as: overall plant
configuration and overall material balance (subsection 10.6.1), overall utility summary
(subsection 10.6.2), overall water flow distribution (subsection 10.6.3) and overall
hydrogen flow distribution (subsection 10.6.4).

10.6.1 Overall Plant Configuration and Material Balance

The overall plant configuration and overall material balance for this option are shown in
the same figure, Figure 10.5.

10.6.2 Overall Utility Summary

The overall utility summary for this option in shown in Table 10.9.

10.6.3 Overall Water Flow Distribution

The overall water flow distribution for the entire complex is shown in Figure 10.6.

10.6.4 Overall Hydrogen Flow Distribution

The overall hydrogen flow distribution for the entire complex is shown in Figure 10.7.
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1. ASPEN/SP PROCESS SIMULATION MODEL
OF THE IMPROVED BASELINE AND OPTION 6



11. ASPEN/SP Process Simulation Model of the Improved Bas lin
and. Option 6- (Steam- Reforming- of Natural- Gas plus FBC Unit
for Hydrogen Production)

11.1 General Description

An ASPEN/SP process simulation model of the improved baseline (high space velocity
case) was developed starting from the original baseline design case model. The overall
process flow diagram for the improved baseline case is shown in Section 2 of this report
as overall plant configuration and depicted in Figure 2.1. The block flow diagram for the
ASPEN/SP process simulation model is the same as that of the original baseline design
and is shown in Figure 11. 1.

The model for the improved baseline was developed by changing the original baseline
model only where appropriate. Significant modifications were required in the Fortran
source code of the user Fortran block models for:

0 Plant 2 (coal liquefaction plant) to account for the different coal liquefaction
yields and composition of the syncrude product.

0 Plant 3 (gas plant) to account for the different flow rates and compositions
of the entering gas streams.

0 Plant 4 (naphtha hydrotreater) to account for the different feed composition
and hydrotreating yields.

0 Plant 5 (gas oil hydrotreater) to account for the different feed composition
and hydrotreating yields.

The above Fortran source code changes were required because significant changes were
made in the basic yields and/or composition of the streams leaving these plants. The
previously published Fortran user block models listing of the ASPEN/SP direct coal
liquefaction process simulation model in Appendix B of the Task V Topical Report
contains these changes. In addition to the changes to the Fortran source code for the
above plants, many parameters in the ASPEN/SP input file for these plants were
changed.

Modifications also were made to several supplemental Fortran subroutines in order to
account for the different densities of the product streams, raw water make-up rate, and
OSBL plant costs. The previously published supplemental Fortran subroutine listing of
the ASPEN/SP direct coal liquefaction process simulation model in Appendix C of the
Task V Topical Report contains these modifications.
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Additional changes to the ASPEN/SP input file also were required for:

0 Plant 1.4 (coal grinding and drying plant) to reflect the use of three coal
drying trains per single coal liquefaction reactor train.

0 Plants 6.1 and 6.2 (hydrogen purification plants) to reflect the changes in
the entering flow rates and compositions of the hydrogen rich-gas streams.

0 Plant 8.1 (ROSE-SR solids/liquid extraction plant) to reflect the different
amount of organic material contained in the ash concentrate stream.

0 Plant 9.0 (hydrogen production by coal gasification plant) to reflect
differences in gasifier performance with the different ash concentrate stream
composition.

0 DES-SPEC COALFLO to set the correct dry coal feed rate to the coal
liquefaction reactors in Plant 2.

0 In-line Fortran block SETUP31 to reflect the OSBL utilities consumptions.

0 In-line Fortran Block SUMMARY to reflect the revised extra board and OSBL
operator requirements.

0 Several in-line Fortran SETUP blocks which calculate and set the correct
flow rates of hydrogen, steam and water streams to the various process
plants.

Appendix A contains a listing of the OPT8.INP ASPEN/SP input file for simulating the
improved baseline (high space velocity) case. With only one minor change, this input file
also was used to simulate the high space velocity case combined with the option of
producing hydrogen by steam reforming of natural gas.

11.2 Comparison of Model Predictions with Improved Baseline Design

The improved baseline design is simulated by running the OPT8.INP file shown in
Appendix A. Table 11. 1 compares the ASPEN/SP process simulation model results with
those of the engineering design. The major yields are predicted well with the largest
difference being 66 bbl/day of naphtha or 0.34%. The ammonia yield is underpredicted
by 5 tons/day or 1.7%, and the sulfur yield is underpredicted by 40 tons/day or 4.6%.
The natural gas purchase rate is overpredicted by 3.9 MMMBTLIs/day or 4.7%.

The total installed capital is underpredicted by 11.9 MM$ or 0.34%. The majority of this
difference is caused by the underprediction in the costs of the sulfur, ammonia and
phenol recovery plants. Part of this difference is attributable to the underprediction of the
ammonia and sulfur yields, and part is attributable to the fact that the model cost
predictions are based on only the sulfur, ammonia and phenol product rates and are not
based on the plant feed rates.
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Table 11. 1
Comparison of the ASPEN/SP Process Simulation

Model with the Process Design for the
Improved Baseline Case

rcont:J.. ...... .:11* 1§ Ap"

ROM Coal Feed Rate, MTSD (dry) 32.552 32.552 0.000 0.00
Coal cleaning Refuse Rate, MTSD 6.510 6.509 0.001 0.02
Ash Production Rate, MTSD 3.161 3.161 0.000 0.01
Natural Gas Rate, MMMBTU/SD 87.870 83.928 3.942 4.70
Electricity Purchase, MEGA-WH/SD 0 0 0.000 0.00
Raw Water Make-up, MMGSD 16.862 16.862 0.000 0.00
Naphtha Production, MBSD 18.582 18.519 0.063 0.34
Lt. Dist. Production, MBSD 7.416 7.403 0.013 0.18
Hvy. Dist. Production, MBSD 27.628 27.590 0.038 0.14
Gas Oil Production, MBSD 21.395 21.370 0.025 0.12
Liquid Propane Production, MBSD 3.890 3.884 0.006 0.15
Mixed Butanes Production, MBSD 2.244 2.230 0.014 0.63
Ammonia Production, Mtsd 0.272 0.277 -0.005 -1.66
Phenol Production, MTSD 0.035 0.035 0.000 0.00
Sulfur Production, MTSD 0.819 0.859 -0.040 -4.63

Number of Operators/Boardmen 420 420 0.000 0.00
Tot. Installed Capital, $MM (E-yr) 3520.0 3531.9 -11-938 -0.34

Plant Costs, MM$
1. Coal Cleaning 186.107 186.2 -0.1 -0.05
1.4 Crushing and Drying 171.703 171.8 -0.1 -0.06
2 Liquefaction 1516.934 1517.0 -0.1 -0.00
3 Gas Plant 41.877 41.9 0.0 -0.05
4 Naphtha Hydrotreater 24.135 24.1 0.0 0.15
5 Gas Oil Hydrotreater 147.115 147.1 0.0 0.01
6 H2 Recovery 230-689 230.7 0.0 0.00
8 ROSE-SR 73.933 74.0 -0.1 -0.09
9 H2 from Coal 535.102 538.2 -3.1 -0-58
10 Air Separation 395.527 394.8 0.7 0.18
11 Sulfur 94.117 97.8 -3.7 -3.77
38 Ammonia Recovery 77.422 79.9 -2.5 -3-10
39 Phenol Recovery 25.301 28.4 -3.1 -10.91

TOTAL 3519-962 3531.900 -11.9 -0.34
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11.3 Comparison of Model Predictions with Improv d Bas lin Design with
Hydrogen- Production- by Steam- Ref - rming- of Hatural- Gas

With only one minor change, the OPT8.lNP ASPEN/SP input file shown in Appendix A can
be modified to simulate the improved baseline design combined with the hydrogen
production by steam reforming of natural gas option. This case also has a fluidized bed
combustor coupled with a steam turbine generator to consume the ash concentrate
stream and produce electric power. The overall process flowsheet for this situation is
identical to the overall plant configuration shown in Section 10 of this report (Figure 10-2).
The block flow diagram for the ASPEN/SP process simulation model is the same as that
of the original baseline design as shown in Figure 11. 1.

The hydrogen production by steam reforming of natural gas option is activated from
within the input file via Fortran block SETEM and splitter block S9. The baseline design
case hydrogen production by coal gasification method, Plants 9 and 10, is automatically
deactivated when the Plant 9.1 (hydrogen production by steam reforming of natural gas
plant) option is chosen. This'two-block approach for switching between the different
hydrogen production methods uses efficient, feed-forward control and maintains the
overall mass balance in the model.

To activate the hydrogen production by steam reforming of natural gas (Plant 9. 1) 6 ption,
the variable N9 in Fortran block SETEM is set to a value of 1. This automatically resets
the inlet stream flow rates to Plants 9 and 10 to very small values, effectively shutting off
the feed to these plants and the coal gasification option. The splitter block is then used
to reset the required hydrogen rate for Plant 9, 1-19NEED, to a very small value to ensure
that hydrogen only will be produced by the desired method (steam reforming of natural
gas), and that the model will be in mass balance.

in order to have the model match the engineering design, it had to be forced to use six
coal cleaning trains in Plant 1 by setting the third integer input in the P1 -BASE block to
6. Table 11.2 compares these ASPEN/SP process simulation model results with those
of the engineering design. The major yields are predicted well, with the largest difference
being 63 bbl/day of naphtha or 0.34%. The ammonia yield is underpredicted by 5
tons/day or 2.0%. The natural gas purchase rate is underpredicted by 6.6
MMMBTUs/day or 2.4%, and the electric power production is overpredicted by 9.5 mega-
watt-hours per day or 0.91%.

The total installed capital is underpredicted by 9.9 MM$ or 0.36% when the model is
forced to use six coal cleaning trains in Plant 1 to agree with the engineering design. The
majority of this difference is caused by the underprediction of the costs of the hydrogen
production from natural gas plant (Plant 9.1) and the sulfur plant (Plant 11). The
difference in the sulfur plant is attributable to the fact that the model only requires three
trains whereas the engineering design cost is based on five trains sulfur recovery plant
with proper adjustment of throughput rates.

When the model is allowed to select only four coal cleaning trains in Plant 1, the total
installed capital is reduced to 2693.0 MM$ and only 251 plant operators are required.
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Table 11.2
Comparison of the ASPEN/SP Process Simulation

Model With the Process Design for the
Improved Baseline Case with Hydrogen Production by Steam

Reforming of Natural Gas Option
.... .....

'U"04

ROM Coal Feed Rate, MTSD (dry) 23.301 23.299 0.002 0.01
Coal cleaning Refuse Rate, MTSD 4.660 4.659 0.001 0.02
Ash Production Rate, MTSD 2.940 2.920 0.020 0.70
Natural Gas Rate, MMMBTU/SD 274.534 281.145 -6.611 -2.35
Electricity Purchase, MEGA-WH/SD -1052.52 -1043.01 -9.504 0.91
Raw Water Make-up, MMGSD 19.795 19.793 0.002 0.01
Naphtha Production, MBSD 18.582 18.519 0.063 0.34
Lt. Dist. Production, MBSD 7.416 7.403 0.013 0.18
Hvy. Dist. Production, MBSD 27-628 27.590 0.038 0.14
Gas Oil Production, MBSD 21-395 21.370 0.025 0.12
Liquid Propane Production, MBSD 3.890 3.884 0.006 0.15
Mixed Butanes Production, MBSD 2.244 2.230 0.014 0.63
Ammonia Production, Mtsd 0.261 0.266 -0.005 -1.99
Phenol Production, MTSD 0.049 0.049 0.000 0.00
Sulfur Production, MTSD 0.459 0.458 0.001 0.13

Number of Operators/Boardmen 272 272 0.000 0.00'
Tot. Installed Capital, $MM (E-yr) 2714.6 2724.5 -9.898 -0.36

Plant Costs, MM$
1. Coal Cleaning 142.080 142.1 0.0 -0.01
1.4 Crushing and Drying 159.890 160.0 -0.1 -0.07
2 Liquefaction 1412.569 1412.6 0.0 -0.00
3 Gas Plant 38.996 38.9 0.1 0.25
4 Naphtha Hydrotreater 22.474 22.5 0.0 -0.12
5 Gas Oil Hydrotreater 136.994 137.0 0.0 -0.00
6 H2 Recovery 214.817 214.7 0.1 0.05

68.9 -0.1 -0.08
9 H2 from Coal --- 0.0
9.1 H2 from Natural Gas 367.289 371.3 -4.0 -1.08
10 Air Separation --- 0.0
11 Sulfur 49.813 55.7 -5.9 -10.57
38 Ammonia Recovery 69.929 70.3 -0.4 -0.53
39 Phenol Recovery 30.904 30.5 0.4 1.32

TOTAL 2714.602 2724.5 -9.9 -0.36
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11-.4- ASPEN/SP Kinetic Reactor Mod -ling of the- Improved- Baseline Design

The ASPEN/SP coal liquefaction reactor kinetic model that has been described in Section
12 of the "Task V Topical Report: Process Simulation Model for Baseline and Options,"
December, 1992 was modified so that it also would simulate the improved baseline design
case.

Because of the space velocity and yield differences between the original and improved
designs, some changes were made to the original Fortran source code. The Fortran
source code listing given in Appendix N, "ASPEN/SP Fortran User Block Models for the
Kinetic Reactor Model" in the appendices to the Task V Topical Report contains these
revisions. Some of these changes are incompatible with what is required to simulate the
original baseline design. In this situation, the code required for simulating the improved
baseline design has been converted to comments by placing the "CV characters in
columns 1 and 2. When it is desired to simulate the improved baseline design, the "C%"
characters should be replaced by spaces and the lines containing the material specifically
for the original baseline design should be converted to comments. These changes only
have to be made in two subroutines, USR2S2 and USR2YF. In subroutine USR2S2, only
two lines need to be changed, and they deal with the catalyst replacement rate
calculations for the second reactor. DATA statements in subroutine USR2YF contain the
first and second reactor yields, and since only one DATA statement can be used to
initialize a variable, the other one must be converted to comments. Thus, the appropriate
DATA statements for variables A and B must be activated when simulating the improved
baseline design.

Naturally, when simulating the original baseline design, the above Fortran source code
modifications should be undone.

After the above Fortran source code changes have been made, the USR2G.FOR file
should be recompiled with the "F77 USR2G" command as described in Section 12.12 of
the Task V Topical Report.

Since the flow rates and compositions of the streams entering and leaving the coal
liquefaction reactors are different for the improved baseline design case, a different input
file is required to simulate this case. This input file is shown in Appendix B. The
improved baseline design is simulated as described in Section 12.12 of the Task V Topical
Report except the T2V2HSV.INP file is selected instead of the T2V2S.INP file.

Table 11.3 shows the key results of the simulation of the improved baseline design. The
coal feed rate is 4125.6 short tons/day per train or 16502 short tons/day. The results
shown in Table 11.3 are similar to those of the original baseline design except that the
bed exotherms and the gas and liquid velocities are slightly higher, and there is less
catalyst in each reactor.
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Table 11.3

Kinetic Model: Key Results for the
Improved Baseline Design

ea*

ID (excluding refractory), ft. 15 15
Refractory Thickness, in. 6 6
Weight, short tons 1295 1295
Gas Velocity, fps 0.139 0.185
Total Liquid Velocity, fps 0.119 0.109
Bed Height, ft.:

Settled 34.1 34.1
Expanded 77.0 77.0

Reactor Average Temp., OF 810 760
Bed Exotherm, OF 341 __ Ojj

Note
Total Coal Rate: 16,503 tons/day MAF

Number of Reactor Trains = 4

Catalyst:
Average diameter = 0.083 in.
Length = 0.240 in.
Equivalent spherical diameter 0.135 in.
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12. Overall Raw Material, Catalyst and Chemical Costs (Improv d Bas line)

Raw Materia

The raw material for this plant is ROM coal. The amount of coal required for the entire
complex is 32,552 TPSD (MF basis), and the unit cost for ROM coal on MF basis is
$20-50 (reference Coal Week, March 9, 1992).

Catalyst and Chemicals Costs

The catalyst and chemicals costs for the entire complex are presented in Table 12.1
below. This table presents the costs are presented in two ways; 1) as a part of the
variable operating costs, and 2) as a part of the fixed capital costs (initial catalysts and
chemicals).

Table 12.1
CATALYSTS AND CHEMICALS COST

Cost Per Year
Plant Number Description of Plant Thousand Dollars

(1) (2)
1 Coal Cleaning and Handling 455 338
2 Coal Liquefaction Plant 77,971 24,900
3 Gas Plant 24 20
4 Naphtha Hydrotreater 72 234
5 Gas Oil Hydrotreater 611 1,988
6 Hydrogen Purification 33 165
8 Critical Solvent Deashing Unit 88 373
9 Hydrogen Production by Coal 0 0

Gasification 2,395 7,730
10 Air Separation 0 0
11 By-Product Recovery 868 1,800
31 Steam and Power Generation 112 30
32 Raw Cooling and Potable 0 0

Water Systems 3,662 981
34 Sewage and Effluent Water 358 94

Treatment 0
38 Ammonia Recovery 435 148
39 Phenol Recovery 38 14

Total 87,120 38,816

Note:
(1) Catalysts and chemicals cost per year as a part of variable operating costs
(2) Initial catalyst and chemicals cost as a part of capital costs
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13. Product Valuation

The coal liquid products were valued by utilizing Bechtel's linear programming modeling
tool, PIMS (Process Industry Modeling Systems). A typical PAD 11 refinery configuration
and crude mix with a fixed price were assumed. Also, it was assumed that the coal liquid
naphtha (C5-3500F) was sent to a reforming unit, the light distillate (350-4500F) was used
for blending (diesel and fuel oil), the heavy distillate (450-6500F) was used for diesel and
fuel oil blending and was also used as FCCU feed, and the vacuum gas oil (650-8500F)
was used as fuel oil blending stock and FCCU feed. The product valuation was then
determined for various scenarios and expressed as "Syn-Crude Premium" (SCP). The
SCPs varied between 1.07 and 1.27.
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14. Overall Utility Unit Prices and Consumptions (Improved Baselin

The overall utility unit prices are the same as they are for the baseline design study
and are shown below in Table 14.1

Table 14.1

Raw Material and Utility Pricing

Item Cost

Feed Coal 20.50 (1) $/s. ton

Flaw Water 0.10(2) $/Mgal

Natural Gas 2.00 (3) $/MMBTU

(1) Coal Week, March 9,1992
(2) Typical price for raw water in Southern Illinois
(3) General consensus between Amoco, Bechtel and DOE/PETC

The overall utility balance for the improved baseline and improved baseline with natural
gas reforming option for hydrogen production are shown in Table 14.2 below.

Table 14.2

Overall Utility Consumptions

Improved Baseline Improved Baseline
with Natural Gas Reformin

Water, gpm 11,710 13,375

Natural
gas, MMBTU/hr 3,497 3,461

This does not include the natural gas requirement for the reformer plant to
product hydrogen.
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15. Overall Labor R quir ments; and Rates (improved Baseline)

15.1 Staffing Plan

The overall staffing plan for the liquefaction complex is based on the following
assumptions:

The complex is operated by a major oil company with support from corporate
engineering

Process plants are divided into 5 areas with dedicated maintenance for each area

Contract maintenance will be utilized during any plant turn-around and other non-

routine maintenance

The complex is operated from one central control house, except for shipping and

loading

15.1.1 Improved Baseline

The staffing plan for the entire complex is shown in various figures. Figure 15.1 is the

overall plant management chart. Figures 15.2 through 15.7 respectively present the

organization chart and personnel for the 1) laboratory, 2) operations, 3) engineering, 4)

environmental health, safety and security, 5) administration and 6) maintenance.

15.1.2 Improved Baseline Plus Option 6

For this case the manpower requirement changes only for the operating organization.

Therefore the numbers in Figure 15.3 is the only one which undergo change. Figure 15.8

shows the results of such changes. These changes in operators requirement are due to

the difference in number of trains of various plants.
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15.2 Bas Wages and Salaries

The base wages and salaries for the improved baseline is the same as they are for the
baseline. These are shown in Table 15.1 below.

The numbers shown in this table are the same for both the improved baseline and the
improved baseline with option 6 (natural gas reforming for hydrogen production) cases.

Table 15.1

Base Wages and Salaries

Annual Salary
Category Dollars

Plant Manager 94,000
Functional Manager 83,000
Shift Leader (Engineers/Chemists) 72,000
Area Supervisor 64,000
Area Engineers 56,000
Engineers 49,600
Adm. Secretary (Plant Manager) 27,000
Adm. Secretary (Functional Manager) 24,000
Secretary 21,500

Hourly Rate
crafts Dollars

Insulators 23.23
Painters 19.30
Plumbers & Gas Fitters 19.20
Sheet Metal Worker 18.55
Steam Fitters 21.59
Boilermakers 21.15
Carpenters 19.41
Electrici ns 22.17
Masons 19.65
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16. Ov rall Product/By-product Values (improved Baseline)

Eroduct

The in-depth discussion on product values is included in Section 13 of this report.
The product valuations (expressed as syncrude premium) range from 1.07 to 1.27.
The upper (1.27) and lower limits (1.07) will be utilized in the economics section.

By-product

The by-products for this complex are sulfur, ammonia, phenol, propane and mixed
butanes. The production rate of these streams for the improved baseline case and
their respective prices are shown below.

Table 16.1

By-product Values

Production
Rate Price

Sulfur 858.8 STPD $80/ton
Ammonia 276.6 STPD $120/ton
Phenol 38.5 STPD $400/ton
Propane 3884 l3PSD $7.50/bbl
Mixed Butanes 2230 l3PSD $14.50/bbi
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17. Economics

The economic analysis to determine the Crude Oil Equivalent price (COE) in $/bbI was
carried out by using the LOTUS 1-2-3 based spreadsheet model developed by Amoco.
There were several key assumptions made in carrying out this analysis.

17.1 Key Assumptions

Project Start Date January, 1992
Years of construction 4
Years of operation 25
Depreciation, Years 10
Maintenance, % initial capital 1
Working capital, % revenue 10
Working capital, % liquid 50
Owner's cost, % initial capital 5

first year operation
Bank interest rate 8
Federal income tax rate, % 34
Percent equity 25
Percent IRR on equity 15
General inflation % 3
Raw material price escalation same as general

inflation of 3%
State Tax 0
SCP 1.07

17.2 Results

The results of the economic analysis are presented separately for the improved baseline
and improved baseline with the best options. Such results are shown in Tables 17.1 and
17.2, respectively. They were obtained at 15% IRR on equity. Each of these two tables
have three sections. These are: 1) Model Input Section (based on overall plant material
balance), 2) Input Data Relating to Key Assumptions, Construction, Schedules, and Feed
And Product Costs, and 3) Results Summary.

As shown in Table 17.1, the improved baseline requires an equivalent crude oil price of
$33.45/bbl. For the best option where hydrogen is generated by natural gas reforming,
the Crude Oil Equivalent price is $31.00/bbi (as shown in Table 17.2).
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Table 17.1
Economic Analysis of Improved Baseline Case

Model Input (based on overall plant material balancp)

ROM coal feed rate, MTSD(1) 32.6
Coal cleaning refuse rate, MTSD(1) 6.5
Ash production rate, MTSD(1) 3.2
Natural Gas rate, MMMBTU/SD 83.93

Electricity purchase, MEGA-WH/SD 0.00
Raw water make-up, MMGSD 16.9
Naphtha production, MBSD 18.52
Light Distillate production, MBSD 7.40

Heavy Distillate Production, MBSD 27.59
Gas oil production, MBSD 21.37
Liquid propane production, MBSD 3.88
Mixed Butanes production, MBSD 2.23

Ammonia production, MTSD(1) 0.28
Phenol production, MTSD(1) 0.04
Sulfur production, MTSD(1) 0.86
Number of operators/ board men 420

Total installed capital, $MM (E-yr) 3531.9 Mid-1991 $
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TABLE 17.1 - continued

Input data relating to key assumptions,
construction schedule, and feed and product costs

Total installed capital, $MM (base year) 3584.5
Operating Factor, percent 88.4
Percent plant operational, 1st yr. 100.0
Percent plant operational, 2nd yr. 100.0

Percent Plant operational, 3rd yr. 100.0
Refuse Disposal Cost, $/S-ton (base yr) 2.00
Ash Disposal cost, $S-ton (base yr) 5.00
Catalyst & Chemicals f(prod), $MM/MBSD (base yr) 1.16*

Operator pay rate, $/op./hr. (base yr) 20.50
Overhead factor (benefits, etc) 1.40
Other labor costs, $MM/yr (base yr) 15.86
Maintenance, taxes & insurance % init. cap. 1.00

Sales, Admin., Research, $MM/yr (base yr) 0.0
Percent capital 1st yr. construction 20.0
Percent capital 2nd yr. construction 30.0
Percent capital 3rd yr. construction 30.0

Percent capital 4th yr. construction 20.0
Working capital percent revenue 10.0
Percent liquid of working cap. 50.0
Owner's cost, % init. cap., 1 st yr op. 5.00

ROM coal (MF) price, $/S-ton (base yr) 20.50
Natural gas price, $/MMBTU (base yr) 2.00
Electricity price, $/KWH (base yr) 0.050
Raw water, $/MGAL (base yr) 0.10

General inflation, percent/yr 3.00
Constr. cost index (CCI), %/yr 3.00
Coal escalation+, percent/yr 3.00
Crude oil escalation+, percent/yr 3.00

Natural gas escalation+, percent/yr 3.00
Naphtha syncrude prem. 1.07
Naphtha price, $1313L (base yr) 0.00
Light distillate syncrude prem. 1.04
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TABLE 17.1 - continued

Ught distillate price, $/BBL (base yr) 0.00
Heavy distillate syncrude prem 1.09
Heavy distillate price, $BBL (base yr) 0.00
Gas oil syncrude prem. 1.04

Gas oil price, $/BBL (base yr) 0.00
Liquid propane price, $/BBL (base yr) 7.50
Mixed butane price, $/BBL (base yr) 14.50
Ammonia price, $S-ton (base yr) 120.00

Mixed Phenol price, $/S-ton (base yr) 400.00
Sulfur price, $/short-ton (base yr) 80.00
Construction start = Jan 1 (base yr) 1992
Percent equity 25

Imputed interest rate, %/yr 0.00
Bank interest rate, percent/yr 8.00
Federal income tax rate, %/yr 34.00
State income tax rate, %/yr 0.00
Fixed cost, % init. cap. (0 = not used) 0.00

Term of loan, years (fixed) 10
Years of construction (fixed 4
Years of operation (fixed) 25
Depreciation, years (fixed) 10

Result Summary

Base year 1992
Total Capital $3584.5 MM
Syn Crude Premium 1.07
Crude Oil Equivalent (PADD 11) 33.45 $/BBL (base yr)

(1) Rates are in 1000 short tons per stream day

M = 1 OOOX
MM = 1000 X M
MMM = 1000 X MM

Calculated value
+ inflation included
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Table 17.23 Economic Analysis of Improved Baseline Case with the Best Option

3 Model Input (based on overall plant material balance)

ROM coal feed rate, MTSD( 1) 23.3
Coal cleaning refuse rate, MTSD( 1) 4.7
Ash production rate, MS()2.9
Natural Gas rate, MMMBTU/SD 281.16

U Electricity purchase, M EGA-WH/SD -1043.02
Raw water make-up, MMGSD 19.83Naphtha production, MBSD 18.52
Light Distillate production, MBSD 7.40

3Heavy Distillate Production, MBSD 27.59
Gas oil production, MBSD 21.37
Liquid propane production, MBSD 3.88

Mixed Butanes production, MBSD 2.23

Ammonia production, MTSD(') 0.27UPhenol production, MTSD( 1) 0.05
Sulfur production, MTSD(') 0.46
Number of operators/boardmen 272

Total installed capital, $MM (E-yr) 2724.5 Mid-1991 $
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TABLE 17.2 - continued

Input data relating to key assumptions,
construction schedule, and feed and product costs

Total installed capital, $MM (base year) 2765.1
Operating Factor, percent 88.4
Percent plant operational, 1st yr. 100.0
Percent plant operational, 2nd yr. 100.0

Percent Plant operational, 3rd yr. 100.0
Refuse Disposal Cost, $/S-ton (base yr) 2.00
Ash Disposal cost, $S-ton (base yr) 5.00
Catalyst & Chemicals, f(prod), $MM/MBSD (base yr) 1.16*

Operator pay rate, $/op./hr. (base yr) 20.50
Overhead factor (benefits, etc) 1.40
Other labor costs, $MM/yr (base yr) 15.86
Maintenance, taxes & insurance % init. cap. 1.00

Sales, Admin., Research, $MM/yr (base yr) 0.00
Percent capital 1st yr. construction 20.0
Percent capital 2nd yr. construction 30.0
Percent capital 3rd yr. construction 30.0

Percent capital 4th yr. construction 20.0
Working capital percent revenue 10.0
Percent liquid of working cap. 50.0
Owner's cost, % init. cap., 1st yr op. 5.00

ROM coal (MF) price, $/S-ton (base yr) 20.50
Nat. gas price, $/MMBTU (base yr) 2.00
Electricity price, $/KWH (base yr) 0.050
Raw water, $/MGAL (base yr) 0.10

General inflation, percent/yr 3.00
Constr. cost index (CCI), %/yr 3.00
Coal escalation+, percent/yr 3.00
Crude oil escalation+, percent/yr 3.00

Natural gas escalation+, percent/yr 3.00
Naphtha syncrude prem. 1.07
Naphtha price, $13131- (base yr) 0.00
Light distillate syncrude premium 1.04
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TABLE 17.2 - continued

Light distillate price, $/BBL (base yr) 0.00
Heavy distillate syncrude prem 1.09
Heavy distillate price, $BBL (base yr) 0.00
Gas oil syncrude prem. 1.04

Gas oil price, $/BBL (base yr) 0.00
Liquid propane price, $/BBL (base yr) 7.50
Mixed butane price, $/BBL (base yr) 14-50
Ammonia price, $S-ton (base yr) 120.00

Mixed Phenol price, $/S-ton (base yr) 400.00
Sulfur price, $/short-ton (base yr) 80.00
Construction start = Jan 1 (base yr) 1992
Percent Equity 25

Imputed interest rate %/yr 0.00
Bank interest rate, percent/yr 8.00
Federal income tax rate, %/yr 34.00
State income tax rate, %/yr 0.00
Fixed Cost, % initial capital (0 not used) 0.00

Term of loan, years (fixed) 10
Years of construction (fixed 4
Years of operation (fixed) 25
Depreciation, years (fixed) 10

Result Summary

Base year 1992
Total Capital $2765.10 MM
Syn Crude Premium 1.07
Crude Oil Equivalent (PADD 11) 31.00 $/BBL (base yr)

(1) Rates are in 1000 short tons per stream day

Note:
M = 1 OOOX
mm = 1000 X M
MMM = 1000 X MM

Calculated value
+ inflation included
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17.3 Sensitivities on Economics

The sensitivity analysis on economics was done to determine the impact of changes in
capital, raw material, owner's equity, price escalation (per EIA) on coal, natural gas and
crude oil, and syncrude premium, respectively. Results of this analysis are given in Table
17.3.

Table 17.3
Economic Results and Sensitivities

F- ECONOMICS

Improved Baseline $33.45/bbl

SENSITIVITIES

Rem Change A. $/bbi
0 Capital ± 10% ± 1.95

± 25% ± 4.95
0 Raw Material

Coal ± 25% ± 2.10
Natural Gas ± 25% ± 0.55

0 Owner's Equity 100% ± 3.05

0 Price Escalation, per EIA
Coal +1.6 -7.45
Natural Gas +3-5
Crude oil +2-9

10 Syncrude Premium +0.20 -5.35

Improved Baseline with H2 

-45:production from natural gas 2:

As shown in this table, a change in capital cost by 10% changes the Crude Oil Equivalent
price by $1.95/bbi and a 25% change causes a change of $4.95/bbi for the Crude Oil
Equivalent price. A 25% change in coal and natural gas price individually changes the
Crude Oil Equivalent price by $2.10/bbi and $0.55/bbl respectively.

The increase of owner's equity by 100% (25% to 50%) increases the Crude Oil Equivalent
price by $3.05/bbl.

When coal, natural gas and crude oil are individually allowed to escalate per EIA, instead
of at the fixed rate of 3% (inflation), the equivalent crude oil price decreases by 7-45/bbl.
The increase in syncrude premium to 1.27 results in a drop of the Crude Oil Equivalent
price by $5-35/bbl-
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18. Discussion

The study results presented in the various sections of this report are for an improved
baseline of this study, which are based on more recent data from the Wilsonville pilot
plant and are more relaxed than the baseline study. The precision and accuracy of the
study results (both improved as well as baseline): engineering, capital cost estimates and
economic evaluation are all subject to the scope and constraints of the study and the
assumptions made during execution of the study. A list of assumptions were followed
during the economic evaluation and they were the same for both cases. These
assumptions are included in Section 17 of this report. Besides them there are a number
of common inherent limitations for both cases of the study. Some of these common
limitations are discussed below:

Capital cost estimates were made with an accuracy of ± 30%. This level of
accuracy in cost estimates did not require a detailed engineering of plants.

Capital cost estimates were based on the "Nth plant" concept and the plant
operating factor were assumed to be the same as the "First plant". The "Nth plant"
assumes that the technology for direct liquefaction of coal is a mature technology
and that there are many similar plants already constructed and operating.
Therefore, the uncertainties regarding engineering, construction and operability of
a "Nth plant" are at a minimal level.

The valuation of the various product streams was achieved by introducing
syncrucle premium factor (SCP) which relates the coal liquefaction plant product
values to a typical crude oil in a PADD 11 refinery. Although SCP was determined
in a rigorous manner using the Bechtel proprietary linear programming (I-P)
refinery model, PIMS, this is not an exact number. The PIMS LP model was
developed based on a typical petroleum refinery located in PADD 11 making two
different product slates. The behavior of the coal liquid products in the refinery
was estimated based on the published properties and processing data of similar
coal liquids. Because availability of such data are limited at present, improvement
can only be achieved by having better characterization data of various streams.

Although the above mentioned limitations are inherent for the baseline as well as for the
improved baseline studies, comparisons of the results of the economic evaluation on
relative basis should be reasonably accurate.

With reference to ASPEN/SP modeling and modeling tools, the modeling package
developed for the improved baseline is an extension of what was developed for the
baseline. The modeling package developed for this study should be considered as a
research guidance tool, and not a detailed process design tool. It was designed only to
predict the effects of various process and operation changes on the overall plant material
and utility balances, operating labor, and capital costs.

Comparison of the model predictions for various feed and product rates for the ISI3L
plants as well as the capital costs for each ISBL plant with the corresponding numbers
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obtained during design and cost estimating are shown in Tables 11.1 and 11.2 of this
report. Table 1-1.1 compares such results for the improved baseline whereas Table 11.2
shows the comparison for the improved baseline with hydrogen production by steam
reforming of natural gas option. These comparisons demonstrate that the model predicts
reasonably well the capital costs of each ISBL plants as well as the feed and product flow
rates of each ISBL plants.

In conclusion, the increase in coal space velocity through the liquefaction reactor has a
definite economic incentive. The results on the economic evaluation for the improved
baseline have demonstrated that the Crude Oil Equivalent (COE) price could be reduced
by $5. 10 per barrel when the coal space velocity (lb MAF coal/hr/lb catalyst) is increased
from 1.12 (baseline) to 1.95 (improved baseline). Such a reduction in COE price is
realizable because this increase in space velocity increases the feed coal processing rate
to the complex by about 12% with a lesser number of coal liquefaction reactors (4 trains
for the improved baseline design case, as opposed to 5 similar trains for the baseline
design case). A further reduction of $2.45 per barrel on COE could be achievable by
allowing hydrogen to be produced by natural gas reforming.

Besides economics, the modeling tools developed during this study predict reasonably
well the capital costs, and feed and product flow rates through each ISBL plants.
Moreover, the modeling tools should be considered as a research guidance tool, and not
a process design tool.
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ASPEN/SP PROCESS SIMULATION MODEL INPUT

FILE FOR THE IMPROVED BASELINE DESIGN CASE

NEW

File: OPT8.INP

TITLE 'OPT8 - DIRECT COAL LIQUEFACTION - HIGH SPACE VELOCITY CASE'

DESCRIPTION &
"ASPEN/SP INPUT FILE FOR SIMULATING THE HIGH SPACE VELOCITY DESIGN
FOR THE COAL LIQUEFACTION PLANT UNDER THE NTH PLANT SCENARIO. WITH
A MINOR CHANGE, THIS FILE ALSO CAN SIMULATE THE HYDROGEN PRODUCTION
BY STEAM REFORMING OF NATURAL GAS. THE NAPHTHA REFORMING OPTION
ALSO CAN BE RUN BY ANOTHER MODIFICATION TO THIS INPUT FILE."

NOTES:
1. The dry clean coal feed rate to the Plant 2 coal liquefaction

reactors is set in the design specification DES-SPEC COALFLO.
2. Hydrogen production by steam reforming of natural gas with an

FBC unt is activated by variable N9 in Fortran block OPTION6.
When N9 = 1, this option is invoked.
FOR THE HIGH SPACE VELOCITY CASE WITH THIS OPTION

o Force 6 trains in Plant 1, the coal cleaning plant, by
setting INT 3 in block Pl-BASE to 6.

3. Option 7 (naphtha reforming) is activated in Block S7 by
sending all the hydrotreated naphtha to Plant 7 rather than
to the product PNAHTHA.

4. The costing logic is controlled by switches in Fortran block
SUMMARY.

Last revision - January 19, 1993.

Prepared under DOE contract no. DE-AC22 90PC89857.

IN-UNITS ENG
OUT-UNITS ENG
HISTORY-UNITS ENG
RUN-CONTROL MAX-ERRORS=100

The following two lines are used with V8.0 to produce the overall
and block elemental balances.

;REPORT ATOMBAL
;BLOCK-REPORT ATOMBAL

HISTORY MSG-LEVEL PROPERTIES=2
MAX-PRINT PROPERTIES=100 SIMULATION=2000

FKUrtKlitS SYSOP2 GLOBAL

PSEUIO-COMPS
METHOD METCCOAL -1 -1 -1 -1 -1 -1 -1 -1 -1 -1 -1 -1 -1 -1 -1 -1 -1 -1 &

-1
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I; The following APIs and MWs are revised from the ASPEN/SP predictions.
;Component 11000+ is the 1000+ F material leaving the second coal

liquefaction reactor in Plant 2.IComponent 11000+ is the 1000+ F intermediate material leaving the
first coal liquefaction reactor in Plant 2.

COMPONENT 1125 TBP=324.82 <K> API=67.91 MW= 82.27
COMPONENT 1175 TBP=352.59 <K> API=61.99 MW= 92.77UCOMPONENT T225 IBP=380.37 <K> API=56.21 MW=102.84
COMPONENT 1275 TBP=408.15 <K> API=50.60 MW=112.50
COMPONENT 1325 TBP=435.93 <K> API=45.18 MW=121.82
COMPONENT T375 TBP=463.71 <K> API=39.96 MW=130.86
COMPONENT 1425 TBP=491.48 <K> API=34.96 MW=139.75
COMPONENT T475 TBP=519.26 <K> API=30.19 MW=148.603COMPONENT 1525 TBP=547.04 <K> API=25.66 MW=157.54
COMPONENT 1575 TBP=574.82 <K> API=21.39 MW=166.69
COMPONENT 1625 TBP=602.59 <K> API=17.38 MW=176.16
COMPONENT 1675 TBP=630.37 <K> API=13.66 MW=186.05ICOMPONENT 1725 TBP=658.15 <K> API=10.23 MW=196.44
COMPONENT 1775 TBP=685.93 <K> API= 7.09 MW=207.37
COMPONENT 1825 TBP=713.71 <K> API= 4.27 MW=218.85'ICOMPONENT 1875 TBP=741.48 <K> API= 1.78 MW=230.87
COMPONENT 1925 TBP=769.26 <K> API=-0.39 MW=243.37
COMPONENT 1975 TBP=797.04 <K> API=-2.22 MW=256.24
COMPONENT 11000+ TBP=824.82 <K> API=-3.69 MW=269.33COPNNI15 TP348 K P=79 W 22
COMPONENT P125 TBP=32.8 <K> API=67.91 MW= 82.277

COMPONENT P225 TBP=380.37 <K> API=56.21 MW=102.84ICOMPONENT P275 TBP=408.15 <K> API=50.60 MW=112.50
COMPONENT P325 TBP=435.93 <K> API=45.18 MW=121.82
COMPONENT P375 TBP=463.71 <K> API=39.96 MW=130.86
COMPONENT P425 IBP=491.48 <K> API=34.96 MW=139.75
COMPONENT P475 IBP=519.26 <K> API=30.19 MW=148.60
COMPONENT P525 IBP=547.04 <K> API=25.66 MW=157.545COMPONENT P575 TBP=574.82 <K> API=21.39 MW=166.69
COMPONENT P625 TBP=602.59 <K> API=17.38 MW=176.16
COMPONENT P675 TBP=630.37 <K> API=13.66 MW=186.05
COMPONENT P725 TBP=658.15 <K> API=10.23 MW=196.44
COMPONENT P775 TBP=685.93 <K> API= 7.09 MW=207.37ICOMPONENT P825 TBP=713.71 <K> API= 4.27 MW=218.85
COMPONENT P875 TBP=741.48 <K> API= 1.78 MW=230.87
COMPONENT P925 TBP=769.26 <K> API=-0.39 MW=243.37
COMPONENT P975 TBP=791.04 <K> API=-2.22 MW=256.24
COMPONENT P1000+ TBP=824.82 <K> API=-3.69 MW=269.33
COMPONENT 11000+ TBP=825.00 <K> API=-4.00 MW=275.00

COMPONENT REFORMAT TBP=390.00 <K> API=38.25 MW'=100.0O

COMPONENTS H2 H2 / N2 N2 / 02 02 / H2S H2S / CO CO / C02 CO2 /NH3 H3N/
C26CH 38CH CHOCHO2/N41 41-L-SULFUR SULFUR / H20 H20 / HCL HCL / COS COS / CH4 CH4/
IC5H12 C5H12-2 / NC5H12 C5H12-1/

Pseudocomponents
T125 /T175 /T225 /T275 /T325 /T375 /T425 /T475/
1525 /T575 T 625 T 675 /T725 /T775 /T825 T 875/
1925 /T975 / 1100+ /
P125 /P175 /P225 / P275 /P325 /P375 /P425 /P475/
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UP525 /P575 /P625 / P675 / P725 / P775 /P825 /P875/
P925 /P975 /P1000+ I 1000+ / REFORMAT/

Non-conventional components

COAL /URCOAL / SLAG

FORMULA H2 H2/N2 N2 /02 02/H2SH2 /CO CO/C02 C02/NH3 H3N/
L-SULFUR S /H20 H20 /HCL HCL / COS COS /CH4 CH4/
C2H6 C2H6 /C3H8 C3H8 /NC4H1O C4H1O / IC4H1O C4H1O/
NC5H12 C5H12 / 1C5H12 C5H12

I; Load the liquid sulfur (L-SULFUR) physical properties as taken from
;DIPPR - MW adjusted to be consistent with ASPEN.

PROP-DATA IN-UNITS SI
PROP-LIST MW / TC / PC / VC / ZC
PVAL L-SULFUR 32.06 /1313.0 /1.8208E+7 /0.15800 /0.2640
PROP-LIST MUP /OMEGA / TB / RGYR
PVAL L-SULFUR 0.0 /0.2624 / 717.82 / 0.0
PROP-LIST DELTA / DGFORM / DHORM
PVAL L-SULFUR 2.0245E+4 /2.3825E+8 / 2.7880E+8
PROP-LIST CPIG
PVAL L-SULFUR 2.5639E+4 -7.9870 4.7860E-3 -9.5700E-7 0.0 0.0 &

273.15 1500.0 0.0 87.113 1.0

Load the solubility parameter for COS from the API Tech Data Book.
PROP-LIST DELTA
PVAL COS 18179.0

I Reset some component molecular weights to be consisitent with the
following elemental atomic weights, where needed.
H=1.0079, C=12.011, 0=15.9994, N=14.0067, S=32.06 & C1=35.453IPROP-LIST MW

PVAL H2 2.0158
PVAL N2 28.0134
PVAL 02 31.9988
PVAL H2S 34.0758
PVAL CO 28.0104
PVAL C02 44.0098
PVAL NH3 17.0304
PVAL H20 18.0152
PVAL HCl 36.4609
PVAL COS 60.0704
PVAL CH4 16.0426
PVAL C2H6 30.0694
PVAL C3H8 44.0962PVLI41 813
PVAL IC4H1O 58.1230
PVAL NC4H1O 58.1230
PVAL IC5H12 72.1498

Set the specific gravities of H2, CO, C02, NH3, H2S, N2 and COS to
the values given in the API Technical Data Book - Petroleum Refining.

PROP-LIST SPGR
PVAL H2 0.3000
PVAL CO 0.3000
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IPVAL NH3 0.6162
PVAL H2S 0.8014
PVAL N2 0.8094IPVAL COS 1.0200

ATTR-COMPS COAL PROXANAL ULTANAL SULFANAL AOXANAL
ATTR-COMPS URCOAL PROXANAL ULTANAL SULFANAL AOXANAL
ATTR-COMPS SLAG PROXANAL ULTANAL SULFANAL AOXANAL

NC-PROPS COAL ENTHALPY HCOALGEN/
DENSITY DCOALIGT

NC-PROPS URCOAL ENTHALPY HCOALGEN/
DENSITY DCHARIGTINC-PROPS SLAG ENTHALPY HCOALGEN/
DENSITY DCHARIGT

DEF-STAMS MIXNC, ALL

Set an initialDGUESS for the ROM COAL stream to Plant 1.
STREAM ROMCOAL

SUBTREM MXEDTEMP = 71.0 PRES = 14.7I MASS-FLOW H20 24798.0
SUBSTREAM NC TEMP = 71.0 PRES = 14.7

MASS-FLOW COAL 285035.0 / URCOAL 0.0 / SLAG 0.0
COMP-ATTR COAL PROXANAL (0.0 42.06 36.24 21.70)/

ULTANAL (21.7 61.1 4.2 1.2 0.1 5.1 6.6)/
SULFANAL (3.0 0.3 1.8) /I AOXANAL (43.8 17.1 24.1 0.8 0.1 5.6 1.0 0.6 2.1 4.1)

;Fake the URCOAL properties.
COMP-ATIR URCOAL PROXANAL (0.0 19.197 16.549 64.254)/V ULTANAL (64.254 29.914 0.185 1.304 0.0 4.267 0.076)/

SULFANAL (2.507 0.253 1.507) /
AOXANAL (43.8 17.1 24.1 0.8 0.1 5.6 1.0 0.6 2.1 4.1)

;Fake the SLAG properties.
COMP-ATTR SLAG PROXANAL (0.0 10.0 0.0 90.0)/

ULTANAL (90.0 10.0 0.0 0.0 0.0 0.0 0.0)/
SULFANAL (0.0 0.0 0.0) /
AOXANAL (42.0 17.0 23.0 1.0 1.0 6.0 2.0 1.0 3.0 4.0)

;Set an initial GUESS for the fresh make-up H2 stream to Plant 2.
;Assume the make-up H2 contains 1.396 wt% nitrogen.

STREAM 2-H2IN
SUBSTREAM MIXED TEMP = 100.0 PRES = 3440.05 MASS-FLOW H2 70300.0 / N2 980.0

Set an initial GUESS for the total water feed streams (both steam
and wash water) to Plant 2.I, STREAM 2-H2OIN
SUBSTREAM MIXED TEMP = 126.0 PRES = 3200.0

MASS-FLOW H20 1073000.0

Set an initial GUESS for the ROSE EXTRACT stream to Plant 2.
STREAM ROSE-XTR

SUBSTREAM MIXED TEMP = 300.0 PRES = 3215.0

MASS-FLOW T675 332.2 / T725 332.2 / T775 332.2/5 A-4



T825 332.2 T875 668.8 / T925 700.6
T975 668.8 T1000+ 497957.0

Set an initial GUESS for the SOLVENT stream to Plant 2. The user
Fortran block model for Plant 2 does not require any solvent, but
the input stream is required. Thus, set a small H20 flow to avoid
ASPEN warnings.

STREAM SOLVENT
SUBSTREAM MIXED TEMP = 500.0 PRES = 500.0
MASS-FLOW H20 1.0

Set an initial GUESS for the 2S-BOTTS stream leaving Plant 2.
STREAM 2S-BOTTS

SUBSTREAM MIXED TEMP 688.0 PRES = 28.0
MASS-FLOW H20 0.0
T825 380.0 T875 3365.0
T925 3365.0 T975 3365.0 T1000+ 642440.0

SUBSTREAM NC TEMP = 688.0 PRES = 28.0
MASS-FLOW COAL 0.0 / URCOAL 254475.0

Set an initial GUESS for the H2 stream to Plant 4.
Assume the make-up H2 contains 1.396 wt% nitrogen.

STREAM 4-H2IN
SUBSTREAM MIXED TEMP = 70.0 PRES = 500.0
MASS-FLOW H2 1400.0 / N2 19.0

Set an initial GUESS for the H20 stream to Plant 4.
STREAM 4-H20IN

SUBSTREAM MIXED TEMP = 70.0 PRES = 50.0
MASS-FLOW H20 18770.

Set an initial GUESS for the H2 stream to Plant 5.
Assume the make-up H2 contains 1.396 wt% nitrogen.

STREAM 5-H2IN
SUBSTREAM MIXED TEMP = 70.0 PRES = 500.0
MASS-FLOW H2 17000.0 / N2 279.0

Set an initial GUESS for the H20 stream to Plant 5.
STREAM 5-H20IN

SUBSTREAM MIXED TEMP = 70.0 PRES = 50.0
MASS-FLOW H20 36382.0

Set an initial GUESS for the pseudo sour H20 from Plant 6.
STREAM 6S-SH20

SUBSTREAM MIXED TEMP = 60.0 PRES = 14.7
MASS-FLOW NH3 2830.0

Set an initial GUESS for the H20 stream to Plant 9.0.
STREAM 9-H20IN

SUBSTREAM MIXED TEMP = 70.0 PRES = 14.7
MASS-FLOW H20 967545.0

Set an initial GUESS for the STEAM stream to Plant 9.0.
STREAM 9-STEMIN

SUBSTREAM MIXED TEMP = 450.0 PRES = 500.0
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MASS-FLOW H20 167545.0

Set an initial GUESS for the OXYGEN stream to Plant 9.0.
STREAM 9-02IN

SUBSTREAM MIXED TEMP = 80.0 PRES = 300.0
MASS-FLOW 02 743531.0 / N2 3269.0

Set an initial GUESS for the AIR stream to Plant 10.
STREAM 10-AIRIN TEMP = 70.0 PRES = 14.7

MASS-FLOW 02 743531.0 / N2 2463614.0

Set an initial GUESS for the CH4 stream to Plant 9.1.
STREAM NAT-GAS

SUBSTREAM MIXED TEMP = 70.0 PRES 100.0
MASS-FLOW CH4 307352.

Set an initial GUESS for the STEAM stream to Plant 9.1.
STREAM STEAM

SUBSTREAM MIXED TEMP = 620.0 PRES = 500.0
MASS-FLOW H20 864428.

Model Connectivity
------------------

FLOWSHEET COAL
Plant M1 is the clean coal outlet streams mixer.

Stream 1S-CCOAL is the combined outlet clean coal product stream.
Plant M2 is the middling coal outlet streams mixer.

Stream 1S-XMID is the combined outlet middling coal product stream.

Plant M-2HYD is the mixer to combine H2 streams for Plant 2.
Stream 2-H2MIX is the combined H2 stream from 6.1, 6.2, & source.

Plant M3 is the refuse outlet streams mixer.
Stream 1S-REFSE is the combined outlet refuse product stream.

Plant M38 is the sour water mixer.
Stream 38-FEED is the combined sour water streams to Plant 38.

Plant M4 is the waste water outlet streams mixer.
Stream 1S-WATER is the combined outlet waste water product stream.

Plant M-462 is the mixer to combine H2 streams for Plant 6.2.
Stream 62-HYD is the combined H2 stream from Plants 2 & 4.

Plant M-561 is the mixer to combine H2 streams for Plant 6.1.
Stream 61-HYD is the combined H2 stream from Plants 2 & 5.

Plant M-6GAS is the heater to combine sour gas streams for Plant 11.
Stream 6-SGAS is the combined sour gas stream from Plants 6.1 & 6.2.

Plant M-73 is the mixer to combine H2 gas streams for Plant 3.
Stream 3-GAS is the combined H2 gas stream from Plant 3.

Plant M-HYD is the mixer (flash2) to combine H2 streams for M-2HYD.
Stream H2MIX is the combined H2 stream from Plants 6.1 & 6.2'
Stream DUMMY is the dummy vapor stream that contains no flow*

Plant M-NAP is the mixer to combine naphtha streams for Plant 4.
Stream 4-FEED is the combined naphtha stream from Plants 2 & 6.2.

Plant M-PNAP is the mixer to combine product naphtha streams.
Stream PS-NAPH is the combined naphtha stream from Plants 4 & 5.

Plant Pl-ALT1 is the Coal Cleaning and Preparation Plant - ALT CASE 1.
Stream IS12 is the outlet clean coal product stream.
Stream IS13 is the outlet middling coal product stream.
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Stream IS14 is the outlet refuse product stream.
Stream 1S15 is the outlet waste water product stream.

Plant Pl-ALT2 is the Coal Cleaning and Preparation Plant - ALT CASE 2.
Stream 1S22 is the outlet clean coal product stream.
Stream 1S23 is the outlet middling coal product stream.
Stream 1S24 is the outlet refuse product stream.
Stream 1S25 is the outlet waste water product stream.

Plant Pl-BASE is the Coal Cleaning and Preparation Plant - BASE CASE.
Stream 1S02 is the outlet clean coal product stream.
Stream 1S03 is the outlet middling coal product stream.
Stream 1S04 is the outlet refuse product stream.
Stream 1S05 is the outlet waste water product stream.

Plant P14 is the Coal Grinding and Drying Plant.
Stream COALT02 is the outlet clean coal product stream.
Stream 14S-XMID is the outlet middling coal product stream.
Stream 14S-REF is the outlet refuse product stream.
Stream 14S-WAT is the outlet waste water product stream.

Plant P02 is the Coal Liquefaction Plant.
Stream 2-H2MIX is the hydrogen feed stream.
Stream COALT02 is the clean coal feed stream.
Stream SOLVENT is the solvent feed stream. This stream is used to

supply the steam required to Plant 2.
Stream ROSE-XTR is the deashed product stream.
Stream 2-H2OIN is the water feed stream to the liquefaction unit.
Stream 2S-GAS is the HP gas product stream going to Plant 6.1.
Stream GASES is the LP gas product stream going to Plant 6.2.
Stream NAPHTHA is the naphtha product stream.
Stream GAS-OIL is the gas-oil product stream going to Plant 5.
Stream 2S-BOTTS is the bottoms stream going to Plant 8.1.
Stream 2S-SH20 is the sour water product stream.

Plant P03 is the Gas Plant.
Stream 3S-SGAS is the sour off-gas product stream.
Stream 3S-FGAS is the fuel, gas product stream.
Stream 3S-PROP is the C3 product stream.
Stream 3S-BUT is the C4s product stream.
Stream 3S-OIL is the lean-oil product stream to M-NAP.
Stream 3S-SH20 is the product sour water stream.

Plant P04 is the simplified model for plant 4, the naphtha hydrotreater.
Stream 4-H2IN is the hydrogen feed stream.
Stream 4-H20IN is the water feed stream.
Stream 4S-GAS is the hydrotreater off-gas product stream.
Stream 4S-NAPH is the hydrotreated naphtha product stream.
Stream 4S-SH20 is the hydrotreater sour water stream.

Plant P05 is the simplified model for plant 5, the gas-oil hydrotreater.
Stream 5-H2IN is the hydrogen feed stream.
Stream 5-H20IN is the water feed stream.
Stream 5S-HPGAS is the hydrotreater hi-pressure purge gas stream.
Stream 5S-LPGAS is the hydrotreater other gases stream.
Stream 5S-NAPH is the hydrotreated C6-350 F naphtha product stream.
Stream P350-450 is the hydrotreated 350 - 450 F product stream.
Stream P450-650 is the hydrotreated 450 - 650 F product stream.
Stream P650-850 is the hydrotreated 650 - 850 F product stream.
Stream 5S-SH20 is the hydrotreater sour water stream.

Plant P61 is the model for the Hydrogen purification by Membrane
Separation Plant, Plant 6.1.
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Stream 61-HYD is the feed stream to the H2 purification plant.
Stream H2-RICH is the purified H2-rich product gas stream.
Stream SOUR-GAS is the sour gas product stream.
Stream P61-GAS is the reject (non-permeate) product gas stream.

Plant P62 is the model for the Hydrogen purification by Pressure
Swing absorption Plant, Plant 6.2.

Stream 62-HYD is the mixed gas feed stream to the PSA hydrogen
purification plant.

Stream P61-GAS is the reject gas stream from Plant 6.1, the high
pressure section of Plant 6, the hydrogen purification by
membrane permeation section.

Stream H2-2RICH is the purified h2-rich product gas stream.
Stream SOUR-2GS is the sour gas product stream.
Stream GAS-OUT is the reject product gas stream.
Stream NAPHTHA2 is the liquid raw naphtha product stream.

Plant P07 is the simplified model for Plant 7, the naphtha reformer.
Stream 7-NAPH is the naphtha feed stream.
Stream 7S-H2 is the hydrogen rich product gas stream.
Stream 7S-GAS is the light hydrocarbon product gas stream.
Stream REFORMED is the reformate product stream.

Plant P81 is the model for the ROSE-SR Critical Solvent Deashing unit.
Stream ROSE-XTR is the deashed product stream.
Stream ASH-CONC is the ash concentrate stream.

Plant P11 is the Sulfur plant.
Stream 1IS-LIQS is the sulfur product stream.
Stream 11S-FGAS contains all the other material in the feed that

does not leave in the product SULFUR STREAM.
Plant P31 is the simplified. model for the utility plant.

Stream 31S-01 is the dummy product stream.
Plant P314 is the model for the Fluidized Bed Combustor and the
Steam Turbine Generator unit.
Stream FBC-FEED is the feed stream to Plant P314.
Stream SA6-01 is the combined product stream out of Plant P314.

Plant P38 is the NH3 recovery plant.
Stream NH3-PROD is the product NH3.
Stream 38S-OUT is the reject stream.

Plant P38A is the reject stream component splitter from plant 38.
Stream 38AS-VAP is the vapor stream going to Plant 11.
Stream 38AS-LIQ is the liquid stream going to Plant 38B.

Plant P38B is the liquid reject stream splitter from Plant 38A.
Stream WASTE is the reject portion of the inlet stream which
in this model is rejected, but actually goes to the coal
gasification plant, if present.

Stream 39FEED is the stream going on to Plant 39.
Plant P39 is the phenol recovery plant.

Stream PHENOL is the phenol product stream.
Stream WASTEH20 is the waste water stream.

Plant SA6 is the product stream separator from Plant P314.
Stream FBC-GAS is the gas product stream from Plant SA6.
Stream FBC-SOL is the solids product stream from Plant SA6.

Block SI is the inlet coal splitter.
Stream ROMCOAL is the inlet ROM coal stream.
Stream 1SO1 is the splitter outlet to the base case plant.
Stream 1S11 is the splitter outlet to the alternate case 1 plant.
Stream IS21 is the splitter outlet to the alternate case 2 plant.

A-8



U Block S2 is the clean coal splitter.
Stream 1S-CCOAL is the inlet clean coal stream.
Stream COALT014 is the splitter outlet to plant 2.IStream 9-COAL is the splitter outlet to plant 9.

Block S6-SH2O is a component splitter to generate a pseudo sour-water
stream from Plant 6 to get the NH3 to Plant 38, the Ammonia Recovery
Plant.
Stream 6S-SH2O is the pseudo sour-water stream.
Stream 11-FEED is the Plant 11 feed stream.

;Block S7 is the product naphtha splitter.IStream PS-NAPH is the inlet product naphtha stream.
Stream 7-NAPH is the splitter outlet to the naphtha reformer plant.
Stream PNAPHTHA is the splitter outlet as product naphtha.3Block S8 is the ash-concentrate splitter.
Stream ASH-CONC is the inlet ash-concentrate stream from the ROSE.
Stream FBC-FEED is the splitter outlet to the FBC plant.

IStream 58-ASHC is the splitter outlet to the M9C coal mixer.

M1 IN = 1S02 1S12 1S22 OUT = IS-CCOAL
M2 IN = 1503 1S13 IS23 OUT = 1S-XMIDIM-2HYD IN = H2MIX 2-H2IN OUT = 2-H2MIX
M3 IN = 1S04 1S14 IS24 OUT = 1S-REFSE
M38 IN = 2S-SH2O 35-5H20 45-SH2O 5S-SH20 65-SH2O 9S-SH20 &

OUT = 38-FEED
M4 IN = IS05 1S15 1S25 OUT = IS-WATER
M-462 IN = 4S-GAS GASES 5S-LPGAS 3S-SGAS 7S-H2 OUT = 62-HYD
M-561 IN = 5S-HPGAS 2S-GAS OUT = 61-HYDIM-6GAS IN = SOUR-GAS SOUR-2GS H2S-GAS 38AS-VAP OUT = 6-SGAS
M-73 IN = GAS-OUT 75-GAS OUT = 3-GAS
M-HYD IN = H2-RICH H2-2RICH OUT = H2MIX DUMMY
M-NAP IN = NAPHTHA2 3S-OIL OUT = 4-FEED
M-PNAP IN = 4S-NAPH 5S-NAPH OUT = PS-NAPH
PI-ALTi IN = IS11 OUT = 1S12 1S13 1S14 I15
P1-ALT2 IN = 1S21 OUT = 1S22 1S23 1S24 IS25

P1-BASE IN = 1SO1 OUT = 1S02 IS03 1S04 iSO5
P14 IN = COALT014 OUT = COALT02 14S-XMID 14S-REF 14S-WAT
P02 IN = 2-H2MIX COALT02 SOLVENT ROSE-XTR 2-H2OIN &IOUT = 2S-GAS GASES NAPHTHA GAS-OIL 25-BOTTS 2S-SH20
P03 IN = NAPHTHA 3-GAS &

OUT = 3S-SGAS 3S-FGAS 3S-PROP 3S-BUT 3S-OIL 3S-SH20
P04 IN = 4-H2IN 4-FEED 4-H2OIN &

OUT = 4S-GAS 45-NAPH 45-SH20
P05 IN = 5-H2IN GAS-OIL 5-H2OIN &

OUT = 5S-HPGAS 5S-LPGAS 55-NAPH P350-450 P450-650 &I P650-850 5S-SH20
P61 IN = 61-HYD OUT = H2-RICH SOUR-GAS P61-GAS
P62 IN = 62-HYD P61-GAS &IOUT = H2-2RICH SOUR-2GS GAS-OUT NAPHTHA2
P07 IN = 7-NAPH OUT =75-H2 7S-GAS REFORMED
P81 IN = 2S-BOTTS OUT =ROSE-XTR ASH-CONC
P11 IN = 11-FEED OUT = 115-FGAS 11S-LIQS

P31 IN = 3S-FGAS OUT = 31S-01
P314 IN = FBC-FEED OUT = A6-01
P38 IN = 38-FEED OUT = NH3-PROD 38S-OUT

P38A IN = 38S-OUT OUT = 38AS-VAP 38AS-LIQ
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IP38B IN = 38AS-LIQ OUT = WASTE 39FEED
P39 IN = 39FEED OUT = PHENOL WASTEH20

SA6 IN = SA6-O1 OUT = FBC-SOL FBC-GASISi IN = ROMCOAL OUT = 1501 1S11 IS21
S2 IN = 1S-CCOAL OUT = COALT014 9COAL
S6-SH20 IN = 6-SGAS OUT = 6S-SH2O 11-FEED
S7 IN = PS-NAPH OUT = 7-NAPH PNAPHTHA

S8 IN = ASH-CONC OUT = FBC-FEED S8-ASHC

FLOWSHEET HYDROGENI Plant M9 is the hydrogen stream mixer.
Stream M9H2 is the dummy H2 stream to the liquefaction unit.
Stream M9H4 is the dummy H2 stream to the naphtha hydrotreater.

1Stream M9H5 is the dummy H2 stream to the gas-oil hydrotreater.
Stream HHNEED is the dummy H2 stream from the mixer.

Plant M9C is the coal stream mixer.
Stream COALT09 is the clean coal stream to the mixer.

Stream S8-ASHC is the ash concentrate stream from the ROSE unit.
Stream 9-FEED is the mixed coal stream to the gasifier.

Plant P09 is the plant for producing hydrogen by coal gasification.IStream 9-H2OIN is the water feed stream to the gasifier section.
Stream 9-02IN is the purified 02 stream from the air sep. plant.
Stream 9-STEMIN is the steam that goes to the shift reactors.
Stream H2-GAS is the product hydrogen stream.
Stream H25-GAS is the product hydrogen sulfide stream.
Stream VENT-GAS is the product vent gas stream.
Stream 95-SH20 is the product sour water stream.UStream SLAG is the product slag stream.

Plant P91 is the Steam Reforming of Natural Gas Plant.
Stream NAT-GAS is the inlet natural gas stream.

IStream STEAM is the inlet process water stream.
Stream H2-PROD is the product hydrogen stream.
Stream FLUE-GAS is the product flue gas stream.3 ;Plant P10 is the Air Separation Plant.
Stream 10-AIRIN is the air input stream.
Stream 1OSO1 is the product oxygen stream.
Stream 10S02 is the product nitrogen stream.IPlant S9 is the hydrogen stream splitter.
Stream H9NEED is the dummy H2 stream for the gasifier.
Stream H91NEED is the dummy H2 stream for the steam reformer.

M9H IN =M9H2 M9H4 M9H5 OUT = MHNEED
M9C IN = 58-ASHC COALT09 OUT = 9-FEED
P09 IN = 9-FEED 9-H2OIN 9-02IN 9-STEMIN &

OUT = H2-GAS H2S-GAS VENT-GAS 9S-5H20 SLAG
P91 IN = NAT-GAS STEAM OUT = H2-PROD FLUE-GAS
PlO IN = 10-AIRIN OUT = 10SOl 10S02

S9 IN = MHNEED OUT = H9NEED H91NEED

Design Specifications
------ -------------------

Design spec to set the hydrogen flow rate to Plant 2 (2-H2MIX)
to a specified weight percent (HPCT2) of the MAF coal input stream.

DES-SPEC 2H2FLO
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IDEFINE CHP2 MASS-FLOW STREAM=2-H2MIX COMPONENT=H2
DEFINE CCOAL MASS-FLOW STREAM=COALTO2 SUBSTREAM=NC COMPONENT=COAL
DEFINE CCASH COMP-ATTR-VAR STREAM=COALTO2 SUBSTREAM=NC &

COMPONENT=COAL ATIRI BUTE=ULTANAL ELEMENT=1
C Set the specified H2 rate to Plant 2 in wt% in the following line.
F HPCT2 = 7.9205D0
C DAFCOAL is the dry ash-free coal (MAF coal).IF DAFCOAL = CCOAL * (100.000 - CCASH) * 0.0100
F H2P2 = 0.0100 * HPCT2 * DAFCOAL

SPEC CHP2 TO H2P2U TOL-SPEC 0.1
VARY STREAM-VAR STREAM=2-H2IN VARIABLE=MASS- FLOW
LIMITS 100 1000000

;Design spec to set the correct ROM coal flow to the splitter to
;obtain the desired 17,102 TPSD of MF coal flow rate to the coal
;liquefaction plant, Plant 2.U DES-SPEC COALFLO
DEFINE CTARG MASS-FLOW STREAM=COALTO2 SUBSTREAM=NC COMPONENT=COAL
Set TPD to the target coal rate to Plant 2 in TPSD of MF coal.

F TPD = 18641.000
F WTPHR = (TPD * 2000.000) / 24.000

SPEC CTARG TO WTPHR
TOL-SPEC 0.1
VARY MASS-FLOW STREAM=ROMCOAL SUBSTREAM=NC COMPONENT=COAL

LIMITS 100 10000000

;Design spec to set the correct 9-FEED flow rate to the Plant 9,
;coal gasifier, to obtain the desired hydrogen production rate.

DES-SPEC H2FLO
DEFINE HOUT MASS-FLOW STREAM=H2-GAS COMPONENT=H2
DEFINE HTOT MASS-FLOW STREAM=H9NEED COMPONENT=H2

SPEC HOUT TO HTOT
TOL-SPEC 1.0
VARY STREAM-VAR STREAM=COALTO9 SUBSTREAM=NC VAR=MASS-FLOW

LIMITS 0.1 10000000

;Design spec to set the heat duty to block M-HYD to zero by3; varying the temperature. This corrects a temperature calculating
;error in the ASPEN mixer block algorithm.

DES-SPEC HD-HYD
DEFINE HDTY BLOCK-VAR BLOCK=M-HYD SENTENCE=RETENTION VARIABLE=HEAT-DUTYU SPEC HDTY TO 0.0
TOL-SPEC 1000
VARY BLOCK-VAR BLOCK=M-HYD SENTENCE=PARAM VARIABLE=TEMPERATURE

LIMITS 10 500

Design spec to set the 10-AIRIN stream flow to produce the required
amount of oxygen product required by Plant 9, coal gasification.

DES-SPEC 02FLO
DEFINE FLO10S STREAM-VAR STREAM=1OSO1 VAR=MASS-FLOW
DEFINE FLOOXY STREAM-VAR STREAM=9-02IN VAR=MASS-FLOW

SPEC FLO10S TO FLOOXY
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I TOL-SPEC 0.1
VARY STREAM-VAR STREAM=10-AIRIN VARIABLE=MASS-FLOW
LIMITS 0.1 10000000

Design spec to set the hydrogen flow rate for Plant 9.1.
DES-SPEC RFMRFLO

DEFINE HOUT2 MASS-FLOW STREAM=H2-PROD COMPONENT=H2
DEFINE HTOT2 MASS-FLOW STREAM=H91NEED COMPONENT=H2
SPEC HOUT2 TO HTOT2
TOL-SPEC 0.1
VARY STREAM-VAR STREAM=NAT-GAS VARIABLE=MASS -FLOW
LIMITS 1000 600000

Transfer Blocks-I- ------
Transfer block to set COALT09 equal to the 9COAL stream (the wetIclean coal input). This duplicates the full property set and
provides the initial guess flow rate for COALTO9.

TRANSFER CCOALI SET STREAM COALT09
EQUAL-TO STREAM 9COAL

Transfer block used to set the hydrogen flow rates of the input
streams to the calculated hydrogen flows to Plant 2 (2-HIN),
Plant 4 (4-H21N), and Plant 5 (5-H2IN). M9's represent hydrogen
flows from Plant 9.0/10 and M91's are for the Plant 9.1 alternative.I TRANSFER HFLOW
SET STREAM M9H2
EQUAL-TO STREAM 2-H2INI SET STREAM M9H-4
EQUAL-TO STREAM 4-H2IN
SET STREAM M9H53EQUAL-TO STREAM 5-H2IN
Fortran Blocks

--------
Fortran block to set the correct water flow rate in the clean
coal going to Plant 9.

FORTRAN 9COALDEIEICA ASFO TRA=CA OPNN=2
DEFINE W9COAL MASS-FLOW STREAM=9COAL SBTMN COMPONENT=H20L

DEFINE WCT09 MASS-FLOW STREAM=COALTO9 COMPONENT=H20

DEFINE CCT09 MASS-FLOW STREAM=COALTO9 SUBSTREAM=NC COMPONENT=COAL

F WCT09 = CCT09 * (W9COAL / C9COAL)

I This Fortran block resets the split fraction in S2 to provide the
flow rate of coal to Plant 9.0.

FORTRAN COALFLOW
DEFINE C14 STREAM-VAR STREAM=COALTO14 VAR=MASSFLOW
DEFINE C9 STREAM-VAR STREAM=COALTO9 VAR=MASSFLOW
DEFINE RC STREAM-VAR STREAM=ROMCOAL VAR=MASSFLOW
DEFINE CC STREAM-VAR STREAM=1S-CCOAL VAR=MASSFLOW
DEFINE SFRAC BLOCK-VAR BLOCK=S2 SENTENCE=FRAC VAR=FRAC &
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ID1=COALTO14' ELEMENT=1
C Cal cul ate total cl ean coal.
F TCC =C14 +C9
C Reset the ROMCOAL feed rate to match the new value.
F RC =RC * (ICC /CC)
C Reset the split fraction in S2 to correct 9COAL flow rate.
F SFRAC = C14 / (C9 + C14)

This FORTRAN black will calculate the initial ratio of the MIXED
substream flow to the NC substream flow in the stream ROMCOAL.I It will store this result in RATIO, and use that value to adjust
the MIXED substream flow in proportion to the NC substream flow
that is varied by the COALFLO design-spec. This is needed to set
the correct amount of water entering with the ROM coal.

FORTRAN MIXFLO
F COMMON /RATIO/ RMIXNCP
F COMMON /RGLOB/ RDUMI, RMINDEIEIOC USRA-A TEM=OCA USRA=CVRMSFO

DEFINE FLONCP SUBSTREAM-VAR STREAM=ROMCOAL SUBSTREAM=NCXE VAR=MASSFLOW

C The following should only be true on the first pass. This preventsIC writing over the initial substream ratio on subsequent passes.
F IF (RMIXNCP .LT.- RMIN) THEN
F RMIXNCP = FLONCP / FLOMIX
F END IF
C Adjust the other substreai flow based on changes to the NC
C substream.UF FLOMIX = FLONCP / RMIXNCP

Fortran block to dynamically set the URCOAL fraction in the
separation block, SA6, equal to the solids production parameter,

;REAL(l), in block P314, the fluidized bed combustor. This block

;only has significance when Option 6 is in effect.
FORTRAN SA6SET

DEFINE FRACi BLOCK-VAR BLOCK=P314 SENTENCE=REAL VAR=REAL ELEMENT=1

DEFINE FRAC2 BLOCK-VAR BLOCK=SA6 SENTENCE=FRAC VAR=FRAC ID1=NC &
1D2=FBC-SOL ELEMENT=1

F FRAC2 = FRACI

FORTRAN block to set the COMBINED steam and water flow rate to
Plant 2 as a specified weight percent of the dry coal feed.3 FORTRAN SETUP2
DEFINE FEED2 MASS-FLOW STREAM=COALTO2 SUBSTREAM=NC COMPONENT=COAL
DEFINE H202 STREAM-VAR STREAM=2-H2OIN VAR=MASSFLOW

F H202 = FEED2 * 321292.0 / 388356.0

FORTRAN block used to set the hydrogen flow rate to Plant 4 (4-H2IN)
;to a specified weight percent (HPCT4) of the naphtha feed stream,

; and the hydrogen flow rate to Plant 5 (5-H2IN) to a specified weight
;percent (HPCT5) of the gas oil feed stream. This block also sets

;the inlet water flow rates for these plants to specified rates
as functions of the hydrocarbon feed rates.

FORTRAN SETUP45
DEFINE CHP4 MASS-FLOW STREAM=4-H2IN COMPONENT=H2
DEFINE CHP5 MASS-FLOW STREAM=5-H2IN COMPONENT=H2

DEFINE FLP4 STREAM-VAR STREAM=4-H2IN VAR=MASSFLOW
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DEIEIP TEMVRSRA=-2N VRMSFO
DEFINE FLAP STREAM-VAR STREAM=5-H2IN VAR=MASSFLOW
DEFINE XNAPH STREAM-VAR STREAM=4A-EED VAR=MASSFLOW
DEFINE XHOIL STREAM-VAR STREAM=GA-O2IL VAR=MASSFLOW
DEFINE H205 STREAM-VAR STREAM=4-H2OIN VAR=MASSFLOW

C Set the specified H2 rates in the following four lines.
F WFHT04 = (236. + 1232.) / 196072.IF WFHT05 = (1728. + 14298.) / 761984.
F FLP4 = WFHT04 * XNAPH * (FLP4 /CHP4)
F FLP5 = WFHT05 * XGOIL * (FLP5 /CHP5)IC Set the specified H20 rates in the following two lines.
F H204 = XNAPH * 18800. /196072.
F H205 = XGOIL * 40600. /761984.

FORTRAN block to set the steam, water and oxygen stream flow rates
;to Plant 9 based on the inlet flow rate of hydrocarbons and NC
;components (on a dry ash-free basis).IFORTRAN SETUP9
DEFINE FL29MX SUBSTREAM-VAR STREAM=9-FEED SUBSTREAM=MIXED VAR=MASS-FLOW
DEFINE ULCOAL COMP-ATTR-VAR STREAM=9-FEED SUBSTREAM=NC &I COMPONENT=COAL ATTRI BUTE=ULTANAL ELEMENT=1
DEFINE ULURC COMP-ATTR-VAR STREAM=9-FEED SUBSTREAM=NC &

COMPONENT=URCOAL ATTRI BUTE=ULTANAL ELEMENT=1
DEFINE FL29C MASS-FLOW STREAM=9-FEED SUBSTREAM=NC COMPONENT=COALIEIEF2U ASFO TEM9FE USRA=CCMOETUCA
DEFINE FL29WR MASS-FLOW STREAM=9-FEED SUBSNTRA=NCCMPNN=UCA
DEFINE FL29M MASSA-LOW STREAM=9-FEED M ONENTR= H20-L
DEFINE FL2STM STREAM-VAR STREAM=9-STEMIN VAR=MASS-FLOWIDEFINE FL202O STREAM-VAR STREAM=9-02OIN VAR=MASS-FLOW

C Adjust the steam, water and oxygen stream flow rates based on the

IC inlet flow rate of hydrocarbons and NC components (on a dry basis).
F X1 = 0.01*FL29C *(100.0.ULCOAL)
F X2 = 0.01*FL29UR*(100.0-ULURC)
F FL2STM = 0.25495 *(FL29MX + X1 + X2 -FL29W)FILHO=142 F29X+X 2 F2W
F FL202O = 1.4735 (FL29MX + XI + X2 -FL29W)

I Fortran block to set up the common and OSBL utility consumptions.
FORTRAN SETUP31
F COMMON /USRCO1/ PLNTID(32), UTIL(32,15), CAPCST(32,5), OPCST(32,5)
F COMMON /USRCO4/ MODE
F CHARACTER * 6 PLNTID
DEFINE DCOAL2 SUBSTREAM-VAR STREAM=COALTO2 SUBSTREAM=NC VAR=MASS-FLOW

C COMMON /USRCO3/ is used to transfer variables FIN(5,4),

C FOUT(20,4), PGAS, PPWR, OPTN6
C See Subroutine USRSR1 for the definition of the items in named
C common block /USRCO3/.IC COMMON /USRCO4/ contains the Plant 2 MODE switch which indicates
C the Plant 2 calculation option in use. Generally MODE is the

C option plus 10. It is not loaded for all options.
C Base all the offsite and OSBL utilities consumptions on the dry

C coal feed rate to Plant 2, the Coal Liquefaction Plant. Ignore
C cooling and process water consumptions and productions.
F PLNTID (19) = 'OTHERS'

C Electric Power.
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F UTIL(19,1) = 25.1346 * DCOAL2 * 0.001
F IF ( OPTN6 .GE. 0.9900 UTIL(19,1) = 29.5411 *DCOAL2 *0.001

C 600 psig steam at 720F.

F UTIL(19,4) = 0.05122207 *DCOAL2 *0.001

C 150 psig saturated steam.
F UTIL(19,6) = 0.04350367 * DCOAL2 *0.001
C 50 psig saturated steam.
F UTIL(19,7) = 0.06757103 * DCOAL2 *0.001
C
F IF ( MODE .EQ. 18 ) THENIC High Space Velocity Option with H2 production by steam
C reforming of natural gas.
C Electric Power.
F UTIL(19,1) = 39797.0 * DCOAL2 / 1553424.

F IF ( OPTN6 .GE. 0.99D0 ) UTIL(19,1) = 41373.0*DCOAL2/1553424.
C 600 psig steam at 720F.
F UTIL(19,4) = 73.000 * DCOAL2 /1553424.IC 150 psig saturated steam.
F UTIL(19,6) = 66.000 * DCOAL2 /1553424.
C 50 psig saturated steam.IF UTIL(19,7) = 96.300 * DCOAL2 /1553424.
F ENDIF

Fortran statement to set the molar flow rate of the STEAM stream to
be in balance with the feed stream to Plant 9.1.

FORTRAN SETUP91
DEFINE GS STREAM-VAR STREAM=NAT-GAS VARIABLE=MOLE-FLOWIDEFINE ST STREAM-VAR STREAM=STEAM VARIABLE=MOLE-FLOW

F IF ( GS .GT. 0.000 THEN
F ST = 2.50454300 GSIF ELSE
F ST = 0.000
F ENDIF

Fortran block to switch between Plant 9.0 & 10 or just Plant 9.1.
Plants 9.0 and 10 produce H2 by coal gasification, and Plant 9.1
produced H by steam reforming of natural gas.I FORTRAN OPTION6

F COMMON /USRC03/ FIN(5,4), FOUT(20,4), PGAS, PPWR, OPTN6
C See Subroutine USRSR1 for the definition of the items in named
C common block /USRC03/.
DEFINE FSTM STREAM-VAR STREAM=STEAM VAR=MOLE-FLOW
DEFINE FNG STREAM-VAR STREAM=NAT-GAS VAR=MOLE-FLOW
DEFINE F10A STREAM-VAR STREAM=10-AIRIN VAR=MASS-FLOWDEIEIH SRA-A TEA=-2I A=ASFO
DEFINE F9H STREAM-VAR STREAM=9-ST2OIN VAR=MASS-FLOW
DEFINE F90 STREAM-VAR STREAM=9-STEIN VAR=MASS-FLOW
DEFINE FC9 SSTREAM-VAR STREAM=9-1NUSREMIE VAR=MASS-FLOWIDEFINE FC9MC SUBSTREAM-VAR STREAM=9-FEED SUBSTREAM=MIXE VAR=MASS-FLOW

DEFINE FRAC8 BLOCK-VAR BLOCK=S8 SENTENCE=FRAC VAR=FRAC &
ID1=S8-ASHC ELEMENT=1

DEFINE FRAC9 BLOCK-VAR BLOCK=S9 SENTENCE=FRAC VAR=FRAC &
ID1=H9NEED ELEMENT=1

DEFINE FRAC38 BLOCK-VAR BLOCK=P38B SENTENCE=FRAC VAR=FRAC &

ID1=WASTE ELEMENT=1
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IC Set N9 equal toO0 to run Plant 9.0 & 10, or
C set N9 equal to 1 to run Plant 9.1 (OPTION 6).
F N9=0

F IF (N9 .EQ. 0) THEN
F OPTN6 = .000

F FSTM =1.00-6

F FNG = .OD-6FIRC .
F FRAC8 = 1.0
F FRAC38 = 0.28595IF ENDIF
F IF (N9 .EQ. 1) THEN
F OPTN6 =1.000

F F10A =1.0-6FI9 IO-
F F9H = 1.00-6
F F90 = 1.OD-6

IF FC9M =1.0-6

F FC9NC = 1.00-6
F FRAC8 = 0.0IF FRAC9 = 0.0
F FRAC38 = 0.0
F ENDIF

1 FORTRAN SUMMARY
C This Fortran block writes the summary report to the DCLSUM.REP
C file, and also writes the DCL1.PRN file for transfering theIC results to the Lotus spreadsheet economics model.
C COMMON /USRCO3/ is used to transfer variables FIN(5,4),
C FOUT(20,4), PGAS, PPWR, OPTN6IC See Subroutine USRSRI for the definition of the items in named
C common block /USRCO3/.
DEFINE FINi SUBSTREAM-VAR STREAM=ROMCOAL SUBSTREAM=NC VAR=MASS-FLOW
DEFINE FIN2 STREAM-VAR STREAM=NAT-GAS VAR=MASS-FLOWDEIEIUISRA-A TRA=SPO A=ASFO
DEFINE FOUTi STREAM-VAR STREAM=3S-PROP VAR=MASS-FLOW
DEF INE FOUT2A STREAM-VAR STREAM=3S-BUTH VAR=MASS-FLOW
DEFINE FOUT3A STREAM-VAR STREAM=PNAPHTHA VAR=MASS-FLOWIDEFINE FOUT3B STREAM-VAR STREAM=REFORMED VAR=MASS-FLOW
DEFINE FOUT4 STREAM-VAR STREAM=P350-450 VAR=MASS-FLOW
DEFINE FOUT6 STREAM-VAR STREAM=P450-650 VAR=MASS-FLOW(IDEFINE FOUT6 SUSTREAM-VAR STREAM=P65-850ESBSRMN VAR=MASS-FLOW
DEFINE FOUT7 SUBSTREAM-VAR STREAM=S-REF SUBSTREAM=NC VAR=MASS-FLOW
DEFINE FOUT8A SUBSTREAM-VAR STREAM=FSOL SUBSTREAM=NC VAR=MASS-FLOW

DEFINE FOUT10 STREAM-VAR STREAM=NH3-PROD VAR=MASS-FLOW
DEFINE FOUT11 STREAM-VAR STREAM=PHENOL VAR=MASS-FLOW
DEFINE FOUT12 STREAM-VAR STREAM=11S-LIQS VAR=MASS-FLOWUC Load the stream flow rates in the FIN() and FOUT() arrays in
C Mlbs/hr. All solid stream flow rates are on a dry basis.
F FIN(1,1) = 0.00100 * FINi
F FIN(2,1) = 0.00100 * FIN2

F FOUT(1,1) = 0.00100 * FOUTI
F FOUT(2,1) = 0.00100 * FOUT2
F FOUT(3,1) = 0.00100 * (FOUT3A + FOUT3B)

F FOUT(4,1) = 0.00100 * FOUT4
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FIOT51 .OD OT
F FOUT(5,1) = O.OO1DO * FOUT5
F FOUT(6,1) = O.OO1DO * FOUT6

F FOUT(8,1) = O.OO1DO * (FOUT8 + FOUT8A)
F FOUT(10,1) = 0.OOIDO * FOUTIO
F FOUT(11,1) = 0.00100 * FOUTII
F FOUT(12,1) = 0.001D0 * FOUT12I C
C Set XOF to the number of extra operators and OSBL operators
C per dedicated plant operator for the High Space Velocity Case.I C- ------------------------------
F XOF = 96. / 324.
C
C Set the LOSBL and LPLANT switches, as appropriate, to duplicate
C the Bechtel OSBL and first vs. Nth plant costing logic.
C LOSBL = 0 - Use baseline case OSBL costing logic.
C LOSBL = 1 - Use option case OSBL costing logic.IC LPLANT = 0 - Use first plant OSBL and engineering costing logic.
C LPLANT = 1 - Use Nth plant OSBL and engineering costing logic.
C =--------------------------------------------------------

F LOSBL 1
F LPLANT =1

C
C Open the separate output file called DCLSUM.REP to contain the
C summary report of the simulation results.
F OPEN (UNIT=62, FILE='DCLSUM.REP', STATUS ='UNKNOWN',
F 1 ACCESS='SEQUENTIAL', FORM='FORMATTEO',IF 2 BUFFERED='BUFFERED')
C Call Subroutines USRSR1 and USRSR2 to write the summary report.
F CALL USRSR1 (62)
F CALL USRSR2 (62, LOSBL, LPLANT, OPTN6, XOF)
F CLOSE (UNIT=62, STATUS='KEEP')
C Now write the LOTUS spreadsheet economics model input file.
F OPEN (UNIT=62, FILE='DCL1.PRN', STATUS=' UNKNOWN',
F 1 ACCESS='SEQUENTIAL', FORM=' FORMATTED',
F 2 BUFFERED='BUFFERED')
C Call Subroutines USRSR3 to write the model input file.

F CALL USRSR3 (62, OPTN6, XOF)
F CLOSE (UNIT=62, STATUS='KEEP')

Convergence Blocks----------
CONVERGENCE CBLKI WEGSTEIN
TEAR H2MIX 10-5
PARAM WAIT=3

CONVERGENCE CBLK2 WEGSTEIN
TEAR ROSE-XTR 10-6

CONIVERGENCE CBLK3 WEGSTEINI TEAR 6S-SH20 1D-5

CONVERGENCE COALF ONE-VAR.1 SPEC COALFLO
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CONVERGENCE HD-C1 ONE-VAR
SPEC HD-HYD

CONVERGENCE HYDF BROYDEN-SPEC
SPEC H2FLO

I CONVERGENCE 2HYDF ONE-VAR
SPEC 2H2FLO

I CONVERGENCE OXYF ONE-VAR
SPEC 02FLO

CONVERGENCE RFMRF ONE-VAR
SPEC RFMRFLO

Calculation SequenceI ------------
Define subsequence for coal cleaning complex.&

SEQUENCE CLEAN COALF MIXFLO S1 P1-BASE Pi-ALTi P1-ALT2&
M1 S2 P14 (RETURN COALF) &

M4 M3 M2

Specify entire flowsheet sequence, including subsequence CLEAN.
SEQUENCE BASE (SEQUENCE CLEAN) CCOAL &

CBLK1 2HYDF M-2HYD (RETURN 2HYDF) &

CBLK2 SETUP2 P02 P81 (RETURN CBLK2) &
P61 P62 HO-Cl M-HYD (RETURN HO-Cl) &

M-73 P03 M-NAP SETUP45 P04 M-462 P05 M-561 &IM-PNAP S7 P07 (RETURN CBLK1) &
HFLOW M9H OPTION6 S9 S8 P314 SA6SET SA6 &

HYOF 9COAL M9C SETUP9 P09 (RETURN HYDF) &

OXYF P1O (RETURN OXYF) COALFLOW (SEQUENCE CLEAN) &

RFMRF SETUP91 P91 (RETURN RFMRF) &
CBLK3 M38 P38 P38A P38B P39 M-6GAS S6-SH20 &

(RETURN CBLK3). &

P11 SETUP31 P31 SUMMARY

Unit Operations Blocks
--------------------------

Mi h la olpoutsrasfo h ifrn cases.3 BLOCK M1 MIXER

Mix the middling coal product streams from the 3 different cases.I BLOCK M2 MIXER
DESCRIPTION 'PLANT 1 OUTLET MIDDLING COAL MIXER'

Mix the hydrogen streams going to Plant 2.
BLOCK M-2HYD MIXER
DESCRIPTION 'MIXER TO GENERATE THE TOTAL HYDROGEN STREAM TO PLANT 2'

I PARAM NPK=1 KPH=l
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Mix the refuse product streams from the 3 different cases.
BLOCK M3 MIXER
DESCRIPTION 'PLANT I OUTLET REFUSE MIXER'

Mix the sour water streams from Plants 2, 3, 4, 5, and 9.
BLOCK M38 MIXER
DESCRIPTION 'SOUR WATER MIXER FOR PLANT 38 FEED'

Mix the waste water product streams from the 3 different cases.
BLOCK M4 MIXER
DESCRIPTION 'PLANT I OUTLET WASTE WATER MIXER'

Mix the hydrogen streams from Plants 4 & 2 for Plant 6.2.
BLOCK M-462 MIXER
DESCRIPTION 'MIXER TO GENERATE THE PLANT 6.2 

FEED/

Mix the hydrogen streams from Plants 5 & 2 for Plant 6.1.
BLOCK M-561 MIXER
DESCRIPTION 'MIXER TO GENERATE THE PLANT 6.1 FEED'

Mix the sour gas streams from Plants 6.1, 6.2, 9 and 38 for the
Plant 11 feed stream.

BLOCK M-6GAS HEATER
DESCRIPTION 'MIXER TO GENERATE THE PLANT 11 FEED'
PARAM TEMP=110.0 PRES=14.7

Mix the H2 gas streams from Plants 7 & 6.2 for Plant 3.
BLOCK M-73 MIXER
DESCRIPTION 'MIXER TO GENERATE THE PLANT 3 FEED

; Mixer M9C - The hydrogen plant feed mixer; used to mix the coal and
; ROSE unit ASH-CONC stream that goes to Plant 9.0.
BLOCK M9C MIXER
DESCRIPTION 'MIXER TO GENERATE THE PLANT 9 FEED'
BLOCK-OPTIONS HMB-RESULTS=2

Mixer M9 - The dummy hydrogen mixer; used to mix the three
streams that go to Plant 2 (M9H2), Plant 4 (M9H4), and
Plant 5 (M9H5) into one single output stream (MHNEED) for the
S9 splitter.

BLOCK M9H MIXER
DESCRIPTION 'MIXER TO GENERATE THE TOTAL AMOUNT OF HYDROGEN NEEDED'
PARAM NPK=1 KPH=1

Mix the hydrogen streams from Plants 6.1 and 6.2. Use a flash2 block
to correct a temperature calculating error in the ASPEN mixer block
algorithm.

BLOCK M-HYD FLASH2
DESCRIPTION 'MIXER TO GENERATE THE TOTAL HYDROGEN FROM 6.1 AND 6.21
PARAM TEMP=100. PRES=3290.

Mix the naphtha streams from Plants 2 and 6.2.
BLOCK M-NAP MIXER
DESCRIPTION 'MIXER TO GENERATE THE TOTAL PLANT 4 NAPHTHA FEED'
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Mix the product naphtha streams from Plants 4 and 5.
DESCRIPTION 'MIXER TO GENERATE THE TOTAL PRODUCT NAPHTHA STREAM'

BLOCK M-PNAP MIXER

Plant Pl-ALT1, Coal Cleaning and Preparation Plant. Use User
Fortran Model, USR01, within the PLANTS file. ALTERNATE CASE I
COAL CLEANING BY HEAVY MEDIUM SEPARATION.

BLOCK PI-ALT1 USER
SUBROUTINE MODEL = USR01 REPORT USR01

A& DESCRIPTION 'PLANT 1 - ALTERNATE I COAL CLEANING AND PREPARATION PLANT'
PARAM NINT = 5 NREAL = 70

The following integer and real parameters are for production of
the coal cleaned by both jigs and heavy medium separation. The coal
cleaned only by jigs for gasification is handled by a separate plant
that is modeled in BLOCK Pl-JIGS. The operators and cost for this
plant includes those associalted with the Pl-JIGS portion of the coal
cleaning and preparation plant. All parameters have the same meaning
as described below for Plant 1 in BLOCK PI-BASE.

INT 0 1 0 1 1
FCP FCM FHP FHM FNP FNM

REAL 0.9120155 0.0 0.9050241 0.0 0.8869236 0.0 &
FCIP FClM FSP FSM FOP FOM
0.7602203 0.0 0.4471884 0.0 0.9905900 0.0 &
FAP FAM
0.3012854 0.0 &
PCWP PCWM PCWR Future Use (3 items)
9.0 3.0 10.0 0. 0. 0. &
Power 900/750 F steam 900 satd steam
0.0 7.400489 0.0 0.0 0.0 0.0 &
600/720 F steam 600 satd steam 150 satd steam
0.0 0.0 0.0 0.0 0.0 0.0 &
50 satd steam Plant fuel Cooling H20
0.0 0.0 0.0 0.0 0.0 0.0 &
Process H20 Nitrogen
0.0 0.042246 0.0 0.0 &
Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Opers/day (Opers/day)/train
8.0 8.0 &
Ref Flow Max Flow Min Flow
285.035 300.0 150.0 &
Plant cost equation constants.
A B E F Spares Future Use (2 items)
0.0 25.52 0.5942 1.0 0.0 0.0 0.0 &
Future Use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Set the temperature and pressure of the outlet streams. These
values will override the default values in subroutine USR01.
FLASH-SPECS STRM = IS12 KODE=2 TEMP = 70.0 PRES = 14.7

STRM = IS13 KODE=2 TEMP = 70.0 PRES = 14.7
STRM = IS14 KODE=2 TEMP = 70.0 PRES = 14.7
STRM = 1S15 KODE=2 TEMP = 70.0 PRES = 14.7
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Plant Pl-ALT2, Coal Cleaning and Preparation Plant. Use User Fortran
Model, USROI, within the PLANTS file. ALTERNATE CASE 2 - COAL CLEANING
BY HEAVY MEDIUM SEPARATION FOLLOWED BY SPHERICAL AGGLOMERATION.

BLOCK Pl-ALT2 USER
SUBROUTINE MODEL = USR01 REPORT USR01
DESCRIPTION 'PLANT I - ALTERNATE 2 COAL CLEANING AND PREPARATION PLANT'
PARAM NINT = 5 NREAL = 70

The following integer and real parameters are for production of
the coal cleaned by both jigs and heavy medium separation followed
by spherical agglomeration. The coal cleaned only by jigs for
gasification is handled by a separate plant that is modeled in
BLOCK Pl-JIGS. The operators and cost for this plant includes
those associalted with the PI-JIGS portion of the coal cleaning
and preparation plant. All parameters have the same meaning as
described below for Plant 1 in BLOCK Pl-BASE.

INT 0 1 0 1 2
FCP FCM FHP FHM FNP FNM

REAL 0.9435271 0.0 0.9338663 0.0 0.9250562 0.0 &
FClP FClM FSP FSM FOP FOM
0.7400450 0.0 0.3772778 0.0 0.9867266 0.0 &
FAP FAM
0.1295931 0.0 &
PCWP PCWM PCWR Future Use (3 items)
14.16 3.0 10.0 0.0 0.0 0.0 &
Power 900/750 F steam 900 satd steam
0.0 51.68786 0.0 0.0 0.0 0.0 &
600/720 F steam 600 satd steam 150 satd steam
0.0 0.0 0.0 0.0 0.0 0.0 &
50 satd steam Plant fuel Cooling H20
0.0 0.0 0.0 0.394967 0.0 0.0 &
Process H20 Nitrogen
0.0 0.103481 0.0 0.0 &
Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Opers/day (Opers/day)/train
8.0 8.0 &
Ref Flow Max Flow Min Flow
262.3 300.0 150.0 &
Plant cost equation constants.
A B E F Spares Future Use (2 items)
0.0 73.78 0.5942 1.0 0.0 0.0 0.0 &
Future Use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Set the temperature and pressure of the outlet streams. These
values will override the default values in subroutine USR01.
FLASH-SPECS STRM = IS22 KODE=2 TEMP = 70.0 PRES = 14.7

STRM = IS23 KODE=2 TEMP = 70.0 PRES = 14.7
STRM = IS24 KODE=2 TEMP = 70.0 PRES = 14.7
STRM = IS25 KODE=2 TEMP = 70.0 PRES = 14.7

Plant I Coal Cleaning, Preparation and Drying Plant, Use User Fortran
Model USR01
BASE CASE - COAL CLEANING BY JIGS For LIQUEFACTION.
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600/720 F steam 600 satd steam 150 satd steam
0.0 0.0 0.0 0.0 0.0 0.0 &
50 satd steam Plant fuel Cooling H20
0.0 0.0 0.0 0.3410096 0.0 0.010104 &
Process H20 Nitrogen
0.0 0.0 0.0 3.16015 &
Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Opers/day (Opers/day)/train
7.0 1.0 &
Ref Flow Max Flow Min Flow
142.518 130.0 50.0 &
Plant cost equation constants.
A B E F Spares Future use (2 items)
0.0 8.75 0.8504 1.0 0.0 0.0 0.0 &
Future Use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Set the temperature and pressure of the outlet streams. These
values will override the default values in subroutine USROI.
FLASH-SPECS STRM = COALT02 KODE=2 TEMP = 70.0 PRES = 14.7

STRM = 14S-XMID KODE=2 TEMP = 70.0 PRES = 14.7
STRM = 14S-REF KODE=2 TEMP = 70.0 PRES = 14.7
STRM = 14S-WAT KODE=2 TEMP = 70.0 PRES = 14.7

Plant 2 - The coal liquefaction plant - user Fortran block USR02.
BLOCK P02 USER

SUBROUTINE MODEL = USR02 REPORT = USR02
DESCRIPTION 'PLANT 2 - HIGH SPACE VELOCITY COAL LIQUEFACTION PLANT'
PARAM NINT = 6 NREAL = 70

The following 6 integer parameters are:
INT(l) User block summary report control switch.

0 => Write the complete user block summary report.
1 => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the normal

ASPEN/SP output report file.
I => Write the user block summary report to a separate

user block output report file on logical unit 62
called DCL02.REP.

INT(3) Number of operating duplicate trains, excluding spares.
If INT(3) = 0, the minimum number of duplicate
trains will be determined so that the capacity
of each plant does not exceed the maximum train
capacity specified by variable REAL(52).

If INT(3) > 0, the number of duplicate trains.
INT(4) History file additional output control switch.

0 => Write no additional output to the history file.
1 => Write the only the subroutine entry and exit

messages to the history file.
2 => Write some additional output to the history file.
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3-5 => Write some more additional output to the history
file. Larger values generate more intermediate
output.

INT(5) =Switch to write the major equipment summary list and
cost summary report by plant section for the baseline
design to the separate block output summary report file
called DCLO2.REP on logical unit 62.
0 0=> Do not write the major equipment summary list.
1 => Write the major equipment summary list to the

separate block output file only whenI INT(I) <= 2, INT(2) = 1, and INT(6) = 0.
2 => Write the major equipment summary list and the

cost summary report by plant section to theI separate block output file only when
INT(1) <= 2, INT(2) = 1, and INT(6) = 0.

INT(6) =Switch to select which coal liquefaction reactor yields
are calculated.
0 0=> Baseline design two reactor model.
3 => Option 3 -Yields for Thermal/Catalytic two-

reactor model .V4 => Option 4 - Two-reactor model with interstaage
vent gas separation.

5 => Option 5 -Yields for two-reactor coker model.

8 => Improved Baseline (Option 8) - High space velocity
two-reactor model.

INT 0 1 0 1 2 8
The following 70 real parameters are:IREAL(l) = Percent coal conversion based on fresh MAF coal

entering the coal liquefaction reactors.
; REAL(2) -

REAL(20) = Future use.
REAL(21) = Constant factor for the power consumption, kw.
REAL(22) = Power consumption per Mlbs/hr of dry coal feed,

kw/(Mlbs/hr of dry coal).
REAL(23) = Constant factor for the 900 psig / 750 F steam

consumption, Mlbs/hr.
REAL(24) = 900 psig / 750 F steam consumption per Mlbs/hr of

REAL(5) =dry coal feed, (Mlbs/hr)/(Mlbs/hr of dry coal).
REAL(5) =Constant factor for the 900 psig saturated steam
REAL(6) =consumption, Mlbs/hr.
REAL(6) =900 psig saturated steam consumption per Mlbs/hr of
REAL(7) =dry coal feed, (Mlbs/hr)/(Mlbs/hr of dry coal).
REAL(7) =Constant factor for the 600 psig / 720 F steam

consumption, Mlbs/hr.

REAL(28) = 600 psig / 720 F steam consumption per Mlbs/hr of
REAL(9) =dry coal feed, (Mlbs/hr)/(Mlbs/hr of dry coal).
REAL(9) =Constant factor for the 600 psig saturated steam* consumption, Mlbs/hr.

REAL(30) = 600 psig saturated steam consumption per Mlbs/hr of
dry coal feed, (Mlbs/hr)/(Mlbs/hr of dry coal).

REAL(31) = Constant factor for the 150 psig saturated steam
REAL(2) =consumption, Mlbs/hr.
REAL(2) =150 psig saturated steam consumption per Mlbs/hr of
REAL(3) =dry coal feed, (Ml bs/hr)/ (Ml bs/hr of dry coal).
REAL(3) =Constant factor for the 50 psig saturated steam
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U' , consumption, Nibs/hr.
REAL(34) = 50 psig saturated steam consumption per Nibs/hr of

dry coal feed, (Mlbs/hr)/(Mlbs/hr of dry coal).
REAL(35) = Constant factor for the plant fuel consumption,IMMBT/r
REAL(36) = Plant fuel consumption per Nibs/hr of dry coal feed,

(MM BTU/hr)/(Mlbs/hr of dry coal).

REAL(37) = Constant factor for the cooling water consumption,
Mgal/hr.

REAL(38) = Cooling water consumption per Nibs/hr of dry coalI feed, (Mlbs/hr)/(Mlbs/hr of dry coal).
produced, (Mgal/hr)/(MM SCF/hr of H2).

REAL(39) = Constant factor for the process water consumption,I Ngal/hr.
REAL(40) = Process water consumption per Mlbs/hr of dry coal

REAL(1) =feed, (Nlbs/hr)/(Mlbs/hr of dry coal).
REAL(1) =Constant factor for the nitrogen consumption,

NM SCF/hr of N2
REAL(42) = Nitrogen consumption per Mlbs/hr of dry coal feed,

(MM SCF/hr of N2)/(Mlbs/hr of dry coal).I'REAL(43) -
REAL(48) = Future use.

REAL(49) = Constant factor for the number of operators per
day, operators/day.

REAL(50) = Number of operators per day per train,
(operators/day)/trai n.

REAL(51) = Reference dry coal feed rate to a single train in

Nibs/hr for the calculation of the ISBL field cost of
REAL52) a single train as a function of train capacity.
REAL(2) =Maximum size of a single train as defined by the dry

REA(53 =coal feed rate in Nibs/hr ol dry coal.
REAL(3) =Minimum size of a single train as defined by the dry
REAL54) coal feed rate in Nibs/hr of dry coal.
REAL(4) =Constant A in the plant ISBL field cost equation.REL5)=Cntn ntepln SLfedcs qain

REAL(55) = Constant B in the plant ISBL field cost equation.
REAL(56) = Constant E in the plant ISBL field cost equation.

IREAL(58) = Number of spare trains.
REAL(59) -3 ,REAL(70) = Future use.

Percent fresh MAF coal conversion
REAL 92.0 &

Future use (9 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &IPower 900/750 F steam 900 satd steam
0.0 38.084901 0.0 0.0 0.0 0.0 &
600/720 F steam 600 satd steam 150 satd steam
0.0 0.0039062 0.0 -0.104612 0.0 -0.063217 &

50 satd steam Plant fuel Cooling H20
0.0 0.1135311 0.0 0.7267816 0.0 0.3408213 &
Process H20 Nitrogen

0.0 0.0696076 0.0 0.0000300 &3 A-28



Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Opers/day (Opers/day)/train
0.0 8.0 &
Ref Flow Max Flow Min Flow
388.356 390.000 30.0 &
Plant cost equation constants.
A B E F Spares Future use (2 items)
0.0 213.7 0.7142 1.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Set the temperature and pressure of the outlet streams. These

values will override the default values in subroutine USR02.
FLASH-SPECS STRM=2S-GAS KODE=2 TEMP=130.0 PRES=2985.0 NPK=1 KPH=1

STRM = GASES KODE=2 TEMP = 130.0 PRES = 65.0
STRM = NAPHTHA KODE=2 TEMP = 140.0 PRES = 16.0
STRM = GAS-OIL KODE=2 TEMP = 110.0 PRES = 30.0
STRM = 2S-BOTTS KODE=2 TEMP = 688.0 PRES = 28.0
STRM = 2S-SH20 KODE=2 TEMP = 100.0 PRES = 30.0

Plant 3 - The gas plant - use user Fortran block USR03.
BLOCK P03 USER

NOTE: Number of operators adjusted for high space velocity case.
SUBROUTINE MODEL = USR03 REPORT = USR03
DESCRIPTION 'PLANT 3 - THE GAS PLANT (HIGH SPACE VELOCITY CASE)'

PARAM NINT = 4 NREAL = 70
The following 4 integer parameters are:
INT(l) = User block summary report control switch.

0 => Write the complete user block summary report.
1 => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the mormal

ASPEN/SP output report file.
1 => Write the user block summary report to a separate

user block output report file on logical unit 62
called DCL03.REP.

INT(3) Number of operating duplicate trains, excluding spares.
If INT(3) = 0, the minimum number of duplicate
trains will be determined so that the capacity
of each train does not exceed the maximum train
capacity specified by variable REAL(52).

If INT(3) > 0, the number of duplicate trains.
INT(4) = History file additional output control switch.

0 => Write no additional output to the history file.
1 => Write the only the subroutine entry and exit

messages to the history file.
2 => Write some additional output to the history file.

3-5 => Write some more additional output to the history
file. Larger values generate more intermediate

INT 0 1 0 1 output.

A-29



I The following 70 real parameters are:
REAL(I) -

REAL (20) = Future use.IREAL(21) = Constant factor for the power consumption, kw.
REAL(22) = Power consumption per MM SCF/hr of dry C4- gas,

kw/(MM SCF/hr of dry C4- gas)
REAL(23) = Constant factor for the 900 psig / 750 F steamIconsumption, Mb/r
REAL(24) = 900 psig / 750 F steam consumption per MM SCF/hr

of dry C4- gas, (Mlbs/hr)/(MM SCF/hr of dry C4- gas).1REAL(25) = Constant factor for the 900 psig saturated steam
consumption, Mlbs/hr.

REAL(26) = 900 psig saturated steam consumption per MM SCF/hr
of dry C4- gas, (Mlbs/hr)/(MM SCF/hr of dry C4- gas).

REAL(27) = Constant factor for the 600 psig / 720 F steam
consumption, Ml bs/hr.

REAL(28) = 600 psig / 720 F steam consumption per MM SCF/hrB , of dry C4- gas, (Mlbs/hr)/(MM SCF/hr of dry C4- gas).
REAL(29) = Constant factor for the 600 psig saturated steam

consumption, Mlbs/hr.IREAL(30) = 600 psig saturated steam consumption per MM SCF/hr
of dry C4- gas, (Mlbs/hr)/(MM SCF/hr of dry C4- gas).

REAL(31) = Constant factor for the 150 psig saturated steam
consumption, Mlbs/hr.

REAL(32) = 150 psig saturated steam consumption per MM SCF/hr
of dry C4- gas, (Mlbs/hr)/(MM SCF/hr of dry C4- gas).

REAL(33) = Constant factor for the 50 psig saturated steamS consumption, Mlbs/hr.
REAL(34) = 50 psig saturated steam consumption per MM SCF/hr

of dry C4- gas, (Mlbs/hr)/(MM SCF/hr of dry C4- gas).IREAL(35) = Constant factor for the plant fuel consumption,
MM BTU/hr.

REAL(36) = Plant fuel consumption per MM SCF/hr of dry C4- gas,
(MM BTU/hr)/(MM SCF/hr of dry C4- gas).

REAL(37) = Constant factor for the cooling water consumption,
Mgal/hr.

REAL(38) = Cooling water consumption per MM SCF/hr of dry C4-I gas, (Mgal/hr)/(MM SCF/hr of dry C4- gas).
REAL(39) = Constant factor for the process water consumption,

Mgal/hr.
REAL(40) = Process water consumption per MM SCF/hr of dry C4-

gas, (Mgal/hr)/(MM SCF/hr of dry C4- gas).
REAL(41) = Constant factor for the nitrogen consumption,

MM SCF/hr of N2.IREAL(42) = Nitrogen consumption per MM SCF/hr of dry C4- gas,
(MM SCF/hr of N2)/(MM SCF/hr of dry C4- gas).

REAL(43) -IREAL(48) = Future use.
REAL(49) = Constant factor for the number of operators per

day, operators/day.
REAL(50) = Number of operators per day per train,

(operators/day)/trai n.
REAL(51) = Reference gas feed rate to a single train in

MM SCF/hr of dry C4- gas for the calculation of

the ISBL field cost of a single train as a functionI A-30



of train capacity.
REAL(52) = Maximum size of a single train as defined by the

gas feed rate in MM SCF/hr of dry C4- gas.
REAL(53) = Minimum size of a single train as defined by the

gas feed rate in MM SCF/hr of dry C4- gas.
REAL(54) = Constant A in the plant ISBL field cost equation.
REAL(55) = Constant B in the plant ISBL field cost equation.
REAL(56) = Constant E in the plant ISBL field cost equation.
REAL(57) = Constant F in the plant ISBL field cost equation.
REAL(58) = Number of spare trains.
REAL(59) -
REAL(70) = Future use.

Future use (10 items)
REAL 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &

Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Power 900/750 F steam 900 satd steam
0.0 266.17 0.0 0.0 0.0 0.0 &
600/720 F steam 600 satd steam 150 satd steam
0.0 0.0 0.0 148.18 0.0 0.0 &
50 satd steam Plant fuel Cooling H20
0.0 8.0042 0.0 -807.0 0.0 311.26 &
Process H20 Nitrogen
0.0 0.0 0.0 0.0 &
Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Opers/day (Opers/day)/train
0.0 4.0 &
Ref Flow Max Flow Min Flow
1.884 5.0 0.300 &
Plant cost equation constants.
A B E F Spares Future Use (3 items)
0.0 23.6 0.8013 1.0 0.0 0.0 0.0 &
Future Use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Set the temperature and pressure of the outlet streams. These
values will override the default values in subroutine USR03.
FLASH-SPECS STRM = 3S-SGAS KODE=2 TEMP = 137.0 PRES = 55.0

STRM = 3S-FGAS KODE=2 TEMP = 100.0 PRES = 215.0
STRM = 3S-PROP KODE=2 TEMP = 100.0 PRES = 280.0
STRM = 3S-BUT KODE=2 TEMP = 100.0 PRES = 280.0
STRM = 3S-OIL KODE=2 TEMP = 130.0 PRES = 263.0 &

NPK=1 KPH=2 /
STRM = 3S-SH20 KODE=2 TEMP = 137.0 PRES = 55.0

Plant 4 - The naphtha hydrotreater - use user Fortran block USR04.
BLOCK P04 USER

NOTE: Number of operators adjusted for high space velocity case.
SUBROUTINE MODEL = USR04 REPORT = USR04
DESCRIPTION 'PLT 4 - NAPHTHA HYDROTREATER (HIGH SPACE VELOCITY CASE),
PARAM NINT = 4 NREAL = 70

The following 4 integer parameters are:
INT(l) = User block summary report control switch.

0 => Write the complete user block summary report.
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I => Skip the capital cost portion of the summary
report.

2 => Skip the capital cost and utilities portions
of the summary report.

3 => Skip writing the entire user block summary report.
INT(2) =User block summary report destination control switch.

0 => Write the user block summary report to the mormalI ASPEN/SP output report file.
1 => Write the user block summary report to a separate

user block output report file on logical unit 62
called DCLO4.REP.

INT(3) =Number of operating duplicate trains, excluding spares.
If INT(3) = 0, the minimum number of duplicate
trains will be determined so that the capacity
fof each plant does not exceed the maximum train
capacity specified by variable REAL(52).
IfINT(3) > 0, the number of duplicate trains.S INT(4) =History file additional output control switch.

0 => Write no additional output to the history file.
1 => Write the only the subroutine entry and exit3 , messages to the history file.
2 => Write some additional output to the history file.

3-5 => Write some more additional output to the history
file. Larger values generate more intermediate

The olloingoutput.

The olloing70 real parameters are:ftREAL(l) = Percent desulfurization of the C5+ feed; i. e.,
Percent of sulfur removed from the entering C5+ feed.

REAL(2) = Percent denitrogenation of the C5+ feed; i. e.,
Percent of nitrogen removed from the entering C5+ feed.

REAL(3) = Percent deoxygenation of the C5+ feed.
Percent of oxygen removed from the entering C5+ feed.

REAL(4) = Chemical hydrogen consumption in SCF/bbl of C5+ feed.I REAL(S) -
REAL(20) = Future use.

REAL(21) = Constant factor for the power consumption, kw.IREAL(22) = Power consumption per Mlbs/hr of C5+ feed,
kw/(Mlbs/hr of C5+ feed).

REAL(23) = Constant factor for the 900 psig / 750 F steam
consumption, Mlbs/hr.IREAL(24) = 900 psig / 750 F steam consumption per Mlbs/hr of
C5+ feed, (Mlbs/hr)/(Mlbs/hr of C5+ feed).

REAL(25) = Constant factor for the 900 psig saturated steamI consumption, Mlbs/hr.
REAL(26) = 900 psig saturated steam consumption per Mlbs/hr of

C5+ feed, (Mlbs/hr)/(Mlbs/hr of C5+ feed).
REAL(27) = Constant factor for the 600 psig / 720 F steam

consumption, Mlbs/hr.
REAL(28) = 600 psig / 720 F steam consumption per Mlbs/hr of

C5+ feed, (Mlbs/hr)/(Mlbs/hr of C5+ feed).
REAL(29) = Constant factor for the 600 psig saturated steam

consumption, Mlbs/hr.
REAL(30) = 600 psig saturated steam consumption per Mlbs/hr of

C5+ feed, (Mlbs/hr)/(Mlbs/hr of C5+ feed).
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IREAL(31) = Constant factor for the 150 psig saturated steam
consumption, Mlbs/hr.

REAL(32) = 150 psig saturated steam consumption per Mlbs/hr ofU C5+ feed, (Mlbs/hr)/(Mlbs/hr of C5+ feed).
REAL(33) = Constant factor for the 50 psig saturated steam

consumption, Mlbs/hr.
REAL(34) = 50 psig saturated steam consumption per Mlbs/hr of

C5+ feed, (Mlbs/hr)/(Mlbs/hr of C5+ feed).
REAL(35) = Constant factor for the plant fuel consumption,
- MM BTU/hr.IREAL(36) = Plant fuel consumption per Mlbs/hr of C5+ feed,

(MM BTU/hr)/(Mlbs/hr of C5+ feed).
REAL(37) = Constant factor for the cooling water consumption,I Mgal/hr.
REAL(38) = Cooling water consumption per Mlbs/hr of C5+ feed,

(Mgal/hr)/(Mlbs/hr of C5+ feed).
REAL(39) = Constant factor for the process water consumption,I ,/hr

REAL(40) = Process water consumption per Mlbs/hr of C5+ feed,
(Mgal/hr)/(Mlbs/hr of C5+ feed).IREAL(41) = Constant factor for the nitrogen consumption,
MM SCF/hr of N2.

REAL(42) = Nitrogen consumption per Mlbs/hr of C5+ feed,
(MM SCF/hr of N2)/(Mlbs/hr of C5+ feed).

REAL(43) -
REAL(48) = Future use.

REAL(49) = Constant factor for the number of operators perI day, operators/day.
REAL(50) = Number of operators per day per train,

(operators/day)/trai n.
REAL(51) = Reference C5+ feed rate to a single train in Mlbs/hrS REAL52) =for the calculation of the ISBL field cost of a

single train as a function of train capacity.
REAL(2) =Maximum size of a single train as defined by the

C5+ feed rate in Mlbs/hr.
REAL(53) = Minimum size of a single train as defined by the

C5+ feed rate in Mlbs/hr.IREAL(54) = Constant A in the plant ISBL field cost equation.
REAL(55) = Constant B in the plant ISBL field cost equation.
REAL(56) =Constant E in the plant ISBL field cost equation.IREAL(57) = Constant F in the plant ISBL field cost equation.
REAL(58) = Number of spare trains.
REAL(59) -5 ,REAL(70) = Future use.

% Desulfurization % Denitrogenation
REAL 99.99 99.988 &I% Deoxygenation Chemical H2 consumption in SCF/bbl C5+ feed

99.5 125.0 &
Future use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Power 900/750 F steam 900 satd steam

0.0 6.121396 0.0 0.0 0.0 0.0 &
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600/720 F steam 600 satd steam 150 satd steam
0.0 0.0 0.0 0.461843 0.0 0.0 &
50 satc! steam Plant fuel Cooling H20
0.0 0.0 0.0 0.362787 0.0 2.170592 &
Process H20 Nitrogen
0.0 0.011650 0.0 0.0 &
Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Opers/day (Opers/day)/train
0.0 4.0 &
Ref Flow Max Flow Min Flow
196.562 400.0 50.0 &
Plant cost equation constants.
A B E F Spares Future Use (3 items)
0.0 13.6 0.7843 1.0 0.0 0.0 0.0 &
Future Use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Set the temperature and pressure of the outlet streams. These
values will override the default values in subroutine USR04.
FLASH-SPECS STRM = 4S-GAS KODE=2 TEMP = 135.0 PRES = 915.0

STRM = 4S-NAPH KODE=2 TEMP = 100.0 PRES = 153.0
STRM = 4S-SH20 KODE=2 TEMP = 70.0 PRES = 14.7

Plant 5 - The gas-oil hydrotreater - use user Fortran block USR05.
BLOCK P05 USER

SUBROUTINE MODEL = USR05 REPORT = USR05
DESCRIPTION 'PLT 5 - GAS-OIL HYDROTREATER (HIGH SPACE VELOCITY CASE)'
PARAM NINT = 4 NREAL = 70

The following 4 integer parameters are:
INT(l) = User block summary report control switch.

0 => Write the complete user block summary report.
1 => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the mormal

ASPEN/SP output report file.
1 => Write the user block summary report to a separate

user block output report file on logical unit 62
called DCL05.REP.

INT(3) Number of operating duplicate trains, excluding spares.
If INT(3) = 0, the minimum number of duplicate
trains will be determined so that the capacity
of each train does not exceed the maximum train
capacity specified by variable REAL(52).

If INT(3) > 0, the number of duplicate trains.
INT(4) History file additional output control switch.

0 => Write no additional output to the history file.
1 => Write the only the subroutine entry and exit

messages to the history file.
2 => Write some additional output to the history file.

3-5 => Write some more additional output to the history
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Ifile. Larger values generate more intermediate
output.

INT 0 1 0 13The following 70 real parameters are:
REAL(I) = Percent desulfurization of the C6+ feed; i. e.,

Percent of sulfur removed from the entering C6+ feed.
REAL(2) =Percent denitrogenation of the C6+ feed; i. e.,

Percent of nitrogen removed from the entering C6+ feed.
REAL(3) = Percent deoxygenation of the C6+ feed.

Percent of oxygen removed from the entering C6+ feed.IREAL(4) = Chemical hydrogen consumption in SCF/bbl of C6+ feed.
REAL(5) -

REAL(20) = Future use.IREAL(21) = Constant factor for the power consumption, kw.
REAL(22) = Power consumption per Mlbs/hr of C6+ feed,

kw/ (Ml bs/hr) .
REAL(23) = Constant factor for the 900 psig / 750 F steamI , consumption, Ml bs/hr.
REAL(24) = 900 psig / 750 F steam consumption per Mlbs/hr of

C6+ feed, (Mlbs/hr)/(Mlbs/hr).IREAL(25) = Constant factor for the 900 psig saturated steam
consumption, Mlbs/hr.

REAL(26) = 900 psig saturated steam consumption per Mlbs/hr of
C6+ feed, (Mlbs/hr)/(Mlbs/hr).

REAL(27) = Constant factor for the 600 psig / 720 F steam
consumption, Mlbs/hr.

REAL(28) = 600 psig / 720 F steam consumption per Mlbs/hr ofI C6+ feed, (Mlbs/hr)/(Mlbs/hr).
REAL(29) =Constant factor for the 600 psig saturated steam

consumption, Mlbs/hr.IREAL(30) = 600 psig saturated steam consumption per Mlbs/hr of
C6+ feed, (Mlbs/hr)/(Mlbs/hr).

REAL(31) = Constant factor for the 150 psig saturated steam
consumption, Mlbs/hr.

REAL(32) = 150 psig saturated steam consumption per Mlbs/hr of
C6+ feed, (Mlbs/hr)/(Mlbs/hr).

REAL(33) = Constant factor for the 50 psig saturated steamI consumption, Mlbs/hr.
REAL(34) = 50 psig saturated steam consumption per Mlbs/hr of

C6+ feed, (Mlbs/hr)/(Mlbs/hr).IREAL(35) = Constant factor for the plant fuel consumption,
MM BTU/hr.

REAL(36) = Plant fuel consumption per Mlbs/hr of C6+ feed,
(MM BTU/hr)/(Mlbs/hr).

REAL(37) = Constant factor for the cooling water consumption,
Mgal/hr.

REAL(38) = Cooling water consumption per Mlbs/hr of C6+ feed,I (Mgal/hr)/(Mlbs/hr).
REAL(39) = Constant factor for the process water consumption,

Mgal/hr.
REAL(40) = Process water consumption per Mlbs/hr of C6+ feed,

(Mgal/hr)/(Mlbs/hr).
REAL(41) = Constant factor for the nitrogen consumption,

MM SCF/hr of N2.

REAL(42) = Nitrogen consumption per Mlbs/hr of C6+ feed,3 A-35



U,(MM SCF/hr of N)(lsh)
REAL(43) -

REAL(48) = Future use.UREAL(49) = Constant factor for the number of operators per
day, operators/day.

REAL(50) = Number of operators per day per train,
(operators/day)/trai n.

REAL(51) = Reference C6+ feed rate to a single train in Mlbs/hr
for the calculation of the ISBL field cost of a
single train as a function of train capacity.

REAL(52) = Maximum size of a single train as defined by the
C6+ feed rate in Mlbs/hr.

REAL(53) = Minimum size of a single train as defined by theI C6+ feed rate in Mlbs/hr.
REAL(54) = Constant A in the plant ISBL field cost equation.
REAL(55) = Constant B in the plant ISBL field cost equation.
REAL(56) = Constant E in the plant 1581 field cost equation.
REAL(57) = Constant F in the plant 1581 field cost equation.
REAL(58) = Number of spare trains.
REAL(59) -

REAL(70) = Future use.

% Desulfurization % Denitrogenation
REAL 90.8 85.15 &

% Deoxygenation Chemical H2 consumption in SCF/bbl C6+ feed
97.0 1093.6 &
Future use (6 items)I0.0 0.0 0.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &IPower 900/750 F steam 900 satd steam
0.0 2.818932 0.0 0.0 0.0 0.0 &
600/720 F steam 600 satd steam 150 satd steam
0.0 0.0 0.0 0.0814431 0.0 -0.137307 &
50 satd steam Plant fuel Cooling H20
0.0 0.0 0.0 0.439843 0.0 0.0259967 &
Process H20 NitrogenI0.0 0.00640085 0.0 0.0 &
Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &IOpers/day (Opers/day)/train
0.0 4.0 &
Ref Flow Max Flow Min Flow
762.102 800.0 150.0 &IPlant cost equation constants.
A B E F Spares Future Use (2 items)
0.0 82.9 0.7467 1.0 0.0 0.0 0.0 &
Future Use (10 items)

Set the temperature and pressure of the outlet streams. These

vauswl vrietedfutvalues in0;:broutin: :SR05.
The 5S-LPGAS and 5S-NAPH temperature and pressure are those leaving
Plant 4 where this fractionation is actually performed.
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STRM = 5S-LPGAS KODE=2 TEMP = 135.0 PRES = 915.0
STRM = 5S-NAPH KODE=2 TEMP = 100.0 PRES = 153.0
STRM = P350-450 KODE=2 TEMP = 110.0 PRES = 80.0
STRM = P450-650 KODE=2 TEMP = 135.0 PRES = 20.0
STRM = P650-850 KODE=2 TEMP = 135.0 PRES = 20.0
STRM = 5S-SH20 KODE=2 TEMP = 135.0 PRES = 20.0

Plant 6.1 - The Hydrogen purification by Membrane Separation Plant.
BLOCK P61 USER

SUBROUTINE MODEL = USR61 REPORT = USR61
DESCRIPTION 'P6.1 - MEMBRANE H2 PURIFICATION PLT (HIGH SPACE VELOCITY)'
PARAM NINT = 4 NREAL = 70

The following 4 integer parameters are:
INT(I) = User block summary report control switch.

0 => Write the complete user block summary report.
I => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the normal

ASPEN/SP output report file.
1 => Write the user block summary report to a separate

user block output report file on logical unit 62
called DCL61.REP.

INT(3) Number of operating duplicate trains, excluding spares.
If INT(3) = 0, the minimum number of duplicate
trains will be determined so that the capacity
of each train does not exceed the maximum train
capacity specified by variable REAL(52).

If INT(3) > 0, the number of duplicate trains.
INT(4) = History file additional output control switch.

0 => Write no additional output to the history file.
I => Write the only the subroutine entry and exit

messages to the history file.
2 => Write some additional output to the history file.

3-5 => Write some more additional output to the history
file. Larger values generate more intermediate
output.

INT 0 1 0 1
The following 70 real parameters are:
REAL(I) = Percent hydrogen recovery to the hydrogen-rich

product gas stream from the inlet gas stream.
REAL(2) = Concentration of hydrogen in the hydrogen-rich

product gas stream, mole % or vol%.
REAL(3)-
REAL(20) = Future use.

REAL(21) = Constant factor for the power consumption, kw.
REAL(22) = Power consumption per MM SCF/hr of H2 recovered,

kw/(MM SCF/hr of H2 recovered).
REAL(23) = Constant factor for the 900 psig / 750 F steam

consumption, Mlbs/hr.
REAL(24) = 900 psig / 750 F steam consumption per MM SCF/hr of

H2 recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).
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UREAL(25) = Constant factor for the 900 psig saturated steam
consumption, Mlbs/hr.

REAL(26) = 900 psig saturated steam consumption per MM SCF/hr
of H2 recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).

REAL(27) = Constant factor for the 600 psig / 720 F steam
consumption, Mlbs/hr.

REAL(28) = 600 psig / 720 F steam consumption per MM SCF/hr of
H2 recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).

REAL(29) = Constant factor for the 600 psig saturated steam
consumption, Mlbs/hr.IREAL(30) = 600 psig saturated steam consumption per MM SCF/hr of
H2 recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).

REAL(31) = Constant factor for the 150 psig saturated steam
consumption, Mlbs/hr.

REAL(32) = 150 psig saturated steam consumption per MM SCF/hr of
H2 recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).

REAL(33) = Constant factor for the 50 psig saturated steamI consumption, Mlbs/hr.
REAL(34) = 50 psig saturated steam consumption per MM SCF/hr of

H2 recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).IREAL(35) = Constant factor for the plant fuel consumption,
MM BTU/hr.

REAL(36) = Plant fuel consumption per MM SCF/hr of H2 recovered,
(Mlbs/hr)/(MM SCF/hr of H2 recovered).

REAL(37) = Constant factor for the cooling water consumption,
Mgal/hr.

REAL(38) = Cooling water consumption per MM SCF/hr of H2I recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).
REAL(39) = Constant factor for the process water consumption,

Mgal/hr.IREAL(40) = Process water consumption per MM SCF/hr of H2
recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).

REAL(41) = Constant factor for the nitrogen consumption,
MM SCF/hr of N2

REAL(42) = Nitrogen consumption per MM SCF/hr of H2 recovered,
(MM SCF/hr of N2)/(MM SCF/hr of H2 recovered).

REAL(43) -IREAL(48) = Future use.
REAL(49) = Constant factor for the number of operators per

day, operators/day.
REAL(50) = Number of operators per day per train,

(operators/day)/trai n.
REAL(51) = Reference hydrogen recovery rate for a single train

in MM SCF/hr of H2 for the calculation of theI ISBL field cost of a single train as a function of
capacity.

REAL(52) = Maximum size of a single train as defined by the
hydrogen recovery rate in MM SCF/hr of H2
recovered.

REAL(53) = Minimum size of a single train as defined by the
hydrogen recovery rate in MM SCF/hr of H2
recovered.

REAL(54) = Constant A in the plant ISBL field cost equation.
REAL(55) = Constant B in the plant ISBL field cost equation.

REAL(56) = Constant E in the plant ISBL field cost equation.
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REAL(57) = Constant F in the plant ISBL field cost equation.
REAL(58) = Number of spare trains.
REAL(59) -
REAL(70) = Future use.

Percent H2 recovery H2 purity in mole %
REAL 43.83285 99.98677 &

Future use (8 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Power 900/750 F steam 900 satd steam
0.0 12254.04 0.0 0.0 0.0 0.0 &
600/720 F steam 600 satd steam 150 satd steam
0.0 0.0 0.0 0.0 0.0 65.094 &
50 satd steam Plant fuel Cooling H20
0.0 2.054966 0.0 0.0 0.0 42.705864 &
Process H20 Nitrogen
0.0 0.854117 0.0 0.0 &
Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Opers/day (Opers/day)/train
0.0 12.0 &
Ref Flow Max Flow Min Flow
1.106 2.5 0.5 &
Plant cost equation constants.
A B E F Spares Future use (2 items)
0.0 130.0 0.8478 1.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Set the temperature and pressure of the outlet streams. These
values will override the default values in subroutine USR61.
FLASH-SPECS STRM = H2-RICH KODE=2 TEMP = 100.0 PRES = 3290.0

STRM = SOUR-GAS KODE=2 TEMP = 250.0 PRES = 14.7
STRM = P61-GAS KODE=2 TEMP = 111.0 PRES = 500.0

Plant 6.2 - The Hydrogen purification by Pressure Swing Absorption
Plant.

bLOCK P62 USER
SUBROUTINE MODEL USR62 REPORT = USR62
DESCRIPTION 'P6.2 PSA H2 PURIFICATION PLANT (HIGH SPACE VELOCITY)'
PARAM NINT = 4 NREAL = 70

The following 4 integer parameters are:
INT(l) = User block summary report control switch.

0 => Write the complete user block summary report.
I => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) = User block summary report destination control switch.
0 => Write the user block summary report to the normal

ASPEN/SP output report file.
I => Write the user block summary report to a separate

A-39



I , user block output report file on logical unit 62
called 0CL62.REP.

* INT(3) =Number of operating duplicate trains, excluding spares.
* , If INI(3) = 0, the minimum number of duplicate

trains will be determined so that the capacity
of each train does not exceed the maximum train
capacity specified by variable REAL(52).

If INT(3) > 0, the number of duplicate trains.
INT(4) =History file additional output control switch.

0 => Write no additional output to the history file.
I => Write the only the subroutine entry and exit

messages to the history file.
2 => Write some additional output to the history file.I3-5 => Write some more additional output to the history

file. Larger values generate more intermediate
output.

INT 0 1 0 1
The following 70 real parameters are:
REAL(I) = Percent hydrogen recovery to the hydrogen-rich

product gas stream from the inlet gas stream.IREAL(2) = Concentration of hydrogen in the hydrogen-rich
product gas stream, mole % or vol%.

REAL(3)-IREAL(20) = Future use.
REAL(21) = Constant factor for the power consumption, kw.
REAL(22) = Power consumption per MM SCF/hr of H2 recovered,

kw/(MM SCF/hr of H2 recovered).IREAL(23) = Constant factor for the 900 psig / 750 F steam
consumption, Mlbs/hr.

REAL(24) = 900 psig / 750 F steam consumption per MM SCF/hr of
H2 recovered, (Mlb-s/hr)/(MM SCF/hr of H2 recovered).UREAL(25) = Constant factor for the 900 psig saturated steam
consumption, Mlbs/hr.

REAL(26) = 900 psig saturated steam consumption per MM SCF/hr
of H2 recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).

REAL(27) = Constant factor for the 600 psig / 720 F steam
consumption, Mlbs/hr.IREAL(28) = 600 psig / 720 F steam consumption per MM SCF/hr of
H2 recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).

REAL(29) = Constant factor for the 600 psig saturated steamI consumption, Mlbs/hr.
REAL(30) = 600 psig saturated steam consumption per MM SCF/hr of

H2 recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).
REAL(31) = Constant factor for the 150 psig saturated steam

consumption, Mlbs/hr.
REAL(32) = 150 psig saturated steam consumption per MM SCF/hr of

H2 recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).IREAL(33) = Constant factor for the 50 psig saturated steam
consumption, Mlbs/hr.

REAL(34) = 50 psig saturated steam consumption per MM SCF/hr of
H2 recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).IREAL(35) =Constant factor for the plant fuel consumption,
MM BTU/hr.

REAL(36) = Plant fuel consumption per MM SCF/hr of H2 recovered,

(Mlbs/hr)/(MM SCF/hr of H2 recovered).
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IREAL(37) = Constant factor for the cooling water consumption,
Mgal/hr.

REAL(38) = Cooling water consumption per MM SCF/hr of H2I = recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).
REAL(39) =Constant factor for the process water consumption,

Mgal/hr.
REAL(40) = Process water consumption per MM SCF/hr of H2

recovered, (Mlbs/hr)/(MM SCF/hr of H2 recovered).
REAL(41) =Constant factor for the nitrogen consumption,

MM SCF/hr of N2
REAL(2) =Nitrogen consumption per MM SCF/hr of H2 recovered,

(MM SCF/hr of N2)/(MM SCF/hr of H2 recovered).
REAL(43) -IREAL(48) = Future use.
REAL(49) =Constant factor for the number of operators per

day, operators/day.
REAL(50) = Number of operators per day per train,I (operators/day)/trai n.
REAL(51) = Reference hydrogen recovery rate for a single train

in MM SCF/hr of H2 for the calculation of the
ISBL field cost of a single train as a function of
capacity.

REAL(52) = Maximum size of a single train as defined by theIhydrogen recovery rate in MM SCF/hr of H2
recovered.

REAL(53) = Minimum size of a single train as defined by the
hydrogen recovery rate in MM SCF/hr of H21~ recovered.

REAL(54) = Constant A in the plant ISBL field cost equation.
REAL(55) = Constant B in the plant ISBL field cost equation.
REAL(56) = Constant E in the plant ISBL field cost equation.
REAL(57) = Constant F in the plant ISBL field cost equation.
REAL(58) = Number of spare trains.
REAL(59) -

REAL(70) = Future use.

The cost of Plant 6.2 is included in Plant 6.1.IPercent H2 recovery H2 purity in mole %
REAL 89.5033 90.01665 &

Future use (8 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Power 900/750 F steam 900 satd steamI0.0 5485.989 0.0 0.0 0.0 0.0 &
600/720 F steam 600 satd steam 150 satd steam
0.0 0.0 0.0 0.0 0.0 0.0 &I50 satd steam Plant fuel Cooling H20
0.0 0.0 0.0 0.0 0.0 87.29583 &
Process H20 Nitrogen
0.0 0.530875 0.0 0.0 &
Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Opers/day (Opers/day)/train

0.0 0.0 &
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Ref Flow Max Fl ow Min Flow
3.61667 5.0 0.5 &
Plant cost equation constants.
A B E F Spares Future use (2 items)
0.0 0.0 0.7 1.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Set the temperature and pressure of the outlet streams. These
values will override the default values in subroutine USR62.
FLASH-SPECS STRM = H2-2RICH KODE=2 TEMP = 100.0 PRES = 3290.0

STRM = SOUR-2GS KODE=2 TEMP = 250.0 PRES = 14.7
STRM = GAS-OUT KODE=2 TEMP = 111.0 PRES = 25.0
STRM = NAPHTHA2 KODE=2 TEMP = 100.0 PRES = 50.0

Plant 7 - The naphtha reformer - use user Fortran block USR07.
BLOCK P07 USER

SUBROUTINE MODEL = USR07 REPORT = USR07
DESCRIPTION 'PLANT 7 - THE NAPHTHA REFORMER'
PARAM NINT = 4 NREAL = 70

The following 4 integer parameters are:
INT(l) = User block summary report control switch.

0 => Write the complete user block summary report.
1 => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the mormal

ASPEN/SP output report file.
1 => Write the user block summary report to a separate

user block output report file on logical unit 62
called DCL07.REP.

INT(3) Number of operating duplicate trains, excluding spares.
If INTM = 0, the minimum number of duplicate
trains will be determined so that the capacity
of each plant does not exceed the maximum train
capacity specified by variable REAL(52).

If INT(3) > 0, the number of duplicate trains.
INT(4) History file additional output control switch.

0 => Write no additional output to the history file.
1 => Write the only the subroutine entry and exit

messages to the history file.
2 => Write some additional output to the history file.

3-5 => Write some more additional output to the history
file. Larger values generate more intermediate

INT 0 1 0 1 output.

The following 70 real parameters are:
REAL(l) -
REAL(20) = Future use.

REAL(21) = Constant factor for the power consumption, kw.
REAL(22) = Power consumption per Mlbs/hr of feed,

kw/(Mlbs/hr of feed).
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REAL(23) = Constant factor for the 900 psig / 750 F steam
consumption, Ml bs/hr.

REAL(24) = 900 psig / 750 F steam consumption per Mlbs/hr of
REAL(5) =feed, (Mlbs/hr)/(Mlbs/hr of feed).
REAL(5) =Constant factor for the 900 psig saturated steam

=consumption, Mlbs/hr.
REAL(26) =900 psig saturated steam consumption per Mlbs/hr of

feed, (Mlbs/hr)/(Mlbs/hr of feed).
REAL(27) = Constant factor for the 600 psig / 720 F steam

consumption, Mlbs/hr.IREAL(28) = 600 psig / 720 F steam consumption per Mlbs/hr of
feed, (Mlbs/hr)/(Mlbs/hr of feed).

REAL(29) = Constant factor for the 600 psig saturated steam

REAL(0) =consumption, Mlbs/hr.
REAL(0) =600 psig saturated steam consumption per Mlbs/hr of
REAL(1) =feed, (Mlbs/hr)/(Mlbs/hr of feed).
REAL(1) =Constant factor for the 150 psig saturated steamI consumption, Mlbs/hr.

REAL(32) = 150 psig saturated steam consumption per Mlbs/hr of

REAL(3) =feed, (Mlbs/hr)/(Mlbs/hr of feed).
REAL(3) =Constant factor for the 50 psig saturated steam

consumption, Mlbs/hr.
REAL(34) = 50 psig saturated steam consumption per Mlbs/hr of

REA(35 =feed, (Mlbs/hr)/(Mlbs/hr of feed).
REAL(5) =Constant factor for the plant fuel consumption,
REAL(36)MM BTU/hr.
REAL(6) =Plant fuel consumption per Mlbs/hr of feed,

REAL(7) =(MM BTU/hr)/(Mlbs/hr of feed).
REAL(7) =Constant factor for the cooling water consumption,
REAL(8) =Mgal/hr.

REAL(8) =Cooling water consumption per Mlbs/hr of feed,
(Mgal/hr)/(Mlbs/hr of feed).

REAL(39) =Constant factor for the process water consumption,
Mg al /hr.

REAL(40) = Process water consumption per Mlbs/hr of feed,
REAL(1) =(Mgal/hr)/(Mlbs/hr of feed).

REL41 Constant factor for the nitrogen consumption,
MM SCF/hr of N2.

REAL(42) = Nitrogen consumption per Mlbs/hr of feed,
(MM SCF/hr of N2)/(Mlbs/hr of feed).

REAL(43) -

REAL(48) = Future use.
REAL(49) = Constant factor for the number of operators per

day, operators/day.IREAL(50) = Number of operators per day per train,
(operators/day)/train.

REAL(51) = Reference feed rate to a single train in Mlbs/hrI for the calculation of the ISBL field cost of a
single train as a function of train capacity.

REAL(52) = Maximum size of a single train as defined by the
feed rate in Mlbs/hr.

REAL(53) = Minimum size of a single train as defined by the
feed rate in Mlbs/hr.

REAL(54) = Constant A in the plant ISBL field cost equation.

REAL(55) = Constant B in the plant ISBL field cost equation.
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REAL (56) = Constant E in the plant ISBL field cost equation.
REAL (57) = Constant F in the plant ISBL field cost equation.
REAL(58) = Number of spare trains.
REAL(59) -
REAL(70) = Future use.

Future use (10 items)
REAL 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &

Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Power 900/750 F steam 900 satd steam
0.0 2.26494 0.0 0.0 0.0 0.0 &
600/720 F steam 600 satd steam 150 satd steam
0.0 -0.314772 0.0 0.0 0.0 0.0 &
50 satd steam Plant fuel Cooling H20
0.0 0.0 0.0 1.41781 0.0 0.123590 &
Process H20 Nitrogen
0.0 0.0 0.0 0.0 &
Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Opers/day (Opers/day)/train
0. 8. &
Ref Flow Max Flow Min Flow
224.289 400.0 50.0 &
Plant cost equation constants.
A B E F Spares Future Use (3 items)

0.0 30.7 0.75 1.0 0.0 0.0 0.0 &
Future Use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Set the temperature and pressure of the outlet streams. These

values will override the default values in subroutine USR07.

FLASH-SPECS STRM = 7S-H2 KODE=2 TEMP = 80.0 PRES = 14.7
STRM = 7S-GAS KODE=2 TEMP = 80.0 PRES = 14.7
STRM = REFORMED KODE=2 TEMP = 80.0 PRES = 14.7

Plant 8.1 - The ROSE-SR unit - user Fortran block USR81.

BLOCK P81 USER
SUBROUTINE MODEL = USR81 REPORT = USR81
DESCRIPTION 'PLANT 8.1 THE ROSE-SR UNIT'
PARAM NINT = 4 NREAL 70

The following 4 integer parameters are:
INT(l) = User block summary report control switch.-

0 => Write the complete user block summary report.
1 => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the normal

ASPEN/SP output report file.
I => Write the user block summary report to a separate

user block output report file on logical unit 62
called DCL81.REP.
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INT(3) = Number of operating duplicate trains, excluding spares.
If INT(3) = 0, the minimum number of duplicate

trains will be determined so that the capacityI of each train does not exceed the maximum train
capacity specified by variable REAL(52).

If INT(3) > 0, the number of duplicate plants.I INT(4) =History file additional output control switch.
0 => Write no additional output to the history file.
1 => Write the only the subroutine entry and exit

messages to the history file.
2 2=> Write some additional output to the history file.

3-5 => Write some more additional output to the history
file. Larger values generate more intermediate

INT 0 1 0 1oupt

The following 70 real parameters are:
REAL(I) = Hydrocarbon rejection factor.
REAL(2)-
REAL(20) = Future use.

REAL(21) = Constant factor for the power consumption, kw.

REAL(22) = Power consumption per Mlbs/hr of extract,
REAL(3) =kw/(Mlbs/hr of extract).
REAL(3) =Constant factor for the 900 psig / 750 F steam

consumption, Ml bs/hr.
REAL(24) = 900 psig / 750 F steam consumption per Mlbs/hr of

REAL(5) =extract, (Mlbs/hr)/(Mlbs/hr of extract).
REAL(5) =Constant factor for the 900 psig saturated steam

REAL(6) =consumption, Mlbs/hr.
REAL(6) =900 psig saturated steam consumption per Mlbs/hr of
REAL(7) =extract, (Mlbs/hr)/(Mlbs/hr of extract).IEL27 Constant factor for the 600 psig / 720 F steam
REAL(8) =consumption, Mlbs/hr.
REAL(8) =600 psig / 720 F steam consumption per Mlbs/hr of

extract, (Mlbs/hr)/(Mlbs/hr of extract).

REAL(29) = Constant factor for the 600 psig saturated steam
REAL(0) =consumption, Mlbs/hr.
REAL(0) =600 psig saturated steam consumption per Mlbs/hr of

extract, (Mlbs/hr)/(Mlbs/hr of extract).
REAL(31) = Constant factor for the 150 psig saturated steam

consumption, Mlbs/hr.
REAL(32) = 150 psig saturated steam consumption per Mlbs/hr of

extract, (Mlbs/hr)/(Mlbs/hr of extract).
REAL(33) = Constant factor for the 50 psig saturated steam

consumption, Mlbs/hr.

REAL(34) = 50 psig saturated steam consumption per Mlbs/hr of
extract, (Mlbs/hr)/(Mlbs/hr of extract).

REAL(35) = Constant factor for the plant fuel consumption,I MM BTU/hr.
REAL(36) = Plant fuel consumption per Mlbs/hr of extract,

(Mlbs/hr)/(Mlbs/hr of extract).
REAL(37) = Constant factor for the cooling water consumption,

Mgal/hr.
REAL(38) = Cooling water consumption per Mlbs/hr of extract,

REA(39 =(Mlbs/hr)/(Mlbs/hr of extract).
REAL(9) =Constant factor for the process water consumption,
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Mgal/hr.
REAL(40) = Process water consumption per Mlbs/hr of extract,

(Mlbs/hr)/(Mlbs/hr of extract).
REALk4l) = Constant factor for the nitrogen consumption,

MM SCF/hr of N2
REAL(42) = Nitrogen consumption per Mlbs/hr of extract,

(MM SCF/hr of N2)/(Mlbs/hr of extract).
REAL(43) -
REAL(48) = Future use.

REAL(49) = Constant factor for the number of operators per
day, operators/day.

REAL(50) = Number of operators per day per train,
(operators/day)/train.

REAL(51) = Reference feed rate to a single train in Mlbs/hr of
unit feed for the calculation of the capital cost of
a single train as a function of train capacity.

REAL(52) = Maximum size of a single train as defined by the
unit feed rate in Mlbs/hr of unit feed.

REAL(53) = Minimum size of a single train as defined by the
unit feed rate in Mlbs/hr of unit feed.

REAL(54) = Constant A in the plant costing equation.
REAL(55) = Constant B in the plant costing equation.
REAL(56) = Constant E in the plant costing equation.
REAL(57) = Constant F in the plant costing equation.
REAL(58) = Number of spare trains.
REAL(59) -
REAL(70) = Future use.

Hydrocarbon rejection factor
REAL 0.96315 &

Future use (9 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Power 900/750 F steam 900 satd steam
0.0 8.098677 0.0 0.0 0.0 0.0 &
600/720 F steam 600 satd steam 150 satd steam
0.0 0.0 0.0 0.0 0.0 0.0471832 &
50 satd steam Plant fuel Cooling H20
0.0 0.0 0.0 0.393518 0.0 0.0 &
Process H20 Nitrogen
0.0 0.0 0.0 0.0 &
Future Use (6 items)
0. 0. 0. 0. 0. 0. &
Opers/day (Opers/day)/train
0.0 8.0 &
Ref Flow Max Flow Min Flow
907.390 1500.0 500.0 &
Plant cost equation constants.
A B E F Spares Future use (2 items)
0.0 42.2 0.7215 1.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Set the temperature and pressure of the outlet streams. These
values will override the default values in subroutine USR81.
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FLASH-SPECS STRM = ROSE-XTR KODE=2 TEMP = 300.0 PRES = 115.0
STRM = ASH-CONC KODE=2 TEMP = 150.0 PRES = 14.7

Plant 9 - H2 Production by coal gasification, Use the User Fortran
Block USR09.

BLOCK P09 USER
SUBROUTINE MODEL = USR09 REPORT = USR09
DESCRIPTION 'PLANT 9 - H2 PRODUCTION BY COAL GASIFICATION PLANT'

NOTE: The gasifier parameters have been adjusted to match the
high space velocity case.

PARAM NINT = 4 NREAL = 70
The following 4 integer parameters are:
INT(I) = User block summary report control switch.

0 => Write the complete user block summary report.
I => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the normal

ASPEN/SP output report file called DCL09.REP.
1 => Write the user block summary report to a separate

user block output report file on logical unit 62.
INT(3) Number of operating duplicate trains, excluding spares.

If INT(3) = 0, the minimum number of duplicate
trains will be determined so that the capacity
of each train does not exceed the maximum train
capacity specified by variable REAL(52).

If INT(3) > 0, the number of duplicate trains.
INT(4) = History file additional output control switch.

0 => Write no additional output to the history file.
I => Write the only the subroutine entry and exit

messages to the history file.
2 => Write some additional output to the history file.

3-5 => Write some more additional output to the history
file. Larger values generate more intermediate
output.

INT 0 1 0 1
The following 70 real parameters are:
REAL(I) = Molar CO/CO2 ratio in the gasifier product gas.
REAL(2) = Fraction of carbon entering the gasifier that goes

to carbonyl sulfide (COS).
REAL(3) = Fraction of carbon entering the gasifier that goes

to methane (CH4).
REAL(4) = Fraction of nitrogen entering the gasifier that goes

to ammonia (NH3).
REAL(5) = Carbon content of the slag produced by the gasifier,

wt %.
REAL(6) = Fraction of carbon monoxide (CO) entering the shift

reactors that is shifted; i.e., converted to carbon
dioxide (C02) by the chemical reaction

CO + H20 ----- > C02 + H2
REAL(7) = Fraction of carbonyl sulfide (COS) entering the shift

reactor section that is hydrolyzed; i.e., converted
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to carbon dioxide (C02) and hydrogen sulfide (H2S)
by the chemical reaction

COS +H20 -----> C02 +H2S
REAL(8) = Future use.
REAL(9)-
REAL(20) = Rectisol section component distribution factors,

where
REAL(9) = Fraction of inlet H2 going to the hydrogen-rich

gas stream.
REAL(1O) = Fraction of inlet H2 going to the acid gas stream.FREAL(11) = Fraction of inlet CO going to the hydrogen-rich

gas stream.
REAL(12) = Fraction of inlet CO going to the acid gas stream.I-REAL(13) = Fraction of inlet C02 going to the hydrogen-rich

gas stream.
REAL(14) = Fraction of inlet C02 going to the acid gas stream.
REAL(15) = Fraction of inlet CH4 going to the hydrogen-rich

gas stream.
REAL(16) = Fraction of inlet CH4 going to the acid gas stream.
REAL(17) = Fraction of inlet N2 going to the hydrogen-rich

11 , gas stream.
REAL(18) = Fraction of inlet N2 going to the acid gas stream.
REAL(19) = Fraction of inlet H2S going to the hydrogen-rich

gas stream.
REAL(20) = Fraction of inlet H2S going to the acid gas stream.
REAL(21) = Constant factor for the power consumption, kw.
REAL(22) = Power consumption per MM SCF/hr of hydrogen

produced, kw/(MM SCF/hr of H2).
REAL(3) =Constant factor for the 900 psig / 750 F steam
REAL(4) =900 psig / 750 F steam consumption per MM SCF/hr of

hydrogen produced, (Mlbs/hr)/(MM SCF/hr of H2).
REAL(5) =Constant factor for the 900 psig saturated steam

consumption, Mlbs/hr.
REAL26)= 900 psig saturated steam consumption per MM SCF/hr of

hydrogen produced, (Mlbs/hr)/(MM SCF/hr of H2).
REAL(27) = Constant factor for the 600 psig / 720 F steam

consumption, Mlbs/hr.
REAL(28) = 600 psig / 720 F steam consumption per MM SCF/hr of

hydrogen produced, (Mlbs/hr)/(MM SCF/hr of H2).SiREAL(29) = Constant factor for the 600 psig saturated steam
consumption, Mlbs/hr.

REAL(30) = 600 psig saturated steam consumption per MM SCF/hr of
hydrogen produced, (Mlbs/hr)/(MM SCF/hr of H2).

REAL(31) = Constant factor for the 150 psig saturated steam
consumption, Mlbs/hr.

REAL(32) = 150 psig saturated steam consumption per MM SCF/hr of
hydrogen produced, (Mlbs/hr)/(MM SCF/hr of H2).

REAL(33) = Constant factor for the 50 psig saturated steam
consumption, Mlbs/hr.

REAL(34) = 50 psig saturated steam consumption per MM SCF/hr of
hydrogen produced, (Mlbs/hr)/(MM SCF/hr of H2).

REAL(35) = Constant factor for the plant fuel consumption,
MM BTU/hr.

REAL(36) = Plant fuel consumption per MM SCF/hr of hydrogen
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Component distribution factors for N2 to H2 and acid gas.
0.0932727 0.0923972 &
Component distribution factors for H2S to H2 and acid gas.
0.0 0.990203 &
Power 900/750 F steam 900 satd steam
0.0 3679.14335 0.0 0.0 0.0 0.0 &
600/720 F steam 600 satd steam 150 satd steam
0.0 0.0 0.0 -16.98424 0.0 -44.40466 &
50 satd steam Plant fuel Cooling H20
0.0 -45.47563 0.0 -57.09919 0.0 183.6952 &
Process H20 Nitrogen
0.0 4.176796 0.0 0.0824568 &
Future Use (6 items)
0. 0. 0. 0. 0. 0. &
Opers/day (Opers/day)/train
0.0 24. &
Ref Flow Max Flow Min Flow
3.436 3.5 1.0 &
Plant cost equation constants.
A B E F Spares Future use (3 items)
0.0 52.7 0.7658 1.0 0. 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Set the temperature and pressure of the outlet streams. These
values will override the default values in subroutine USR09.
FLASH-SPECS STRM = H2-GAS KODE=2 TEMP = 80. PRES = 14.7

STRM = H2S-GAS KODE=2 TEMP = 80. PRES = 14.7
STRM = VENT-GAS KODE=2 TEMP = 80. PRES = 14.7
STRM = 9S-SH20 KODE=2 TEMP = 80. PRES = 14.7
STRM = SLAG KODE=2 TEMP = 80. PRES = 14.7

Plant 9.1 - Steam Reforming of Natural Gas Plant.
BLOCK P91 USER

SUBROUTINE MODEL = USR91 REPORT = USR91
DESCRIPTION 'PLANT 9.1 STEAM REFORMING OF NATURAL GAS PLANT/

PARAM NINT = 4 NREAL 70
The following 4 integer parameters are:
INT(I) = User block summary report control switch.

0 => Write the complete user block summary report.
I => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the normal

ASPEN/SP output report file.
1 => Write the user block summary report to a separate

user block output report file on logical unit 62
called DCL91.REP.

INT(3) = Number of operating duplicate plants, excluding spares.
If INT(3) = 0, the minimum number of duplicate

plants will be determined so that the capacity
of each plant does not exceed the maximum plant
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REAL (39) = Constant factor for the process water consumption,
Mgal/hr.

REAL(40) = Process water consumption per MM SCF/hr of hydrogen
produced, (Mgal/hr)/(MM SCF/hr of H2).

REAL(41) = Constant factor for the nitrogen consumption,
MM SCF/hr of N2..

REAL(42) = Nitrogen consumption per MM SCF/hr of hydrogen
produced, (MM SCF/hr of N2)/(MM SCF/hr of H2).

REAL(43) -
REAL(48) = Future use.

REAL(49) = Constant factor for the number of operators per
day, operators/day.

REAL(50) = Number of operators per day per operating train,
(operators/day)/train.

REAL(51) = Reference hydrogen production rate of a single train
in MM SCF/hr of H2 for the calculation of the ISBL
field cost of a single train as a function of train
capacity.

REAL(52) = Maximum plant size as defined by the hydrogen
production rate in MM SCF/hr of H2.

REAL(53) = Minimum plant size as defined by the hydrogen
production rate in MM SCF/hr of H2.

REAL(54) = Constant A in the plant ISBL field cost equation.
REAL(55) = Constant B in the plant ISBL field cost equation.
REAL(56) = Constant E in the plant ISBL field cost equation.
REAL(57) = Constant F in the plant ISBL field cost equation.
REAL(58) = Number of spare plants.
REAL(59) -
REAL(70) = Future use.

NOTES: 1. MM SCF/hr of hydrogen produced means MM SCF/hr of hydrogen
in the hydrogen rich product gas stream and NOT the total
flow rate of the hydrogen rich product gas stream.

2. The number of operators in this plant and Plants 31.1 and
31.4 is set so as to maintain the same total number of
operators as used for the baseline design.

Frac CH4 to C02 Frac CH4 to CO Frac recovered H2 Purity
REAL 0.638648 0.04429 0.8862694 100.0 &

Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Future Use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Power 900/750 F steam 900 satd steam
0.0 354.158 0.0 0.0 0.0 0.0 &
600/720 F steam 600 satd steam 150 satd steam
0.0 0.0 0.0 -65.3773 0.0 0.0 &
50 satd steam Plant fuel Cooling H20
0.0 0.0 0.0 89.0448 0.0 32.6902 &
Process H20 Nitrogen
0.0 0.0 0.0 0.0 &
Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Opers/day (Opers/day)/train
0.0 8.0 &
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Ref Fl ow Max Flow Min Flow
5.77237 6.75 2.0 &
Plant cost equation constants.
A B E F Spares Future Use (2 items)
0.0 68.1 0.75 1.0 0.0 0.0 0.0 &
Future Use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Set the temperature and pressure of the outlet streams. These
values will override the default values in subroutine USR091.
FLASH-SPECS STRM = H2-PROD KODE=2 TEMP = 100.0 PRES = 500.0

STRM = FLUE-GAS KODE=2 TEMP = 250.0 PRES = 14.7

Plant 10 - Air Separation Plant - Use the User Fortran Model USR10.
BLOCK P10 USER

SUBROUTINE MODEL = USR10 REPORT = USR10
DESCRIPTION 'PLANT 10 - AIR SEPARATION PLANT'
PARAM NINT = 4 NREAL = 70

The following 4 integer parameters are:
INT(l) = User block summary report control switch.

0 => Write the complete user block summary report.
1 => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the complete user block summary report to

the normal ASPEN/SP output report file.
1 => Write the complete user block summary report to

a separate user block output report file on
logical unit 62 CALLED DCL10.REP.

INT(3) Number of operating duplicate trains, excluding
spares.
If INT(3) = 0, the minimun number of duplicate

trains will be determined so that the capacity
of each train does not exceed the maximum train
capacity specified by variable REAL(52).

If INT(3) > 0, the number of duplicate trains.
INT(4) History file additional output control switch.

0 => Write no additional output to the history file.
I => Write the only the subroutine entry and exit

messages to the history file.
2 => Write some additional output to the history file.

3-5 => Write some more additional output to the history
file. Larger values generate more intermediate

INT 0 1 0 1 output.

The following 70 real parameters are:
REAL(l) = Purity of the product oxygen stream., mole
REAL(2) = Purity of the product nitrogen stream, mole
REAL(3) -
REAL(20) = Future use.

REAL(21) = Constant factor for the power consumption, kw.
REAL(22) = Power consumption per MM SCF/hr of the oxygen stream
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I flow rate, kw/(MM SCF/hr of 02).
REAL(23) = Constant factor for the 900 psig / 750 F steam

consumption, Ml bs/hr.I'REAL(24) = 900 psig / 750 F steam consumption per MM SCF/hr of
the oxygen stream flow rate,
(Mlbs/hr)/(MM SCF/hr of 02).IREAL(25) = Constant factor for the 900 psig saturated steam
consumption, Mlbs/hr.

REAL(26) = 900 psig saturated steam consumption per MM SCF/hr of
the oxygen stream flow rate,
(Mlbs/hr)/(MM SCF/hr of 02).

REAL(27) = Constant factor for the 600 psig / 720 F steam
consumption, Mlbs/hr.3,REAL(28) = 600 psig / 720 F steam consumption per MM SCF/hr of
the oxygen stream flow rate,
(Mlbs/hr)/(MM SCF/hr of 02).

REAL(29) = Constant factor for the 600 psig saturated steam

REAL(0) =consumption, Mlbs/hr.
REAL(0) =600 psig saturated steam consumption per MM SCF/hr of

the oxygen stream flow rate,
(Mlbs/hr)/(MM SCF/hr of 02).

REAL(31) = Constant factor for the 150 psig saturated steam
consumption, Mlbs/hr.IREAL(32) = 150 psig saturated steam consumption per MM SCF/hr of
the oxygen stream flow rate,
(Mlbs/hr)/(MM SCF/hr of 02).3REAL(33) = Constant factor for the 50 psig saturated steam
consumption, Mlbs/hr.

REAL(34) = 50 psig saturated steam consumption per MM SCF/hr of
the oxygen stream flow rate,I (Mlbs/hr)/(MM SCF/hr of 02).

REAL(35) = Constant factor for the plant fuel consumption,
MM BTU/hr.IREAL(36) = Plant fuel consumption per MM SCF/hr of the oxygen
stream flow rate , (MM BTU/hr)/(MM SCF/hr of 02).

REAL(37) = Constant factor for the cooling water consumption,3' , Mg al/hr.
REAL(38) = Cooling water consumption per MM SCF/hr of the oxygen

stream flow rate, (Mgal/hr)/(MM SCF/hr of 02).
REAL(39) = Constant factor for the process water consumption,I Mg al/hr.
REAL(40) = Process water consumption per MM SCF/hr of the oxygen

stream flow rate, (Mgal/hr)/(MM SCF/hr of 02).
REAL(41) = Constant factor for the nitrogen consumption,

MM SCF/hr of N2.
REAL(42) = Nitrogen consumption per MM SCF/hr of the oxygen

stream flow rate,I (MM SCF/hr of N2)/(MM SCF/hr of 02).
REAL(43) -

REAL(48) = Future use.IREAL(49) = Constant factor for the number of operators per
day, operators/day.

REAL(50) = Number of operators per day per train,
(operators/day)/trai n.

REAL(51) =Reference oxygen production rate for a single train
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in MM SCF/hr of 02 for the calculation of the
ISBL field cost of a single train as a function of
train capacity.

REAL(52) = Maximum size of a single train as defined by the
oxygen production rate in MM SCF/hr of 02.

REAL(53) = Minimum size of a single train as defined by the
oxygen production rate in MM SCF/hr of 02.

REAL(54) = Constant A in the plant ISBL field cost equation.
REAL(55) = Constant B in the plant ISBL field cost equation.
REAL(56) = Constant E in the plant ISBL field cost equation.
REAL(57) = Constant F in the plant ISBL field cost equation.
REAL(58) = Number of spare trains.
REAL(59) -
REAL(70) = Future use.

NOTES:
1. This model does not consider Argon as a separate element.

Hence, argon is lumped with nitrogen.
2. MM SCF/hr of 02 means the oxygen production rate in

MM SCF/hr of 02 in the product oxygen stream and NOT
the total flow rate of the product oxygen stream.

%02 in 02 %N2 in N2 Future Use (8 items)
REAL 99.5003 100.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &

Future Use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &

Power 900/750 F steam 900 satd steam
0.0 18143.97 0.0 0.0 0.0 0.0 &
600/720 F steam 600 satd steam 150 satd steam
0.0 0.0 0.0 0.0 .0.0 0.0 &
50 satd steam Plant fuel Cooling H20
0.0 0.0 0.0 0.0 0.0 0.0 &
Process H20 Nitrogen
0.0 0.0 0.0 0.0 &
Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Opers/day (Opers/day)/train
4.0 0.0 &
Ref Flow Max Flow Min Flow
1.763605 1.875 1.0 &
Plant cost equation costants.
A B E F Spares Future use (2 items)

0.0 38.2 0.7028 1.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Set the temperature and pressure of the outlet streams. These

values will override the default values in subroutine USR10.
FLASH-SPECS STRM = 10SO1 KODE=2 TEMP = 80.0 PRES = 350.0

STRM = 10S02 KODE=2 TEMP = -275.0 PRES = 164.7

Plant 11 - Sulfur Recovery Plant, Use the User Fortran Model USR11.

BLOCK P11 USER
SUBROUTINE MODEL = USR11 REPORT = USR11
DESCRIPTION 'PLANT 11 - THE SULFUR RECOVERY PLANT'

A-55



PARAM NINT = 4 NREAL = 70
The following 4 integer parameters are:
INT(l) = User block summary report control switch.

0 => Write the complete user block summary report.
I => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the-

normal ASPEN/SP output report file.
1 => Write the user block summary report to a separate

user block output report file on logical unit 62
called DCL11.REP.

INT(3) Number of operating duplicate trains, excluding spares.
If INT(3) = 0, the minimun number of duplicate
trains will be determined so that the capacity
of each train does not exceed the maximum train
capacity specified by variable REAL(52).

If INT(3) > 0, the number of duplicate trains.
INT(4) History file additional output control switch.

0 => Write no additional output to the history file.
1 => Write the only the subroutine entry and exit

messages to the history file.
2 => Write some additional output to the history file.

3-5 => Write some more additional output to the history
file. Larger values generate more intermediate
output.

INT 0 1 0 1
The following 70 real parameters are:
REAL(l) Fractional sulfur recovery; fraction of sulfur in

the entering H2S and COS that is recovered in the
product liquid sulfur stream. All entering liquid
sulfur entering in the feed str * am is assumed to
be recovered in the liquid sulfur product stream.

REAL(2) -
REAL(20) = Future use.

REAL(21) = Constant factor for the power consumption, kw.
REAL(22) = Power consumption per Mlbs/hr of product sulfur,

kw/ (Ml bs/hr).
REAL(23) = Constant factor for the 900 psig / 750 F steam

consumption, Mlbs/hr.
REAL(24) = 900 psig / 750 F steam consumption per Mlbs/hr of

product sulfur, (Mlbs/hr)/(Mlbs/hr).
REAL(25) = Constant factor for the 900 psig saturated steam

consumption, Mlbs/hr.
REAL(26) = 900 psig saturated steam consumption per Mlbs/hr of

product sulfur, (Mlbs/hr)/(Mlbs/hr).
REAL(27) = Constant factor for the 600 psig / 720 F steam

consumption, Mlbs/hr.
REAL(28) = 600 psig / 720 F steam consumption per Mlbs/hr of

product sulfur, (Mlbs/hr)/(Mlbs/hr).
REAL(29) = Constant factor for the 600 psig saturated steam

consumption, Mlbs/hr.
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IREAL (30) = 600 psig saturated steam consumption per Mlbs/hr of
product sul fur, (Mlbs/hr)/(Mlbs/hr).

REAL(31) = Constant factor for the 150 psig saturated steamI consumption, Mlbs/hr.
REAL(32) = 150 psig saturated steam consumption per Mlbs/hr of

product sul fur, (Ml bs/hr)/(Ml bs/hr).
REAL(33). = Constant factor for the 50 psig saturated steam

consumption, Mlbs/hr.
REAL(34) = 50 psig saturated steam consumption per Mlbs/hr of

product sulfur, (Mlbs/hr)/(Mlbs/hr).IREAL(35) = Constant factor for the plant fuel consumption,
MM BTU/hr.

REAL(36) = Plant fuel consumption per Mlbs/hr of product sulfur,I (MM BTU/hr)/(Mlbs/hr).
REAL(37) = Constant factor for the cooling water consumption,

Mgal/hr.
REAL(38) = Cooling water consumption per Mlbs/hr of product

sulfur (Mgal/hr)/(Mlbs/hr).
REAL(39) = Constant factor for the process water consumption,

Mgal/hr.
REAL(40) = Process water consumption per Mlbs/hr of product

sulfur, (Mgal/hr)/(Mlbs/hr).
REAL(41) = Constant factor for the nitrogen consumption,I MM SCF/hr of N2.
REAL(42) = Nitrigen consumption per Mlbs/hr of product sulfur,

(MM SCF/hr of N2)/(Mlbs/hr).
REAL(43) -

REAL(48) = Future use.
REAL(49) = Constant factor for the number of operators per

day, operators/day.IREAL(50) = Number of operators per day per train,
(operators/day)/trai n.

REAL(51) = Reference product sulfur flow rate of a single train
in Mlbs/hr of S for the calculation of the ISBL field
cost of a single train as a function of capacity.

REAL(52) = Maximum size of a single train as defined by the
product sulfur flow rate in Mlbs/hr of S.IREAL(53) = Minimum size of a single train as defined by the
product sulfur flow rate in Mlbs/hr of S.

REAL(54) = Constant A in the plant ISBL field cost equation.UREAL(55) = Constant B in the plant ISBL field cost equation.
REAL(56) = Constant E in the plant ISBL field cost equation.
REAL(57) = Constant F in the plant ISBL field cost equation.
REAL(58) = Number of spare trains.
REAL(59) -
REAL(70) = Future use.

I , S recovery
REAL 0.998482 &

Future Use (19 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
0. 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.00. &

0.0 49.60954 0.0 0.0 0.0 0.0 &I600/720 F steam 600 satd steam 150 satd steam

3 A-57



0.0 0.0 0.0 0.971388 0.0 -3.022277 &
50 satd steam Plant fuel Cooling H20
0.0 0.882473 0.0 1.117916 0.0 7.89929 &
Process H20 Nitrogen
0.0 0.0 0.0 0.0 &
Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Opers/day (Opers/day)/train
0.0 5.0 &
Ref Flow Max Flow Min Flow
15.4305 16.5 5.0 &
Plant cost equation costants.
A B E F Spares Future use (3 items)
0.0 11.675 0.7823 1.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.-0 0.0 0.0

Set the temperature and pressure of the outlet streams. These
values will override the default values in subroutine USR01.
FLASH-SPECS STRM = 11S-FGAS KODE=2 TEMP = 80.0 PRES = 14.7

STRM = 1IS-LIQS KODE=2 TEMP = 80.0 PRES = 14.7

Plant 31 - The Utilities plant - user Fortran block USR31.
BLOCK P31 USER

SUBROUTINE MODEL = USR31 REPORT = USR31
DESCRIPTION 'PLANTS 31 - THE UTILITIES PLANT'
PARAM NINT = 20 NREAL = 20

The following 20 integer parameters are:
INT(I) User block summary report control switch.

0 => Write the complete user block summary report.
1 => Not used.
2 => Not used.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the normal

ASPEN/SP output report file.
1 => Write the user block summary report to a separate

user block output report file on logical unit 62
called DCL02.REP.

INT(3) Number of operating duplicate trains, excluding spares.
If INT(3) = 0, the minimum number of duplicate
trains will be determined so that the capacity
of each train does not exceed the maximum train
capacity specified by variable REAL(2).

If INT(3) > 0, the number of duplicate trains.
INT(4) = History file additional output control switch.

0 => Write no additional output to the history file.
I => Write the only the subroutine entry and exit

messages to the history file.
2 => Write some additional output to the history file.

3-5 => Write some more additional output to the history
file. Larger values generate more intermediate
output.

INT(5) Future use.
INT(6) Switches to select which fuels are burned in the steam
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INT(IO) boiler to produce steam and/or electric power to
satisfy the steam demand. The fuel specified in
INT(6) is used until it is all consumed, the steam
demand is satisfied, or the capacity to use this fuel
is reached. Then the INT(7) fuel is used, etc.
The fuel codes are
1 = Coal
2 = ROSE-SR unit bottoms
3 = Coke
4 = Natural gas
5 = Plant fuel

INT(11) Switches to select which fuels are burned to satisfy
INT(16) the electric power demand. The fuel specified in

INT(II) is used until it is all consumed, the power
demand is satisfied, or the capacity to use this fuel
is reached. Then the INT(12) fuel is used, etc.
The fuel codes are
1 = Coal
2 = ROSE-SR unit bottoms
3 = Coke
4 = Natural gas
5 = Plant fuel
6 = Purchased electric power

INT(17)
INT(20) Future use.

INT 0 1 0 1 0 4 1 2 3 5 &
4 1 2 3 5 6 0 0 0 0

The following 20 real parameters are:
REAL(l) = Reference electric power generation rate of a single

train in MW.
REAL(2) = Maximum size of a single train as defined by the

electric power generation rate in MW.
REAL(3) = Minimum size of a single train as defined by the

electric power generation rate in MW.
REAL(4) = Constant A in the plant costing equation.
REAL(5) = Constant B in the plant costing equation.
REAL(6) = Constant E in the plant costing equation.
REAL(7) = Constant F in the plant costing equation.
REAL(8) = Number of spare trains.
REAL(9) = Future use
REAL(10) = Future use
REAL(11) = Constant factor for the number of operators per

day, operators/day.
REAL(12) = Number of operators per day per train,

(operators/day)/train.
REAL(13) -
REAL(20) = Future use.

Ref MW Max size Min size
REAL 79-259 84.0 1.0 &

Plant cost equation constants.
A B E F Spares Future use (2 items)
0.0 87.466 0.7 1.0 0.0 0.0 0.0 &
Opers/day (Opers/day)/train
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6.0 2.0 &
Future use (8 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Plants 31.1 and 31.4 - The Fluidized Bed Combustor and Steam Turbine
Generator unit - user Fortran block USRA6.

BLOCK P314 USER
SUBROUTINE MODEL = USRA6 REPORT USRA6
DESCRIPTION 'PLANTS 31.1 AND 31.4 THE FLUIDIZED BED COMBUSTOR AND

STEAM TURBINE GENERATOR UNIT'
PARAM NINT = 4 NREAL = 70

The following 4 integer parameters are:
INT(l) = User block summary report control switch.

0 => Write the complete user block summary report.
I => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the normal

ASPEN/SP output report file.
I => Write the user block summary report to a separate

user block output report file on logical unit 62
called DCLA6.REP.

INT(3) Number of operating duplicate trains, excluding spares.
If INT(3) = 0, the minimum number of duplicate
trains will be determined so that the capacity
of each train does not exceed the maximum train
capacity specified by variable REAL(52).

If INT(3) > 0, the number of duplicate plants.
INT(4) = History file additional output control switch.

0 => Write no additional output to the history file.
1 => Write the only the subroutine entry and exit

messages to the history file.
2 => Write some additional output to the history file.

3-5 => Write some more additional output to the history
file. Larger values generate more intermediate
output.

INT 0 1 0 1
The following 70 real parameters are:
REAL(l) = Solids production expressed as fraction of URCOAL

in feed ending up in solids.
REAL(2)-
REAL(20) = Future use.

REAL(21) = Constant factor for the power consumption, kw.

REAL(22) = Power consumption per Mlbs/hr of unit feed,
kw/(Mlbs/hr of unit feed).

REAL(23) = Constant factor for the 900 psig / 750 F steam
consumption, Mlbs/hr.

REAL(24) = 900 psig / 750 F steam consumption per Mlbs/hr of
unit feed, (Mlbs/hr)/(Mlbs/hr of unit feed).

REAL(25) = Constant factor for the 900 psig saturated steam
consumption, Mlbs/hr.

REAL(26) = 900 psig saturated steam consumption per Mlbs/hr of
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I , unit feed, (Mlbs/hr)/(Mlbs/hr of unit feed).
REAL(27) = Constant factor for the 600 psig / 720 F steam

consumption, Mlbs/hr.IREAL(28) = 600 psig / 720 F steam consumption per Mlbs/hr of
unit feed, (Mlbs/hr)/(Mlbs/hr of unit feed).

REAL(29) = Constant factor for the 600 psig saturated steam

REAL(0) =consumption, Mlbs/hr.
REAL(0) =600 psig saturated steam consumption per Mlbs/hr of

unit feed, (Mlbs/hr)/(Mlbs/hr of unit feed).
REAL(31) = Constant factor for the 150 psig saturated steamU consumption, Mlbs/hr.
REAL(32) = 150 psig saturated steam consumption per Mlbs/hr of

unit feed, (Mlbs/hr)/(Mlbs/hr of unit feed).
REAL(33) = Constant factor for the 50 psig saturated steam

consumption, Mlbs/hr.
REAL(34) = 50 psig saturated steam consumption per Mlbs/hr ofI REA(35) unit feed, (Mlbs/hr)/(Mlbs/hr of unit feed).

REAL(5) =Constant factor for the plant fuel consumption,
MM BTU/hr.I

REAL(36) = Plant fuel consumption per Mlbs/hr of unit feed,I (Mlbs/hr)/(Mlbs/hr of unit feed).
REAL(37) = Constant factor for the cooling water consumption,

Mgal /hr.
REAL(38) = Cooling water consumption per Mlbs/hr of unit feed,

(Mlbs/hr)/(Mlbs/hr of unit feed).
REAL(39) = Constant factor for the process water consumption,

Mgal/hr.
REAL(40) = Process water consumption per Mlbs/hr of unit feed,

(Mlbs/hr)/(Mlbs/hr of unit feed).
REAL(41) = Constant factor for the nitrogen consumption,

REAL(2) =MM SCF/hr of N2
REAL(2) =Nitrogen consumption per Mlbs/hr of unit feed,
REAL(3) -(MM SCF/hr of N2)/(Mlbs/hr of unit feed).I ~ ~~~~REAL(43) = osatfco-o h ubro prtr e

REAL(48) = Future use.

~1 RAL(5) =day, operators/day.
REAL(0) =Number of operators per day per train,

(operators/day)/trai n.
REAL(51) = Reference feed rate to a single train in Mlbs/hr of

unit feed for the calculation of the ISBL field cost
of a single train as a function of train capacity.

REAL(52) = Maximum size of a single train as defined by the
unit feed rate in Mlbs/hr of unit feed.

REAL(53) = Minimum size of a single train as defined by the
unit feed rate in Mlbs/hr of unit feed.

REAL(54) = Constant A in the plant ISBL field cost equation.IREAL(55) = Constant B in the plant ISBL field cost equation.
REAL(56) = Constant E in the plant ISBL field cost equation.
REAL(57) = Constant F in the plant ISBL field cost equation.
REAL(58) = Number of spare trains.
REAL(59) -

REAL(70) = Future use.

NOTE: The number of operators in this plant and Plant 91 is set so
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as to maintain the same total number of operators as used
for the baseline design.

Fraction of URCOAL in feed ending up in solids
REAL 0.8500914 &

Future use (9 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Power 900/750 F steam 900 satd steam
0.0 -552.6474 0.0 0.0 0.0 0.0 &
600/720 F steam 600 satd steam 150 satd steam
0.0 0.0 0.0 0.0 0.0 0.0 &
50 satd steam Plant fuel Cooling H20
0.0 0.0 0.0 0.0 0.0 27.99327 &
Process H20 Nitrogen
0.0 0.06900667 0.0 0.0 &
Future Use (6 items)
0.0 0.0 0.0 0.0 0.0 0.0 &
Opers/day (Opers/day)/train
0.0 20.0 &
Ref Flow Max Flow Min Flow
368.660 400.0 30.0 &
Plant cost equation constants.
A B E F Spares Future use (2 items)
0.0 0.0 0.75 1.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

Set the temperature and pressure of the outlet stream. These
values will override the default values in subroutine USRA6.
FLASH-SPECS STRM = SA6-01 KODE=2 TEMP = 130.0 PRES = 14.7

Plant 38 - The Ammonia Recovery Plant - use user Fortran block USR38.
BLOCK P38 USER

SUBROUTINE MODEL = USR38 REPORT = USR38
DESCRIPTION 'PLANT 38 - THE AMMONIA RECOVERY PLANT'
PARAM NINT = 4 NREAL = 70

The following 4 integer parameters are:
INT(l) = User block summary report control switch.

0 => Write the complete user block summary report.
1 => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the mormal

ASPEN/SP output report file.
I => Write the user block summary report to a separate

user block output report file on logical unit 62
called DCL38.REP.

INT(3) = Number of operating duplicate trains, excluding spares.
If INT(3) = 0, the minimum number of duplicate
trains will be determined so that the capacity
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I of each plant does not exceed the maximum train
capacity specified by variable REAL(52).

If INT(3) > 0, the number of duplicate trains.IINT(4) = History file additional output control switch.
0 => Write no additional output to the history file.
1 => Write the only the subroutine entry and exit

* , messages to the history file.
2 => Write some additional output to the history file.

3-5 => Write some more additional output to the history
file. Larger values generate more intermediate

The olloingoutput.

The olloing70 real parameters are:
REAL(1) = Ammonia recovery, percent.
REAL(2) = Purity of ammonia product, wt %

REAL(3) -

REAL(20) = Future use.
REAL(21) = Constant factor for the power consumption, kw.
REAL(22) = Power consumption per Mlbs/hr of NH3 recovered,

kw/(Mlbs/hr of NH3 recovered).UREAL(23) = Constant factor for the 900 psig / 750 F steam
consumption, Mlbs/hr.

REAL(24) = 900 psig / 750 F steam consumption per Mlbs/hr ofI NH3 recovered, (Mlbs/hr)/(Mlbs/hr of NH3 recovered).
REAL(25) = Constant factor for the 900 psig saturated steam

consumption, Ml bs/hr.
REAL(26) = 900 psig saturated steam consumption per Mlbs/hr of

NH3 recovered, (Mlbs/hr)/(Mlbs/hr of NH3 recovered).
REAL(27) = Constant factor for the 600 psig / 720 F steam

consumption, Mlbs/hr.IREAL(28) = 600 psig / 720 F steam consumption per Mlbs/hr of
NH3 recovered, (Mlbs/hr)/(Mlbs/hr of NH3 recovered).

REAL(29) = Constant factor for the 600 psig saturated steam
consumption, Mlbs/hr.

REAL(30) = 600 psig saturated steam consumption per Mlbs/hr of
NH3 recovered, (Mlbs/hr)/(Mlbs/hr of NH3 recovered).

REAL(31) = Constant factor for the 150 psig saturated steamI consumption, Mlbs/hr.
REAL(32) = 150 psig saturated steam consumption per Mlbs/hr of

NH3 recovered, (Mlbs/hr)/(Mlbs/hr of NH3 recovered).IREAL(33) = Constant factor for the 50 psig saturated steam
consumption, Mlbs/hr.

REAL(34) = 50 psig saturated steam consumption per Mlbs/hr of
NH3 recovered, (Mlbs/hr)/(Mlbs/hr of NH3 recovered).

REAL(35) = Constant factor for the plant fuel consumption,
MM BTU/hr.

REAL(36) = Plant fuel consumption per Mlbs/hr of NH3 recovered,I (MM BTU/hr)/(Mlbs/hr of NH3 recovered).
REAL(37) = Constant factor for the cooling water consumption,

Mgal/hr.1REAL(38) = Cooling water consumption per Mlbs/hr of NH3
recovered, (Mgal/hr)/(Mlbs/hr of NH3 recovered).

REAL(39) = Constant factor for the process water consumption,
Mgal/hr.
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, recovered, (Mgal/hr)/(Mlbs/hr of NH3 recovered).
REAL(41) = Constant factor for the nitrogen consumption,

MM SCF/hr of N2.IREAL(42) = Nitrogen consumption per Mlbs/hr of NH3 recovered,
(MM SCF/hr of N2)/(Mlbs/hr of NH3 recovered).

REAL(43) -IREAL(48) = Future use.
REAL(49) = Constant factor for the number of operators per

day, operators/day.
REAL(50) = Number of operators per day per operating train,

(operators/day)/trai n.
REAL(51) = Reference NH3 recovery rate of a single train in

Mlbs/hr for the calculation of the ISBL field costUof a single train as a function of train capacity.
REAL(52) = Maximum size of a single train as defined by the

NH3 recovery rate in Mlbs/hr of NH3 recovered.
REAL(53) = Minimum size of a single train as defined by theINH3 recovery rate in Mlbs/hr of NH3 recovered.
REAL(54) = Constant A in the plant ISBL field cost equation.

; REAL(55) = Constant B in the plant ISBL field cost equation.IREAL(56) = Constant E in the plant ISBL field cost equation.
REAL(57) = Constant F in the plant ISBL field cost equation.
REAL(58) = Number of spare trains.
REAL(59) -
REAL(70) = Future use.

NH3 recovery, % NH3 purity, wt%.1REAL 99.103 99.552 &
Future use (8 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Future use (10 items)
0.0 0.0 0.00. 0. 0. 0. 0. 0000&
Power 900/750 F steam 900 satd steam

5 adsem Plant fuel Cooling H20
00.0 0.0 0.0 0.0 227.9442 &
Process H20 Nitrogen
0.0 0.0 0.0 0.0 &
Future Use (6 items)

0.0 4. 0. 80 1.0 0.0 0.0 0.0 &

0000.0 0.01 0.70 .0 0.0 0.0 0.0 0.

Set the temperature and pressure of the outlet streams. These
values will override the default values in subroutin'e USR38.
FLASH-SPECS STRM = NH3-PROD KODE=2 TEMP = 80. PRES = 14.7/

STRM = 38S-OUT KODE=2 TEMP = 80. PRES = 14.7
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; Component splitter to generate the vapor and liquid streams
; leaving Plant 38, the ammonia recovery plant.
BLOCK P38A SEP

FRAC SUBS = MIXED STRM = 38AS-VAP &
COMP H2 N2 02 H2S CO C02 NH3 &

L-SULFUR H20 HCL COS CH4 &
C2H6 C3H8 IC4H10 NC4HIO IC5HI2 NC5H12 &
T125 T175 T225 T275 T325 &
T375 T425 &
T475 T525 T575 T625 T675 &
P125 P175 P225 P275 P325 P375 &
P425 P475 P525 P575 P625 P675 &

FRAC 1.0 1.0 1.0 0.9956 1.0 0.9985 0.07104 &
0.0 0.002755 1.0 1.0 0.8888889 &
0.9492 0.9492 0.9492 0.9492 0.9492 0.9492 &
0.9492 0.9492 0.9492 0.9492 0.9492 &
0.9492 0.9492 &
0.08481 0.08481 0.08481 0.08481 0.9492 &
0.9492 0.9492 0.9492 0.9492 0.9492 0.9492 &
0.9492 0.9492 0.9492 0.9492 0.9492 0.9492

FLASH-SPECS STRM = 38AS-VAP TEMP=90.0 PRES=25.0 NPK=1 KPH=1
STRM = 38AS-LIQ TEMP=90.0 PRES=25.0 NPK=1 KPH=2

Flow splitter to generate the waste water stream going to the
; gasifier, Plant 9, and the stream going to the phenol recovery
; plant, Plant 39.
BLOCK P38B FSPLIT

FRAC WASTE 0.28595
PARAM NPK=1 KPH=2

Plant 39 - The PHENOL RECOVERY PLANT - Use user Fortran block USR39.
BLOCK P39 USER

SUBROUTINE MODEL = USR39 REPORT = USR39
DESCRIPTION 'PLANT 39 - THE PHENOL RECOVERY PLANT'
PARAM NINT = 4 NREAL = 70

The following 4 integer parameters are:
INT(I) = User block summary report control switch.

0 => Write the complete user block summary report.
1 => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the mormal

ASPEN/SP output report file.
1 => Write the user block summary report to a separate

user block output report file on logical unit 62
called DCL39.REP.

INT(3) Number of operating duplicate trains, excluding spares.
If INT(3) = 0, the minimum number of duplicate

trains will be determined so that the capacity
of each plant does not exceed the maximum train
capacity specified by variable REAL(52).
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If INT(3) > 0, the number of duplicate trains.
INT(4) = History file additional output control switch.

0 => Write no additional output to the history file.
1=> Write the only the subroutine entry and exit

messages to *the history file.
2 => Write some additional output to the history file.

3-5 => Write some more additional output to the history
file. Larger values generate more intermediate

INT 0 1 0 1IThe following 70 real parameters are:
REAL(1) = Phenol recovery, percent.
REAL(2) = Purity of phenol product, wt %

REAL() = Future use.
REAL(21) = Constant factor for the power consumption, kw.
REAL(22) = Power consumption per Mlbs/hr of phenol recovered,

kw/(Mlbs/hr of phenol recovered).
REAL(23) = Constant factor for the 900 psig / 750 F steam

consumption, Mlbs/hr.IREAL(24) = 900 psig / 750 F steam consumption per Mlbs/hr of
phenol recovered, (Mlbs/hr)/(Mlbs/hr of phenol
recovered).

REAL(25) = Constant factor for the 900 psig saturated steamI consumption, Mlbs/hr.
REAL(26) = 900 psig saturated steam consumption per Mlbs/hr of

phenol recovered, (Mlbs/hr)/(Mlbs/hr of phenol
recovered).

REAL(27) = Constant factor for the 600 psig / 720 F steam
consumption, Mlbs/hr.*REAL(28) = 600 psig / 720 F steam consumption per Mlbs/hr of
phenol recovered, (Mlbs/hr)/(Mlbs/hr of phenol
recovered).

REAL(29) = Constant factor for the 600 psig saturated steamI consumption, Mlbs/hr.
REAL(30) = 600 psig saturated steam consumption per Mlbs/hr of

phenol recovered, (Mlbs/hr)/(Mlbs/hr of phenolI recovered).
REAL(31) = Constant factor for the 150 psig saturated steam

consumption, Mlbs/hr.
REAL(32) = 150 psig saturated steam consumption per Mlbs/hr of

phenol recovered, (Mlbs/hr)/(Mlbs/hr of phenol
recovered).

REAL(33) = Constant factor for the 50 psig saturated steamI consumption, Mlbs/hr.
REAL(34) = 50 psig saturated steam consumption per Mlbs/hr of

phenol recovered, (Mlbs/hr)/(Mlbs/hr of phenolII 2 EAL(5) =recovered).

REAL(5) =Constant factor for the plant fuel consumption,
2 REAL36) =MM BTU/hr.

REAL(6) =Plant fuel consumption per Mlbs/hr of phenol
recovered,

2 REAL37) =(MM BTU/hr)/(Mlbs/hr of phenol recovered).
REAL(7) =Constant factor for the cooling water consumption,

Mgal/hr.
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IREAL(39) = Cooling water consumption per Mlbs/hr of phenol
recovered, (Mgal/hr)/(Mlbs/hr of phenol recovered).

REAL(39) =Constant factor for the process water consumption,I Mgal/hr.
REAL(40) = Process water consumption per Mlbs/hr of phenol

=recovered, (Mgal/hr)/(Mlbs/hr of phenol recovered).

IREAL(41) =Constant factor for the nitrogen consumption,MM SCF/hr of N2.
REAL(42) = Nitrogen consumption per Mlbs/hr of phenol recovered,

(MM SCF/hr of N2)/(Mlbs/hr of phenol recovered).I REAL(43)-
REAL(48) = Future use.

REAL(49) = Constant factor for the number of operators per
day, operators/day.

REAL(50) = Number of operators per day per operating train,
(operators/day)/trai n.

REAL(51) = Reference phenol recovery rate of a single train in
Mlbs/hr for the calculation of the IKSBL field cost
of a single train as a function of train capacity.

REAL(52) = Maximum size of a single train as defined by theI phenol recovery rate in Mlbs/hr of phenol recovered.
REAL(53) = Minimum size of a single train as defined by the

phenol recovery rate in Mlbs/hr of phenol recovered.
REAL(54) = Constant A in the plant ISBL field cost equation.IEL5)=Cntn ntepln SLfedcs qain
REAL(55) =Constant B in the plant ISBL field cost equation.
REAL(56) = Constant F in the plant ISBL field cost equation.

(IREAL(58) = Number of spare trains.
REAL(59) -

REAL(70) = Future use.

NOTE: In the above, phenol recovered means pure phenol recovered.

Phenol recovery, % Phenol purity, wt%
REAL 97.0089 89.62 &

Future use (8 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &I Future use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 &
Power 900/750 F steam 900 satd steam
0.0 339.16667 0.0 0.0 0.0 0.0 &
600/720 F steam 600 satd steam 150 satd steam
0.0 0.0 0.0 0.0 0.0 9.465 &
50 satd steam Plant fuel Cooling H20I0.0 25.652917 0.0 0.0 0.0 111.775 &
Process H20 Nitrogen
0.0 0.0 0.0 0.0 &
Future Use (6 items)

Oper/day (Opers/day)/train
0.0 0.0&
Ref Flow Max Flow Min Flow

eqato consantsSpares Future Use (3 items)
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U0.0 13.3 0.8056 1.0 0.0 0.0 0.0 &
Future Use (10 items)
0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0ISet the temperature and pressure of the outlet streams. These

values will override the default values in subroutine USR39.
FLASH-SPECS STRM = PHENOL KODE=2 TEMP = 80. PRES = 14.7/

STRM = WASTEH20 KODE=2 TEMP = 80. PRES = 14.7

I. Plant SA6 separates the combined product stream from Plants 31.1

;and 31.4 into two streams, one for flue gas and another for solids.

; The separation is set to the URCOAL fraction in the solids stream.
BLOCK SA6 SEP

FRAC SUBS=NC STREAM=FBC-SOL COMP=URCOAL FRAC=O.8500914/I SUBS=MIXED STREAM=FBC-SOL COMP=T1000+ FRAC=1.OD-10

;Splitter 51 - The Inlet Coal Splitter. Used as a switch to divert

;flow between the three different coal cleaning options, as represented

;by the three different Coal Cleaning and Preparation Plants:

BLOCK Si FSPLIT
DESCRIPTION 'INLET ROM COAL SPLITTER - COAL CLEANING SWITCH'
FRAC iSO1 1.0 / iSIl 0.0 / IS21 0.0

* ;Splitter S2 -The Clean Coal Splitter.
BLOCK S2 FSPLIT

DESCRIPTION 'CLEAN COAL SPLITTER'3 FRAC COALT014 0.736227

Splitter S6-SH20 is a component splitter to generate a pseudo

;sour-water stream from Plant 6 to get the NH3 to Plant 38, theI ,Ammonia Recovery Plant.
BLOCK S6-SH20 SEP

DESCRIPTION 'SPLITTER TO GENERATE PSEUDO SOUR WATER FROM PLANT 6'

FRAC SUBS=MIXED STREAM=6S-SH20 COMP=NH3 FRAC=1.0

I Splitter S7 - The Product Naphtha Splitter. Used as a switch to

;divert flow between the naphtha reformer, Plant 7 and output toI; naphtha product.
BLOCK S7 FSPLIT

DESCRIPTION 'HYDROTREATED NAPHTHA SPLITTER - REFORMER OPTION SWITCH'

Use the following line to direct total flow to the reformer, or....
FRAC 7-NAPH 1.0
Use the following line to direct total flow to the product stream.

FRAC PNAPHTHA 1.0

Splitter S8 - The Ash-Concentrate Splitter. Used as a switch to

divert flow between the fluidized bed combustor, Plant 314 and the
coal gasification train; Plants M9C, P09, & P1O.

BLOCK S8 FSPLIT
DESCRIPTION 'ASH-CONCENTRATE SPLITTER - FBC OPTION 6 SWITCH'
Direct the ash-concentrate flow to coal gasification.
FRAC S8-ASHC 1.0

I ;Splitter S9 -The dummy hydrogen splitter used to switch between
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I ; the two hydorgen production alternatives, Plant 9.0/10 - coal
gasification, or Plant 9.1 - steam reforming of methane.

BLOCK S9 FSPLIT
DESCRIPTION 'DUMMY H2 SPLITTER - H2 GENERATION OPTION SWITCH'
Set an H2 target flow for Plant 9.0/10 - coal gasification.

FRAC H9NEED 1.0
PARAM NPK=1 KPH=I

Stream Report Section-----------
STREAM-REPORT PlA

STREAMS STRM = ROMCOAL 1S-CCOAL 9COAL COALT014 COALT02 &

ASH-CONC S8-ASHC COALT09 9-FEED SLAG SOLVENT14-MD1SRF1-MD1-ES &

2S-BOTTS FBC-FEED 5A6-01 FBC-SOL FBC-GAS
FLOW-FRAC SUBS=MIXED BASES=MASS / SUBS=NC BASES=MASS
INTENSIVE-PROPS SUBS=MIXED BASES=MASS &

PROPS=TEMP PRES MW ENTH ENTR DENS HCAP/
SUBS=NC BASES=MASS &IPROPS=TEMP PRES MW ENTH DENS

ATTRIBUTES SUBS=NC COMPONENT

V S1TAM-REPORT PiB
STREAMS STRM 1 S-WATER 14S-WAT 2-H2OIN 2-H2IN H2MIX 2-H2MIX &

SOLVENT ROSE-XTR 2S-GAS GASES 2S-SH20 &
NAPHTHA GAS-OIL H2-RICH SOUR-GAS P61-GAS &3H2-2RICH SOUR-2GS GAS-OUT NAPHTHA2 3-GAS &
3S-SGAS 3S-FGAS 3S-PROP 3S-BUT 3S-OIL 3S-SH20 &
4-FEED 4-H2IN 4-H2OIN 4S-GAS 4S-NAPH 45-SH20 &B5S-HPGAS 5S-LPGAS 5-H2IN 5-H2OIN &
55-NAPH P350-450 P450-650 P650-850 5S-SH20 &
PS-NAPH PNAPHTHA 7-NAPH 7S-H2 7S-GAS REFORMED &I61-HYD 62-HYD M9H2 M9H4 M9H5 MHNEED &
H9NEED H91NEED&
10-AIRIN 1OS0l 10S02 9-02IN 9-H2OIN 9-STEMIN &
H2-GAS H2S-GAS VENT-GAS 9S-SH20 &INAT-GAS STEAM H2-PROD FLUE-GAS &
6-SGAS 65-SH20 11-FEED 1IS-FGAS 11S-LIQS 31S-01 &
38-FEED NH3-PROD 38S-OUT 38AS-VAP 38AS-LIQ &I WASTE 39FEED PHENOL WASTEH20

FLOW-FRAC SUBS=MIXED BASES=MASS
INTENSIVE-PROPS SUBS=MIXED BASES=MASS &

End PROPS=TEMP PRES MW ENTH ENTR DENS H-CAP

Edof input file OPT8.INP
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A-SPEN/SP PROCESS SIMULATION MODEL

I INPUT FILE FOR THE KINETIC REACTOR MODEL

NEW SIMULATION OF THE IMPROVED 
BASELINE DESIGN

File T2V2HSV.INP

TITLE 'T2V2HSV.INP - KINETIC MODEL SIMULATION OF PLANT 2 REACTORS'

DESCRIPTION &
ASPEN/SP INPUT FILE FOR SIMULATING THE COAL LIQUEFACTION REACTORS
IN PLANT 2 WITH THE KINETIC MODEL FOR THE IMPROVED BASELINE DESIGN

I (HIGH SPACE VELOCITY) CASE USING FIXED RECYCLE RATES."

Last revision - December 22, 1992.

I ; Prepared under DOE contract no. DE-AC22 90PC89857.

IN-UNITS ENG
OUT-UNITS ENGI HISTORY-UNITS ENG
HISTORY5 MSG-LEVEL PROPERTIES=2

PROPERTIES SYSOP2/SYSOP4

I, COMPONENTS H2 H2 / N2 N2 / 02 02 / H2S H2S / CO CO / C02 C02 /&
NH3 H3N /L-SULFUR SULFUR / H20 H20 / HCL HCL / COS COS / &
CH4 CH4 /C2H6 C2H6 / C3H8 C3H8 /IC4H1O C4H1O-2 /&
NC4H1O C4H1O-1 / 1C5H12 C5H12-2 /NC5H12 C5H12-l &
Pseudocomponents

T525 T575 T625 T675 T725/ T775 /T825 /T875 /&
T925 /T975 /T1000T25 +2 / T1000 / 45/T7

NH3 H3N /L-SULFUR SULFUR / H20 H20 / HCL HCL /COS COS /&
CH4 CH4 /C2H6 C2H6 / C3H8 C3H8 /IC4H1O C4HIO-2 /&
NC4H1O C4H1O-1 / IC5H12 C5H12-2 /NC5H12 C5H12-l &

;PHYSICAL PROPERTY DATA

PSEUDO-COMPS
METHOD MEICCOAL
The following APIs and MWs are revised from the ASPEN/SP predictions.
COMPONENT T125 TBP=324.82 <K> API=67.91 MW= 82.27
COMPONENT T175 TBP=352.59 <K> API=61.99 MW= 92.77

COMPONENT T225 TBP=380.37 <K> API=56.21 MW=102.84
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ICOMPONENT T275 TBP=408.15 <K> API=50.60 MW=112.5O
COMPONENT 1325 TBP=435.93 <K> API=45.18 MW=121.82
COMPONENT T375 TBP=463.71 <K> API=39.96 MW=130.86ICOMPONENT T425 TBP=491.48 <K> API=34.96 MW=139.75
COMPONENT 1475 TBP=519.26 <K> API=30.19 MW=148.60
COMPONENT 1525 TBP=547.04 <K> API=25.66 MW=157.543COMPONENT 1575 TBP=574.82 <K> API=21.39 MW=166.69
COMPONENT T625 TBP=602.59 <K> API=17.38 MW=176.16
COMPONENT 1675 TBP=630 .37 <K> API=13.66 MW=186.05
COMPONENT 1725 IBP=658 .15 <K> API=10.23 MW=196.44ICOMPONENT 1775 TBP=685.93 <K> API= 7.09 MW=207.37
COMPONENT T825 TBP=713.71 <K> API= 4.27 MW=218.85
COMPONENT 1875 TBP=741.48 <K> API= 1.78 MW=230.87I;COMPONENT 1925 TBP=769.26 <K> API=-O.39 MW=243.37
COMPONENT 1975 TBP=797.04 <K> API=-2.22 MW=256.24
Component 11000+ is the 1000+ F material leaving the second coal

liquefaction reactor in Plant 2.I COMPONENT 11000+ TBP=908.15 <K> API=-5.94 MW=308.05
Component 11000+ is the 1000+ F intermediate material leaving the

first coal liquefaction reactor in Plant 2.

COMPONENT I1000+ TBP=908.15<K> API=-5.94 MW=308.05

;Load the liquid sulfur (L-SULFUR) physical properties as taken from

;DIPPR - MW adjusted to be consistent with ASPEN.
PROP-DATA IN-UNITS SI

PROP-LIST MW / TC / PC / VC / ZC1PVAL L-SULFUR 32.06 /1313.0 /1.8208E+7 /0.15800 /0.2640
PROP-LIST MUP /OMEGA / TB / RGYR
PVAL L-SULFUR 0.0 /0.2624 /717.82 / 0.0

PROP-LIST DELTA / DGFORM / DHFORM
PVAL L-SULFUR 2.0245E+4 / 2.3825E+8 / 2.7880E+8
PROP-LIST CPIG
PVAL L-SULFUR 2.5639E+4 -7.9870 4.7860E-3 -9.5700E-7 0.0 0.0 &

273.15 1500.0 0.0 87.113 1.0
Load the-solubility parameter for COS from the API Tech Data Book.
PROP-LIST DELTA

PVAL COS 18179.

Reset some component molecular weights to be consisitent with the

H=1.0079, C=12.011, 0=15.9994, N=14.00671 S=32.06 & Cl=35.453

PROP-LIST MWILH 205
PVAL N2 2.0158

PVAL 02 31.9988
PVAL H2S 34.0758
PVAL CO 28.0104

PVAL C02 44.0098
PVAL NH3 17.0304
PVAL H20 18.0152
PVAL HCL 36.4609
PVAL COS 60.0704

PVAL CH4 16.0426
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IPYAL C2H6 30.0694
PVAL C3H8 44.0962
PVAL IC4H1O 58.1230I'PVAL NC4H1O 58.1230
PVAL IC5H12 72.1498

PVAL NC5H12 72.1498

Set the specific gravities of H2, NH3 and H2S to the values given
in the API Technical Data Book - Petroleum Refining.
PROP-LIST SPGRaPVAL H2 0.3000
PVAL CO 0.3000
PVAL C02 0.8180IPVAL NH3 0.6162
PVAL H2S 0.8014
PVAL N2 0.8094IPVAL COS 1.02

ATTR-COMPS COAL PROXANAL ULTANAL SIJLFANAL AOXANAL
ATTR-COMPS URCOAL PROXANAL ULTANAL SULFANAL AOXANAL

ATTR-COMPS SLAG PROXANAL ULTANAL SULFANAL AOXANAL

NC-PROPS COAL ENTHALPY HCJ1BOIE/
DENSITY DCOALIGT

NC-PROPS URCOAL ENTHALPY HCJ1BOI1E/
DENSITY DCHARIGT

NC-PROPS SLAG ENTHALPY HCJ1BOIE/

DENSITY DCHARIGT

DEF-SlTAMS MIXNC ALL

FLOWSHEET

I FLOWSHEET MAIN
BLOCK 2M-IO1A IN=2SY1 2SY2 OUT=2SY
BLOCK 2M-101 IN=1SX 2SY OLJT=2S1IBLOCK 2M-102H IN=9SX1 9SX2 OUT=9SX
BLOCK 2C-103 IN=9SX OUT=2S45 2S46
BLOCK 2M-104 IN=2S46 2S28A OUT=2S28IBLOCK 2M-102 IN=2S1 2S45 OUT=2S3
BLOCK 2L-101 IN=2S3 OUT=2S4
BLOCK 2L-102 IN=2S28 OUT=2S10
BLOCK 2M-103 IN=2S10 2S4 0UT=2S5

BLOCK P2RX1 IN=2S5 OUT=2S6
BLOCK 2M-107 IN=2S6 2S27 OUT=2S7
BLOCK P2RX2 IN=2S7 OUT=2S11IBLOCK 2C-107 IN=2S11 OUT=2S12 2S13
BLOCK 2X107 IN=2S12 OUT=2S14
BLOCK 2C-110 IN=2S14 OUT=2S15 2S16
BLOCK 2X106 IN=2S15 OUT=2SI91
BLOCK 2M-110 IN=2S191 2S17 OUT=2S19
BLOCK 2C-113 IN=2519 OUT=2S50 2521 2S22
BLOCK 2C-115 IN=2S50 OUT=2S20 2S51

BLOCK 2C-108 IN=2S13 OUT=2S271 2S281
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IBLOCK 2XI04 IN=2S271 OUT=2S29
BLOCK 2M-106 IN=2S29 2S16 OUT=2S30
BLOCK 2C-111 IN=2S30 OUT=2S31 2S32IBLOCK 2X110 IN=2S31 OUT=2S33
BLOCK 2M-108 IN=2S33 2S21 OUT=2S34
BLOCK 2C-114 IN=2S34 OUT=2S35 2S36 2S373BLOCK 2C-109 IN=2S281 OUT=2S38 2S39
BLOCK 2X108 IN=2S38 OUT=2S41
BLOCK 2C-112 IN=2S41 OUT=2S43 2S44 2S42
BLOCK 2C-105 IN=2S39 OUT=25461 2S40

BLOCK 2M-109 IN=2S36 2S44 2S40 2S32 2S51 OUT=2S451
BLOCK 2X109 IN=2S451 OUT=2S452
BLOCK 2C-200 IN=2S452 OUT=2S200 2S201 2S202 2S203 2S204IBLOCK 2C-201 IN=2S204 OUT=2S205 2S206
BLOCK 2C-202 IN=2S205 OUT=2S211 2S212 2S213 2S214 2S215 2S216

STREAMS

3DEF-STREAMS MIXNC ALL
STREAM 2S17

SUBSTREAM MIXED TEMP=70.0 <F> PRES=2980.O <PSIA>
MASS-FLOW H20 219929.0 <LB/HR>

MAKE-UP H2
STREAM 9SX1

SUBSTREAM MIXED TEMP=200.O <F> PRES=3200.O <PSIA>
The following flows are for the improved baseline (high SV) case.
MASS-FLOW N2 308 <LB/HR> / H12 22012 <LB/HR> / H20 1 <LB/HR> / &

H2S 1 <LB/HR> / NH3 1 <LB/HR> / CO 1 <LB/HR> / &
C02 1 <LB/HR> / CH4 1 <LB/HR> / C2H6 1 <LB/HR> / &
C3H8 1 <LB/HR> / NC4H1O 1 <LB/HR> / &
NC5H12 1 <LB/HR>

I , FIRST REACTOR (STAGE I) TREATED RECYCLE GAS< IA

3 STREAM 9SX2

The following flows are for the improved baseline (high SV) case.
MASS-FLOW N2 69 <LB/HR> /H2 4037 <LB/HR> / H20 13 <LB/HR> / &I H2S 0 <LB/HR> /NH3 0 <LB/HR> / CO 75 <LB/HR> / &

C02 0 <LB/HR> /CH4 1366 <LB/HR> / C2H6 619 <LB/HR> / &
C3H8 379 <LB/HR> / NC4H1O 131 <LB/HR> / &

I NC5H12 212 <LB/HR>

FIRST REACTOR (STAGE I) UNTREATED RECYCLE GAS
STREAM 2S28AI SUBSTREAM MIXED TEMP=100.O <F> PRES=3200.O <PSIA>

The following flows are for the improved baseline (high SV) case.
MASS-FLOW N2 357 <LB/HR> / H2 4000 <LB/HR> / H20 32.7 <LB/HR> / &I H2S 734.4 <LB/HR> / NH3 1.6 <LB/HR> / CO 390.5 <LB/HR> / &

C02 38.9 <LB/HR> / CH4 6077 <LB/HR> / C2H6 3172.4 <LB/HR> /&
C3H8 1940.1 <LB/HR> / NC4H1O 667.4 <LB/HR> / &3 NC5H12 1101.8 <LB/HR>
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I ; SECOND REACTOR (STAGE II) UNTREATED RECYCLE GAS
STREAM 2S27

SUBSTREAM MIXED TEMP=100.0 <F> PRES=3200.0 <PSIA>
The following flows are for the improved baseline (high SV) case.£&MASS-FLOW N2143 ~~~<LBH>/H2 1604 8 L/R 2 3. L/R

30 156.1 <LB/HR> /CH4 24381 <LB/HR> / C2H6 12727.6 <LB/HR>/

'5 NC5H12 4420.2 <LB/HR>

SlTAM 25Y1
SUBSTREAM MIXED TEMP=400.0 <F> PRES=3200.0 <PSIA>I CONVENTIONAL COMPONENTS:

The following flows are for the improved baseline (high SY) case.
MASS-FLOW H20 27 <LB/HR> / NH3 0.1 <LB/HR> / C3H8 0.1 <LB/HR>/

CH4 0.1 <LB/HR> / NC4HIO 0.1 <LB/HR> / H2S 0.1 <LB/HR>/IO01<BH>/I4I . <BH>/N51 . L/R
CO2 0.1 <LB/HR> / ICH1 0.1 <LB/HR> / NCH2 0.1 <LB/HR> /
C2H6 0.1 <LB/HR>/I PSEUDOCOMPONENTS:
T125 138.8 <LB/HR> / T175 138.8 <LB/HR> / T225 138.8 <LB/HR> /
T275 138.8 <LB/HR> / T325 138.8 <LB/HR> / T375 795.0 <LB/HR> /IT425 795.0 <LB/HR> / T475 7070.75 <LB/HR> / T525 7070.75 <LB/HR>/
T575 7070.75 <LB/HR> /T625 7070.75 <LB/HR> / T675 30640.3 <LB/HR>

/T725 30640.3 <LB/HR> /T775 30640.2 <LB/HR> / T825 30640.2 <LB/HR>

T875 46719.7 <LB/HR> /T925 46719.7 <LB/HR> / T975 46719.7 <LB/HR>

I / T1000+ 388250 <LB/HR>
total liquid-phase solvent is 775594.3

I STREAM 2SY2
NON -CONVENTIONAL COMPONENTS:
SUBSTREAM NC TEMP=400.0 <F> PRES=3023.0 <PSIA>

The following flows are for the improved baseline (high SV) case.3 MASS-FLOW URCOAL 94029 <LB/HR>
COMP-ATTR URCOAL PROXANAL (0.0 19.199 16.547 64.254)/

ULTANAL (61.830 30.688 2.362 0.577 0.0 1.292 3.250)/

SULFANAL (0.760 0.076 0.456) w% ahC , H ,NlS

AOXANAL (43.8 17.1 24.1 0.8 0.1 5.6 1.0 0.6 2.1 4.1)
COMP-ATTR SLAG PROXANAL (0.0 10.0 0.0 90.0) /

ULTANAL (90.0 10.0 0.0 0.0 0.0 0.0 0.0)/
SULFANAL (0.0 0.0 0.0) /

I SUBTREAMAOXANAL (42.0 17.0 23.0 1. 1. 6. 2. 1. 3. 4.)

STREtAM 1SX
SUBSREAMMIXED TEMP=200.0 <F> PRES=3023.0 <PSIA>I MASS-FLOW H20 5817.

MASS-FLOW H20 7926.
NON-CONVENTIONAL COMPONENTS:3 SUBSTREAM NC TEMP=200.0 <F> PRES=3023.0 <PSIA>

;The following flows are for the improved baseline (high SV) case.
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I MASS-FLOW COAL 388356.0
COMP-ATTR COAL PROXANAL (0.0 47.55 40.99 11.47)/

ULTANAL (11.473 71.047 4.80 1.43 0.00 3.20 8.05)/

SUFNL(.801 3AOXANAL (43.8 17.1 24.1 0.8 0.1 5.6 1.0 0.6 2.1 4.1)

FORTRAN SOLVENT
DEFINE SOLV STREAM-VAR STREAM=2SY1 VARIABLE=MASS-FLOW
DEFINE URC MASS-FLOW STREAM=2SY2 SUBSTREAM=NC COMPONENT=URCOAL

C Set the weight ratio of unconverted coal (URCOAL) to solvent in
C the solvent recycle stream.
C For the improved baseline (high SV) case.
F URC = 0.12123*SOLV

EXECUTE BEFORE 2M-1O1A

UNIT OPERATION BLOCKS

BLOCK 2M-1O1A MIXER
PROPERTIES SYSOP4

PARAM PRES=-1.0

BLOCK 2M-101 MIXER
PROPERTIES SYSOP4
PARAM PRES=-1.O

BLOCK 2M-102H MIXER
PROPERTIES SYSOP4
PARAM PRES=-1.O

I BLOCK 2C-103 FSPLIT
PROPERTIES SYSOP4
FRAC 2S45 0.05

BLOCK 2M-102 MIXER
PROPERTIES SYSOP43 PARAM PRES=-1.O

BLOCK 2M-104 MIXER
PROPERTIES SYSOP4

PARAM PRES=-1.O

BLOCK 2L-101 HEATER
PROPERTIES SYSOP4

PARAM TEMP=570 <F> PRES=3115.O <PSIA>

BLOCK 2L-102 HEATERI PROPERTIES SYSOP4
PARAM TEMP=1050 <F> PRES=3070.0 <PSIA>

£ BLOCK 2M1-103 MIXER
PROPERTIES SYSOP4
PARAM PRES=-5.O

I * Plant P2RXI is the model for the first coal liquefaction reactor.
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Stream 2S5 is the feed stream to the first Plant 2 coal
liquefaction reactor.

Stream 2S6 is the total reactor effluent from the first
Plant 2 coal liquefaction reactor.

Plant 2 - The first coal liquefaction reactor - Fortran block USR2R.
BLOCK P2RX1 USER

PROPERTIES SYSOP4
SUBROUTINE MODEL = USR2R REPORT = USR2R
DESCRIPTION 'PLANT 2 - COAL LIQUEFACTION REACTORS MODEL'
PARAM NINT = 5 NREAL = 20

The following 5 integer parameters are:
INT(l) User block summary report control switch.

0 => Write the complete user block summary report.
1 => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the normal

ASPEN/SP output report file.
1 => Write the user block summary report to a separate

user block output report file on logical unit 62
called DCL02.REP.

INT(3) = Number of duplicate plants. NOT APPLICABLE.
INTM = History file additional output control switch.

0 => Write no additional output to the history file.
I => Write the only the subroutine entry and exit

messages to the history file.
2 => Write some additional output to the history file.

3-5 => Write some more additional output to the history
file. Larger values generate more intermediate
output. 

n switchINT(5) Yields factor calculatio
2 => Yields calculated in subroutine USR2R via a

linear model for both coal liquefaction reactors.
3 => Called by subroutine USRRI
4 => Called by subroutine USRR2
5 => Yields calculated in subroutine USR2R via a

kinetic model for both liquefaction reactors.
Exact transfer of Lotus spreadsheet

6 => Yields calculated in subroutine USR2R via a
kinetic model for first stage reactor system
only.Call this model P2RX1.

7 => Yields calculated in subroutine USR2R via
a kinetic model for second stage reactor.
It is assumed that input to this are yields
from P2RXI plus recycle stream 2S27.
Call this P2RX2.

INT 0 1 0 4 6
The following 20 real parameters are:
REAL(l) = Percent coal conversion based on fresh MAF coal

entering the coal liquefaction reactors.
REAL(2) = Future use.
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REAL(3) = RESID YIELD IN REACTOR I, 7.MAF
REAL(4) = OVERALL UNCONVERTED COAL, 7.MAF
REAL(5) = RESID LOSS IN ROSE, 7.MAF
REAL(6) = COAL SV, LB MAF COAL/HR/LB CATALYST
REAL(7) = FIXED CARBON, WT% MF
REAL(8) = REACTOR ID STAGE I AND II, FEET
REAL(9) = MAXIMUM REACTOR WEIGHT,1 322 SHORT TONS
REAL(10) = REACTOR 1, TEMP DEG F
REAL(11) = REACTOR II, TEMP DEG F
REAL(12) = STAGE I OUTLET PRESSURE, PSIA
REAL(13) = STAGE II OUTLET PRESSURE, PSIA
REAL(14) = MAXIMUM GAS VELOCITY, FPS
REAL(15) = Unconverted coal, stage I % MAF
REAL(16) -
REAL(20) = Future use.

The following are for the improved baseline (high SV) case for
the Stage I reactor.
REAL 92.7901 &

0.0 27.00 7.10 8.13 1.95 50.68 15.0 1322.0 810.0 &
760.0 3040.0 3010.0 0.197 10.2 0.0 0.0 0.0 0.0 0.0

Use the following FLASH-SPECS sentence to force ASPEN/SP to flash
the reactor effluent stream.
FLASH-SPECS STRM = 2S6 KODE=2

bLULK V-107 MIXER
PROPERTIES SYSOP4
PARAM PRES=-5.0

Plant P2RX2 is the model for the second coal liquefaction reactor.
Stream 2S7 is the feed stream to the second Plant 2 coal

liquefaction reactor.
Stream 2S11 is the total reactor effluent from the second

coal liquefaction reactor.

Plant 2 - The second coal liquefaction reactor - Fortran block USR2R.

BLOCK P2RX2 USER
PROPERTIES SYSOP4
SUBROUTINE MODEL = USR2R REPORT = USR2R
DESCRIPTION 'PLANT 2 - COAL LIQUEFACTION REACTORS MODEL'
PARAM NINT = 5 NREAL = 20

The following 5 integer parameters are:
INT(I) = User block summary report control switch.

0 => Write the complete user block summary report.
I => Skip the capital cost portion of the summary

report.
2 => Skip the capital cost and utilities portions

of the summary report.
3 => Skip writing the entire user block summary report.

INT(2) User block summary report destination control switch.
0 => Write the user block summary report to the normal

ASPEN/SP output report file.
1 => Write the user block summary report to a separate
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user block output report file on logical unit 62
called DCL02.REP.

INT(3) = Number of duplicate plants. NOT APPLICABLE.
INT(4) = History file additional output control switch.

0 => Write no additional output to the history file.
1 => Write the only the subroutine entry and exit

messages to the history file.
2 => Write some additional output to the history file.

3-5 => Write some more additional output to the history
file. Larger values generate more intermediate
output.

INT(5) = Yields factor calculation switch
2 => Yields calculated in subroutine USR2R via a

linear model for both coal liquefaction reactors.
3 => Called by subroutine USRRI
4 => Called by subroutine USRR2
5 => Yields calculated in subroutine USR2R via a

kinetic model for both liquefaction reactors.
Exact transfer of Lotus spreadsheet

6 => Yields calculated in subroutine USR2R via a
kinetic model for first stage reactor system
only.Call this model P2RXI.

7 => Yields calculated in subroutine USR2R via
a kinetic model for second stage reactor.
It is assumed that input to this are yields
from P2RX1 plus recycle stream 2S27.
Call this P2RX2.

INT 0 1 0 4 7
The following 20 real parameters are:
REAL(I) = Percent coal conversion based on fresh MAF coal

entering the coal liquefaction reactors.
REAL(2) = Future use.
REAL(3) = RESID YIELD IN REACTOR I, J'4AF
REAL(4) = OVERALL UNCONVERTED COAL, %MAF
REAL(5) = RESID LOSS IN ROSE, 74AF
REAL(6) = COAL SV, LB MAF COAL/HR/LB CATALYST
REAL(7) = FIXED CARBON, WT% MF
REAL(8) = REACTOR ID STAGE I AND II, FEET
REAL(9) = MAXIMUM REACTOR WEIGHT,1 322 SHORT TONS

REAL(10) = REACTOR I, TEMP DEG F
REAL(11) = REACTOR II, TEMP DEG F
REAL(12) = STAGE-I -OUTLET PRESSURE, PSIA
REAL(13) = STAGE II OUTLET PRESSURE, PSIA
REAL(14) = MAXIMUM GAS VELOCITY, FPS
REAL(15) = Unconverted coal, stage 1 % MAF
REAL(16) -
REAL(20) = Future use.

The following are for the improved baseline (high SV) case for

the Stage II reactor.
REAL 92.7901 &

0.0 27.00 7.10 8.13 1.95 50.68 15.0 1322.0 810.0 &

760.0 3040.0 3010.0 0.197 10.2 0.0 0.0 0.0 0.0 0.0

Use the following FLASH-SPECS sentence to force ASPEN/SP to flash

the reactor effluent stream.
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FLASH-SPECS STRM = 2S11 KODE=2

I BLOCK 2C-107 FLASH2
PROPERTIES SYSOP43 PARAM TEMP=760. <F> PRES=3015. <PSIA>

BLOCK 2X107 HEATER
PARAM TEMP=550. <F> PRES=-1O.0

I BLOCK 2C-110 FLASH2
PARAM TEMP=400. <F> PRES=3015. <PSIA>

I ~BLOCK UX106 HEATER
PARAM TEMP=130. <F> PRES=2995.0 <PSIA>

3 BLOCK ZC-113 FLASH3
PROPERTIES SYSOP4
PARAM TEMP=130. <F> PRES=2985. <PSIA>

I BLOCK 2C-115 SEP
FLASH-SPECS STRM=251 TEMP=130.0 <F> PRES=2985.0 <PSIA>/

STRM=2S20 TEMP=130.0 <F> PRES=2985.0 <PSIA>IFRAC SUBS=MIXED STRM=2S20 &COMP=H2 N2 02 H2S CO C02 &
NH3 L-SULFUR H20 HCL Cos CH4 &IC2H6 C3H8 IC4H1O NC4H10 IC5H12 NC5H12 &Pseudocomponents
T125 1175 T225 T275 T325 T375 &
T425 T475 T525 T575 T625 T675 &IT725 T775 T825 T875 T925 T1000+ &
I1000+ &5FRAC=1.0 1.0 1.0 1.0 1.0 1.0 &
1.0 1.0 0.30 0.05 1.0 1.0 &
1.0 1.0 0.5 0.8 0.3 0.3 &

;Pseudocomponents
0.0 0.0 0.0 0.0 0.0 0.0 &I0.0 0.0 0.0 0.0 0.0 0.0 &

00 0000 0.0 0.0 0.0 &I STRM=2S5 &
COMP=H2 N2 02 H2S CO C02 &NH3 L-SULFUR H20 HCL Cos CH4 &3C2H6 C3H8 IC4H1O NC4H1O IC5H12 NC5H12 &

;Pseudocomponents
T125 T175 1225 T275 T325 T375 &T425 1475 T525 T575 T625 T675 &1725 T775 T825 T875 T925 T1000+&I1000+ &5FRAC=0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.70 0.95 0.0 0.0 &
0.0 0.0 0.5 0.2 0.7 0.7 &

Pseudocomponents
1.0 1.0 1.0 1.0 1.0 1.0 &1.0 1.0 1.0 1.0 1.0 1.0&
1.0 1.0 1.0 1.0 1.0 1.0 &I B'_ 10



1.0

bLULK 2C-108 FLASH2
PARAM TEMP=745. <F> PRES=115. <PSIA>

BLOCK 2X104 HEATER
PARAM TEMP=550. <F> PRES=105.0 <PSIA>

bLULK zm-106 MIXER
PARAM PRES=-1.0

bLUUK ZL-111 FLASH2
PROPERTIES SYSOP4

PARAM TEMP=550. <F> PRES=80. <PSIA>

bLULK 2XI10 HEATER
PARAM TEMP=130. <F> PRES=70.0 <PSIA>

bLOCK 2M-109 MIXER
PARAM PRES=-I.O

bLULK zm-108 MIXER
PARAM PRES=-1.0

BLOCK 2C-114 FLASH3
PROPERTIES SYSOP4

PARAM TEMP=125. <F> PRES=65. <PSIA>

bLUUK 2C-109 FLASH2
PARAM TEMP=743. <F> PRES=35. <PSIA>

BLOCK 2X108 HEATER
PARAM TEMP=130. <F> PRES=25.0 <PSIA>

bLUUK 2C-112 FLASH3
PARAM TEMP=130. <F> PRES=25. <PSIA>

BLOCK 2C-105 FSPLIT
FRAC 2S461 0.43

BLOCK 2M-110 MIXER
PARAM PRES=-I.O

bLULK 2X109 HEATER
PARAM TEMP=748.0 <F> PRES=115.0 <PSIA>

BLOCK 2C-200 SEP
FLASH-SPECS STRM=2S20O TEMP=140.0 <F> PRES=16.0 <PSIA>

STRM=2S201 TEMP=140.0 <F> PRES=16.0 <PSIA>
STRM=2S202 TEMP=140.0 <F> PRES=16.0 <PSIA>
STRM=2S203 TEMP=140.0 <F> PRES=28.0 <PSIA>
STRM=2S204 TEMP=695.0 <F> PRES=28.0 <PSIA>

FRAC SUBS=MIXED STRM=2S200 &
COMP=H2 N2 02 H2S CO C02 &

NH3 L-SULFUR H20 HCL Cos CH4 &
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C2H6 C3H8 IC4H1O NC4H1O IC5H12 NC5H12 &
Pseudocomponents

T125 T175 T225 T275 T325 T375 &
1425 1475 1525 T575 T625 T675 &
T 725 T775 T825 T875 T925 T975 &
11000+ 11000+ &

FRAC=1.0 1.0 1.0 0.0 1.0 1.0 &
0.1 0.0 0.05 0.0 1.0 0.0 &I0.0 0.0 0.0 0.0 0.0 0.0 &

;Pseudocomponents
0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &

Psud .0pnet 0. . 0000 .

0.I.
1125 1175 T225 1275 1325 1375 &
1425 1475 1525 1575 T625 1675 &
1725 1775 1825 1875 1925 1975 &
11000+ I1000+ &

FRAC=1.0 1.0 1.0 0.1 1.0 1.0 &
09 1.0 0.95 1.0 1.0 1.0 &I0.0 0.0 0.0 0.0 0.0 0.0 &

;Pseudocomponents
0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &

STRM=2S202&
COMP=H2 N2 02 H2S Co C02 &

NH3 L-SULFUR H20 HCL Cos CH4 &
C2H6 C3H8 IC4H1O NC4H1O IC5H12 NC5H12 &I; Pseudocomponents
1125 1175 T225 1275 1325 T375 &
T425 T475 1525 1575 T625 1675 &

T 725 1775 1825 1875 T925 T975 &
T1000+ I1000+&

FRAC=0.0 0.0 0.0 0.9 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 1.0 &
1.0 1.0 1.0 1.01. 10&

Pseudocomponents
0.94 0.94 0.94 0.94 0.94 0.035 &I0.035 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0/

STRM=2S203 &
COMP=H2 N2 02 H2S Co C02 &

NH3 L-SULFUR H20 HCL Cos CH4 &
C2H6 C3H8 IC4H1O NC4H1O 1C5H12 NC5H12 &I Pseudocomponents
T125 T175 T225 T275 T325 T375 &3T425 1475 T525 T575 T625 1675 &
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1725 1775 1825 T875 1925 T975 &
11000+ I1000+ &

FRAC=0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &U Pseudocomponents
0.034 0.034 0.034 0.034 0.034 0.815 &
0.815 0.404 0.404 0.404 0.404 0.096 &
0.096 0.096 0.096 0.007 0.007 0.007 &

SRM=252 N2 02 H2S Co C02&

C26 C3H8 IC4H1O NC4H1O 1C5H12 NC5H12 &
;Pseudocomponents1T125 1175 1225 1275 1325 1375 &

1425 1475 1525 1575 1625 1675 &
1725 1775 1825 1875 1925 1975 &3 1100+ I1000+ &

FRAC=0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &

;Pseudocomponents
0.026 0.026 0.026 0.026 0.026 0.150 &
0.150 0.596 0.596 0.596 0.596 0.904 &
0.904 0.904 0.904 0.993 0.993 0.993 &

;Non-conventional 0.0onnt
FRAC SUBS=NC STRM=2S200 &

ICOMP=COAL URCOAL SLAG&
FRAC=0.0 0.0 0.0/
STRM= 25202 &
COMP=COAL URCOAL SLAG &UFRAC0.0 0.0 0.0

COMP=COAL URCOAL SLAG&IFRAC=0.0 0.0 0.0/
SIRM=2S204 &
COMP=COAL URCOAL SLAG &

FRAC=1.0 1.0 1.0

BLOCK 2C-201 FSPLIT
FRAC 2S205 0.72

BLOCK 2C-202 SEP

ITM222TM=1. <F> PRES=16.7 <PSIA>/
STRM=2S213 TEMP=110.0 <F> PRES=16.7 <PSIA>/
STRM=2S214 TEMP=266.0 <F> PRES=16.7 <PSIA>/USTRM=2S215 TEMP=400.0 <F> PRES=16.7 <PSIA>/
STRM=2S216 TEMP=688.0 <F> PRES=50.0 <PSIA>

FRAC SUBS=MIXED STRM=2S211 B-3&



COMP=H2 N2 02 H2S CO C02 &
NH3 L-SULFUR H20 HCL Cos CH4 &
C2H6 C3H8 IC4H1O NC4H10 IC5Hl2 NC5HI2 &

;Pseudocomponents
T125 1175 T225 T275 1325 T375 &
T425 T475 T525 1575 T625 T675 &
1725 1775 T825 T875 1925 T975 &

FRAC=1.0 1.0 1.0 0.9 1.0 1.0 &
0.1 0.0 0.05 0.0 1.0 1.0 &
1.0 1.0 1.0 1.0 0.0 0.0 &

;PseudocomponentsI0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0/

SIRM=2S2 12 &
COMP=H2 N2 02 H2S CO C02 &

NH3 L-SULFUR H20 HCL Cos CH4 &
C2H6 C3H8 IC4H1O NC4H1O IC5H12 NC5H12 &

;Pseudocomponents
1125 1175 T225 1275 1325 1375 &I3*425 1475 T525 T575 1625 1675 &
T725 T775 T825 1875 1925 T975 &
11000+ 11000+ &IFRAC=0.0 0.0 0.0 0.1 0.0 0.0 &
0.9 0.0 0.95 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &

; Pseudocornponents
0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &I 0.0 0.0/

STRM=2S213 &
COMP=H2 N2 02 H2S Co C02 &

NH3 L-SULFUR H20 HCL Cos CH4 &
C2H6 C3H8 IC4H1O NC4H1O IC5H12 NC5H12 &

;Pseudocomponents
1125 T175 1225 1275 1325 1375 &
T 425 1475 1525 1575 1625 1675 &
T725 1775 1825 1875 1925 1975 &
11000+ 11000+ &

FRAC=0.0 0.0 0.0 0.0 0.0 0.0 &

Pseudoco.0m.0p0. 0.0s
0.06 0.0 0.0 0.0 0.0 0.0 &

STRM=2S214 &
COMP=H2 N2 02 H2S CO C02 &

NH3 L-SULFUR H20 HCL Cos CH4 &
C2H6 C3H8 IC4H1O NC4HIO 1C5H12 NC5H12 &

;Pseudocomponents 
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T12-5 1175 T225 T275 T325 1375 &
T425 1475 1525 T575 T625 1675 &
1725 T775 T825 T875 T925 T975 &
T1000+ I1000+&

FRAC=0.0 0.0 0.0 0.0 0.0 0.0 &I0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &

Pseudocomponents
0.455 0.455 0.455 0.455 0.455 0.932 &I0.932 1.0 1.0 1.0 1.0 0.883 &
0.883 0.883 0.883 0.026 0.026 0.026 &
0.0 0.0/ISTRM=2S215 &

COMP=H2 N2 02 H2S Co C02 &
NH3 L-SULFUR H20 HCL Cos CH4 &3C2H6 C3H8 IC4H1O NC4H1O IC5H12 NC5H12 &

Pseudocomponents
1125 1175 T225 1275 1325 T375 &
1425 1475 1525 1575 T625 1675 &
T 725 1775 1825 1875 1925 T975 &
T1000+ 11000+ &

FRAC=0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &

Pseudocomponents0000 00 o 00

0.08 0.08 0.08 0.533 0.533 0.533 &
0.0136 0.0/ISIRM=2S216 &

COMP=H2 N2 02 H2S Co C02 &
NH3 L-SULFUR H20 HCL Cos CH4 &
C2H6 C3H8 IC4H1O NC4H1O IC5H12 NC5H12 &

Pseudocomponents
1125 1175 1225 1275 1325 1375 &
1425 1475 T525 1575 1625 1675 &
T 725 1775 1825 1875 1925 1975 &
11000+ I1000+ &

FRAC=0.0 0.0 0.0 0.0 0.0 0.0 &
0.0 0.0 0.0 0.0 0.0 0.0 &

Psudc .pn0t 0.0 0.0 0.0 0.0 0.0&

0.037 0.037 0.037 0.441 0.441 0.441 &
0.9864 0.0

II Non-conventional components
FRAC SUBS=NC SIRM=2S211 &

COMP=COAL URCOAL SLAG &
FRAC=0.0 0.0 0.0/

I P=OA URCOAL SLAG&

I STRM=2S213 0.
COMP=COAL UROL SLAG &
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FRAC=O.O 0.0 0.0
STRM=2S214 &
COMP=COAL URCOAL SLAG &
FRAC=O.O 0.0 0.0
STRM=2S215 &
COMP=COAL URCOAL SLAG &
FRAC=0.0 0.0 0.0
STRM=2S216 &
COMP=COAL URCOAL SLAG &
FRAC=1.0 1.0 1.0

blKtAM-REPORT P2
STREAMS STRM=ALL
FLOW-FRAC SUBS=MIXED BASES=MASS SUBS=NC BASES=MASS
INTENSIVE-PROPS SUBS=MIXED BASES=MASS &

PROPS=TEMP PRES MW ENTH ENTR DENS HCAP/
SUBS=NC BASES=MASS &
PROPS=TEMP PRES ENTH DENS HCAP

End of input file T2V2HSV.INP
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